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At present, lignocellulosic biomass is the only renewable and available resource capable
of supplanting fossil fuel resources. Fast pyrolysis is the conversion of biomass at elevated
temperature, high heating rate and under inert atmosphere to produce bio-oil. This bio-oil is a blend
of oxygenated hydrocarbons, which must be upgraded prior to use as a transportation fuel. The
focus of this thesis is the investigation of bio-oil upgrading reaction pathways and catalysts for the
production of biofuels.
There are two primary pathways for pyrolysis vapor upgrading: catalytic cracking and
hydrodeoxygenation (HDO). During catalytic cracking, pyrolysis vapors react over the acid sites
of ZSM-5 zeolite, which crack C-C bonds to release oxygen in the form of COx. Biofuel compound
yield is greater when cracking occurs in-situ the pyrolysis reactor, but selectivity is greater when
cracking occurs ex-situ. Because of its microporous structure, the ZSM-5 catalyst may exclude
some of the bulky oxygenates formed during pyrolysis. This accessibility limitation can be
alleviated through the introduction of mesoporosity in the ZSM-5 zeolite. Zeolite mesoporosity is
beneficial for increasing aromatic yield and reducing coke on catalyst.
While catalytic cracking is effective for removing oxygen from the pyrolysis vapors, this
oxygen is removed as COx, reducing carbon return in the bio-oil. Moreover, the upgraded bio-oil
is aromatic in nature, and aromatics in gasoline are limited. Incorporation of hydrogen into the
pyrolysis reactor in the presence of Ni-ZSM-5 catalyst reduces char formation and substantially
increases CH4 yield, but the bio-oil does not contain many alkanes. The high reaction temperature
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demanded by biomass volatilization thermodynamically limits hydrogenation reactions. Catalytic
hydropyrolysis followed by secondary hydroprocessing produces a biofuel with heating value and
aromaticity similar to gasoline.
Liquid phase HDO is another pathway for removal of bio-oil oxygen. Catalytic HDO of
anisole, 4-ethylphenol and benzofuran was performed with Ni, Ru and Pd supported on USY
zeolite. Kinetic rate measurements show Pd is more effective than Ni and Ru in terms of reaction
rate, deoxygenation activity and C-C coupling. Finally, controlled mesoporosity of the USY
support is beneficial for enhancing access of oxygenates to the impregnated metal species for
efficient hydrogenation.
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Chapter 1. Introduction
1.1 Biomass Conversion to Fuels
Biomass is classified as any organic material that was alive for any given amount of time.
It is abundant, relatively inexpensive, and has been used for fuel since the advent of fire.
Development of the first-generation liquid biofuels focused around conversion of corn or sugar
cane to ethanol, but use of biomass in this fashion directly competes with food production.5 Recent
research has shifted towards second-generation biofuels, sourced from trees, grasses and
agricultural waste.6 This type of biomass is referred to as lignocellulosic biomass, because it is
primarily composed of cellulose, hemi-cellulose and lignin.
There are several pathways for conversion of lignocellulosic biomass to fuels, but among
them thermochemical conversion is the most promising.7 Advantages of thermochemical
conversion over other biomass-to-fuel technologies lie on the simplicity of the technology,
feedstock flexibility and the potential to apply the current refinery infrastructure to biofuel
production.8 One possible route for production of fuel from biomass is gasification, the partial
oxidation of biomass at high temperature to form syngas, a mixture of CO and H2. That syngas
may be fed to a Fischer-Tropsch reactor to form liquid hydrocarbons,9 or the H2 may be extracted
after water-gas shift and used to power a fuel cell.10 The formation of tars during the gasification
reaction is a major drawback of this technology.11 Biomass pyrolysis is another promising
thermochemical conversion technique, in which biomass is heated to intermediate temperature
under inert atmosphere to form liquid bio-oil.3 That bio-oil must then be upgraded to a high energy
content fuel.12 A recent techno-economic analysis by Anex et al.13 compared capital and operating
costs of various biomass-to-fuel scenarios. Fast pyrolysis was identified as the least expensive
potential route.
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As the perils of man-made climate change grow, biomass offers a renewable and clean
source of fuel, where much of the carbon released after burning is recycled back to plant matter,
in a cycle termed ‘carbon-neutrality’.14 Figure 1-1 shows a comparison of greenhouse gas (GHG)
emissions for automobile transportation compiled from the Greenhouse Gasses, Regulated
Emissions, and Energy use in Transportation (GREET) Model, developed by the Argonne National
Laboratory. The bars correlate to total carbon emissions, and compare the relative amount of CO2
emitted per automobile mile driven on various power sources at the current state of technology.
The green shaded portion of each bar indicates biogenic carbon, or carbon originating in plant
matter and therefore not contributing to an overall GHG increase, and the grey portion indicates
carbon originating from fossil fuel sources. Automobiles operated on conventional gasoline (E10)
emit the greatest amount of fossil fuel carbon, about 0.4 kg/mi driven. Production and burning of
E85 gasoline, which is 85% ethanol, emits higher amounts of carbon into the atmosphere per mile
driven, but a larger portion of that carbon is biogenic. Electric vehicles contribute the fewest GHG
emissions. However, concerns about electric vehicle range, battery cost and lifetime remain as the
major obstacles of this technology.15 Gasoline produced from pyrolysis oil has the potential to
contribute the fewest amount of fossil fuel carbon, without replacing the current infrastructure, and
while deriving a large portion of the carbon emitted from biogenic sources. The sulfur oxide (SOx
●) and nitrogen oxide (NOx ▲) emissions for each source are also indicated on Figure 1. Fuel
produced from biomass pyrolysis has approximately the same NOx potential as conventional
gasoline, but significantly fewer SOx emissions, due to the low overall sulfur content in the
biomass feedstock, compared to crude oil. Because of the vast abundance of lignocellulosic
biomass in the world and the promise of a truly green ‘drop-in’ fuel, biomass fast pyrolysis will
be the focus of this thesis.
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Figure 1-1. Bars: Total carbon emissions per mile driven by cars powered from different energy
sources. Points: SOx (●) and NOx (▲) emissions per mile driven by cars powered from different
energy sources. All data was gathered from the GREET Model developed by the Argonne
National Laboratory.
1.2 Biomass Fast Pyrolysis
Fast pyrolysis is the volatilization of biomass at high temperature (400-700 °C) and heating
rate (50 – 1000 °C/min) under inert atmosphere.16 Table 1-1 shows the typical operating regime
for biomass fast pyrolysis.17 The cellulose, hemi-cellulose and lignin fractions decompose in a
series of cracking reactions to form solid, liquid and permanent gas products.18 The objective of
fast pyrolysis is to maximize the production of liquid bio-oil. As a result, high heating rate and
short vapor residence time are used to rapidly break apart the biopolymers while minimizing
complete cracking resulting in excessive permanent gas.19,20 Under optimal conditions, a bio-oil
yield between 70-80 wt.% of the feed biomass can be achieved.17,21 Liquid bio-oil has the potential
to be upgraded into renewable biofuels, such as green gasoline, diesel and jet fuel.22
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Table 1-1. Typical biomass fast pyrolysis operating conditions.
Biomass Fast Pyrolysis
Atmosphere

Inert (Ar, N2)

Temperature (°C)

400 - 700

Pressure (psi)
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Heating Rate (°C/min)

> 50

Residence Time (s)

~2

The three products of fast pyrolysis products are solid char, permanent gas and liquid biooil. Char and permanent gas are typically considered to be undesirable products, which diminish
carbon return in the bio-oil. Char is the solid product remaining in the reactor after the pyrolysis
reaction has taken place. It is composed primarily of carbon, in addition to any ash originating
from the original biomass.23 Char becomes more condensed in structure, with greater carbon
content, as pyrolysis temperature and heating rate increase.24 Permanent gas consists primarily of
CO, CO2 and CH4,25 and gas yield typically increases as pyrolysis temperature increases.26 High
rates of char formation and loss of carbon to permanent gasses (namely CO and CO2) are two
major obstacles to commercialization of biomass fast pyrolysis.
Bio-oil is the condensable product produced from fast pyrolysis. Figure 1-2 is a picture of
bio-oil produced from fast pyrolysis at the Center for Clean Energy Engineering at the University
of Connecticut. It is a mixture of water and oxygenated hydrocarbons, including anydrosugars,
furans, ketones, phenols, carboxylic acids and alcohols.27 The presence of large quantities of these
compounds results in a highly viscous, acidic, unstable, and corrosive bio-oil.17 Oxygen must be
removed from this mixture in order to stabilize the oil and drastically improve the heating value to
4

a quality more suitable for transportation fuels. The process of removing oxygen is termed
‘upgrading’.

Figure 1-2. Photograph of fast pyrolysis bio-oil produced using a spouted-bed reactor at the
University of Connecticut,28 and properties of typical bio-oil.

1.3 Upgrading Fast Pyrolysis Oils
Figure 1-3 shows a yearly financial breakdown for the price of pyrolysis gasoline adapted
from the Department of Energy (DOE) Bioenergy Technology Energy Office (BETO) 2015
report.1 Each bar represents the cost of producing a gallon equivalent of pyrolysis gasoline at the
state of technology for each year. Since 2009, the most significant monetary and technological
challenge facing pyrolysis commercialization is upgrading pyrolysis oil to a stable biofuel,
represented by the large orange portion of each bar. Although upgrading cost has been reduced
considerably since 2009, as of this thesis, the costs associated with upgrading to a stable oil with
high heating value still account for a major portion of the biomass-to-fuels process. A major DOEBETO research thrust is the exploration of different catalysts and chemistries with the aim of
reducing this upgrading cost.
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Figure 1-3. Evolution of approximated biofuel selling price since 2009, adopted from the BETO
2015 March Report.1
Pyrolysis vapors are the condensable gas-phase products formed from biomass pyrolysis
(pyrolysis oil). As previously mentioned, pyrolysis vapors are a diverse blend of oxygenated
hydrocarbons, which cannot be used directly as transportation fuels. Several pyrolysis vapor
compounds are shown in Scheme 1-1, termed ‘primary products’ because these compounds are
present directly after thermal pyrolysis. There are two methods of removing this oxygen, zeolite
catalytic cracking and hydrodeoxygenation (HDO). These two methods will be the main focus of
this thesis.
1.3.1 Upgrading Pyrolysis Oil via Catalytic Cracking
Pyrolysis vapor cracking is analogous to the well-known fluid catalytic cracking (FCC) of
conventional crude oil refining. Catalytic cracking primarily entails scission of C-C bonds to
produce either CO or CO2 via decarbonylation or decarboxylation reactions, respectively.29 These
gas-phase reactions are favorable at moderate temperature (300-600 °C), and proceed easily under
an inert atmosphere at standard pressure.30 Fast pyrolysis in the presence of an upgrading catalyst
is commonly referred to as catalytic fast pyrolysis (CFP). Catalytic upgrading of pyrolysis vapors
may occur either in-situ or ex-situ the pyrolysis reactor.31 Scheme 1-1 shows a common CFP
mechanism and upgrading pathways, adapted from Wang et al.2
6

The primary pyrolysis products in Scheme 1-1 are catalytically upgraded to form secondary
products via a series of reactions, denoted here as RA-RE. From the findings of Wang et al.,2
cellulose-derived furanic compounds arise from either the catalytic dehydration, decarbonylation
or decarboxylation (RA) of light compounds formed from cellulose decomposition, or directly from
the five-member carbon rings present in hemi-cellulose. Furans are further deoxygenated,
condense and oligomerize (RB) over catalyst acid sites to form the hydrocarbon pool, first proposed
for biomass CFP by Cheng and Huber.32 The hydrocarbon pool is composed of valuable monoaromatic hydrocarbons (MAHs), naphthalenes, and olefins, in addition to less desirable polyaromatic hydrocarbons (PAHs). Members of the hydrocarbon pool can react to form alkylated or
oligomerized products, when the pyrolysis environment is sufficiently hydrogen-rich. In addition,
Zhang and Moutsoglou33 have demonstrated that lignin-derived phenols also contribute to the
hydrocarbon pool after undergoing dehydration, cracking, oligomerization and isomerization (RC).
Du et al.34 have proposed that in a hydrogen-deficient environment, mono-aromatic compounds
alkylate and oligomerize over catalyst acid sites to form naphthalenes and PAHs (RD), which
further polymerize to form coke (RE). In addition, French et al.7 have found that the thermal
decomposition of lignin in particular produces high yields of char (RF), compared to cellulose or
hemi-cellulose. Furthermore, secondary char may also originate from condensation of intermediate
vapors (RE), as proposed by Mettler et al.35
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Scheme 1-1. Biomass catalytic fast pyrolysis mechanism adapted from Wang et al.2
The search for active catalysts for cracking pyrolysis vapors has been the focus of
exhaustive research over the past decade.36 Zeolitic materials are widely accepted as the most
promising CFP catalyst candidates due to a well-defined shape selective micropore structure and
tunable acidity. Jae et al.37 studied CFP of glucose, a biomass model compound, with a wide variety
of zeolite and alumino-silicate catalysts. They created a volcano curve correlating average zeolite
micropore diameter and aromatic yield, and found that the ZSM-5 zeolite has the ideal pore size
and acidity for production of MAHs from pyrolysis vapors. As a result, ZSM-5 with a Si/Al ratio
between 15 and 40 has been the catalyst of choice for many studies in the field of biomass
CFP.26,38,39 Figure 1-4 shows the product distribution from fast pyrolysis of biomass with and
without ZSM-5 catalyst. Fast pyrolysis alone produces high yields of phenols, furans and other
oxygenates, similar to the primary products presented in Scheme 1-1. Incorporation of ZSM-5
results in greater yields to desirable MAHs and naphthalenes, in addition to PAHs and permanent
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gas. However, zeolite upgrading is not without limitations, since high rates of catalyst coking, loss
of carbon to the gas phase and low bio-oil yields continue to impede commercialization of CFP.
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Figure 1-4. Product distribution from fast pyrolysis and catalytic fast pyrolysis of biomass.
Reaction conditions: catalyst: ZSM-5 zeolite, temperature: 600 °C, pressure: 1 atm, atmosphere:
Ar, Catalyst to biomass ratio: 5:1.
1.3.2 Upgrading Pyrolysis Oil via Hydrodeoxygenation (HDO)
HDO is another deoxygenation route which has garnered significant research attention.40–
42

HDO entails deoxygenation and hydrogenation of pyrolysis vapors, and is capable of producing

high quality bio-fuel in a secondary upgrading reactor.43 The most desirable mechanism of oxygen
removal from pyrolysis oil is dehydration, where oxygen is removed in the form of water,
preserving valuable carbon content in the oil. HDO conditions range from temperatures of 100 –
300 °C and pressures of 14 – 2000 psi of H2.44,45 The overall goal of HDO is to produce a
combination of aromatic and aliphatic hydrocarbons, without excessive hydrogenation of aromatic
hydrocarbons and H2 consumption.
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Many materials have been proposed and studied as HDO catalysts.46 Again drawing from
a refinery background, sulfided and supported NiMo and CoMo based catalysts are popular due to
very high activity for oxygen removal.47 Ahmadi et al.48 have recently demonstrated the
capabilities of CoMo/MCM-41 catalysts for pyrolysis oil deoxygenation. However, the large
amounts of oxygen and water in pyrolysis oil causes significant coking, which results in rapid
deactivation of the sulfided catalysts.49 Moreover, possible leaching of sulfur into the pyrolysis oil
may be an unnecessary burden on an already sulfur-deficient process.50
Recent research has shifted away from sulfided catalysts, towards transition and noble
metals on various supports. Popular metals are Ni, Fe, Cu, Pt, and Pd, and common supports are
SiO2, Al2O3, activated carbon and zeolitic supports such as ZSM-5, Y zeolite and MCM-41. Model
compounds are often used in lieu of actual pyrolysis oil such that individual reaction pathways
may be studied and the product analysis may be simplified.51 Recent work has outlined the
potential for transition metals supported on zeolitic catalysts. Qiu et al.52 studied guaiacol HDO
over Ni-MCM-41 catalysts, and demonstrated over 97.9 % conversion, with high cyclohexane
selectivity at 150 °C. Zhang et al.53 showed that Ni was more effective for phenol HDO when
impregnated on a ZSM-5 support, compared to Al2O3, and phenol conversion increased when
catalyst acidity increased. Finally, Lee et al.54 examined the conversion of guaiacol over Pt-loaded
zeolites, and found that the conversion was greatest over larger-pore and mesoporous beta-type
zeolites.
1.4 Objectives
The overarching objective of this thesis is to understand the role of the catalyst on pyrolysis
vapor upgrading reaction pathways for the production of renewable drop-in biofuels. The primary
basis for the specific challenges addressed herein is the 2015 National Renewable Energy
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Laboratory (NREL) and Pacific Northwest National Laboratory (PNNL) joint techno-economic
analysis entitled “Process Design and Economics for the Conversion of Lignocellulosic Biomass
to Hydrocarbon Fuels.”55 This report was commissioned to investigate the feasibility of
implementing biomass-sourced hydrocarbon fuels (gasoline and diesel range). Several pyrolysis
and upgrading scenarios were investigated, and a minimum fuel selling price (MSFP) of
approximately 3.5 $/gallon gasoline gallon equivalent (GGE) was shown to be feasible by the year
2022. In order to obtain this number, the authors of the report made several assumptions about
pyrolysis process efficiency and catalyst effectiveness. They have outlined the following
challenges which must be overcome to make economic biofuels a reality:
1. Understand the differences between upgrading of biofuel via either “(1) in-situ or (2) exsitu upgrading of vapors produced from the fast pyrolysis of biomass”, and determine
which configuration is more suitable for upgrading.
2. Targeted catalyst development should “enable bio-oil yield improvements by reducing
losses to coke and non-condensable gases.”
3. Understand how “the introduction of hydrogen [to the pyrolysis reactor]” affects reaction
pathways, and develop “catalysts that are capable of beneficially using the hydrogen at the
reaction conditions.”
4. Future hydrotreating catalysts must further produce “increased diesel-range products via
molecular combination (coupling)”
5. Future hydrotreating catalysts must exhibit “Improvements via hydrodeoxygenation and
hydrogenation”
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The objective of this PhD thesis is to address each of the five aforementioned challenges,
and propose methods and catalysts that can make biofuels a viable solution to the world energy
crisis. The solutions that have been proposed and tested during this thesis are outlined below:
(1) Upgrading catalyst may be located either in the pyrolysis reactor (in-situ), or in a secondary
upgrading reactor (ex-situ). Potential benefits of in-situ upgrading are the savings associated
with capital costs and operation of a single reactor, while ex-situ upgrading may allow for
more flexibility of upgrading conditions and reaction chemistry. This thesis includes a study
on the comparison between in-situ and ex-situ CFP, with a specific focus on bio-oil yield
and deoxygenation extent. ZSM-5 catalyst to biomass (C/B) ratio will be varied in order to
determine the catalytic effect. A comparison between the microscale pyrolysis gas
chromatograph (PyGC) and a larger scale spouted-bed reactor is also shown. The results of
this study may be found in Chapter 2 of this thesis.
(2) Mordenite framework inverted (MFI) type zeolites are most commonly used for biomass
pyrolysis vapor cracking,56–58 but the small well-defined micropores characteristic of MFI
zeolites may pose transport limitations to bulky pyrolysis products. The aim of this chapter
will be to improve bio-oil yield and reduce losses to coke and char by incorporation of
mesoporosity into the MFI framework. Multiple methods will be utilized to enhance
mesopore volume, and the effects of increasing mesopore volume on the pyrolysis product
distribution and solid formation will be studied. The effects of mesoporosity in MFI zeolites
can be found in Chapter 3.
(3) Pyrolysis atmosphere and pressure are two key variables which have not been intensively
scrutinized in the existing literature. This thesis will study the effects of pyrolysis pressure,
with the goal of enhancing aromatic bio-oil production due to increased catalyst contact time.
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Moreover, incorporation of hydrogen into the pyrolysis reactor may have several key
benefits including removal reactive free radicals formed in the initial stages of
volatilization,59 increased carbon efficiency by excluding oxygen as water, as opposed to CO
or CO2, and decreased rates of char formation by inhibiting polymerization reactions.60
Focus is given to the effects of catalyst properties on hydrogenation and dehydration
reactions. Finally, thermodynamic considerations affecting these reactions are determined
and discussed. These results are presented in Chapters 4 and 5 of this work.
(4) Hydrotreating, or HDO, must be performed to improve bio-oil quality prior to use as a
combustion fuel. During this process bio-oil oxygenates are hydrogenated and
deoxygenated. Coupling this reaction mechanism with other reactions increases the
efficiency of the overall process, and the product distribution can be tailored to a desired
application. One fuel that is in high demand is diesel fuel, due to the prevalence of diesel
powered trucks and heavy machinery. While the majority of hydrocarbons produced from
CFP have carbon number of 6-8, diesel range hydrocarbons fall in the range of 8-24. Thus,
this work will focus on combining smaller carbon number molecules by way of ‘C-C
coupling reactions.’ Three bio-oil model compounds were hydrotreated using three different
ultra-stable Y (USY) supported metal catalysts. The rates of C-C coupling, deoxygenation
and hydrogenation reactions are compared, and the best catalyst for C-C coupling during
HDO is proposed. Details about the HDO of three model compounds using USY-supported
transition metal catalysts can be found in Chapter 6.
(5) Catalyst design for HDO of biomass pyrolysis oil is critical for the commercialization of biofuels, and while many works have focused on catalysis for this application,53,61,62 there is still
much work to be done. This section focuses on Ni supported on USY zeolite as a catalyst.
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USY zeolite is a microporous material with high surface area. When Ni is impregnated on
USY, it may become highly dispersed throughout the zeolite micropores, reducing
accessibility of reactant compounds. To address this issue, mesopores have been
incorporated into the zeolite framework using a variety of techniques. Ni was then
impregnated, and each material was characterized to determine the Ni dispersion and number
of Ni and zeolite active sites. Each material was tested for HDO of anisole, a common biooil compound. Ni-USY zeolites with mesoporosity are shown to catalyze greater rates of
hydrogenation, resulting in a more effective HDO catalyst. The properties and effects of NiUSY catalysts on the HDO of anisole is covered in Chapter 7 of this thesis.
A graphical summary of the objectives of this thesis is shown in Figure 1-5.

Figure 1-5. Graphical outline of the objectives and outcomes covered in this thesis.
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Chapter 2. Investigation of In-Situ and Ex-Situ Catalytic Pyrolysis of Miscanthus x
Giganteus Using a PyGC-MS Microsystem and Comparison with a Bench-Scale SpoutedBed Reactor
Chapter 2 has been adapted from an article published in Bioresource Technology, 2015.63

2.1 Introduction
Biomass pyrolysis provides a renewable and sustainable option for the production of liquid
hydrocarbons and valuable chemicals. The resulting liquid product, bio-oil, consists of aromatic
compounds, organic oxygenated species and water. Catalytic fast pyrolysis (CFP) is the pyrolysis
of biomass at high heating rates, in the presence of catalyst, which enhances the bio-oil selectivity
and yield to deoxygenated compounds.26 ZSM-5 has been shown to be the best suited CFP catalyst,
due to its shape selective pore structure and low affinity for coke formation.64 The catalyst to
biomass (C/B) ratio, biomass heating rate and pyrolysis temperature are important variables, which
must be optimized to maximize bio-oil yield and quality.16
Catalytic upgrading of pyrolysis vapors can be carried out either in-situ the pyrolysis step
or ex-situ. In-situ CFP entails pyrolysis and catalytic upgrading occurring in a one-step, single
reactor process. Ex-situ CFP requires transfer of the pyrolysis vapors from the initial pyrolysis
reactor to a secondary reactor for catalytic upgrading. Wan et al.65 outlined several differences
between the in-situ and ex-situ CFP configurations. They recognized that effective conversion of
oxygenated compounds to stable hydrocarbons is possible via either configuration. However, the
vapors formed during in-situ CFP may not contact significant amounts of catalyst, and thus, a
higher C/B ratio is required to attain the same level of deoxygenation. Additionally, the optimum
pyrolysis temperature may not be ideal for upgrading, and therefore, a separate ex-situ reactor may
facilitate upgrading under more suitable conditions. Char formed on the catalyst during in-situ
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CFP may also result in accelerated catalyst deactivation due to pore blockage. Ex-situ upgrading
has the potential to resolve the aforementioned issues, but it requires heating two reactors.
Several recent studies have focused on a direct comparison between in-situ and ex-situ
CFP. Wan and Wang65 constructed an ex-situ reactor system for a pre-existing micropyrolyzer,
and studied in-situ vs. ex-situ CFP of oak and levoglucosan. Higher aromatic yields were observed
with in-situ CFP. They argued that vapor residence time in the catalyst pores for in-situ CFP is
very high (>10 s), which led to very high conversions to secondary products (aromatics and coke).
Nguyen et al.66 studied in-situ and ex-situ CFP of woodchips at a constant C/B ratio over faujisite
type zeolites. They noted higher liquid deoxygenation capabilities for ex-situ CFP. They attributed
this observation to the temperature gradient created by heating the catalyst and biomass at the same
time during in-situ CFP, as opposed to ex-situ CFP, where the catalyst is typically pre-heated in
the downstream unit. Gungor et al.67 compared pine bark pyrolysis in a “one-step” and “two-step”
system, and concluded that the ex-situ system was the most appropriate configuration to maximize
bio-oil yield and oxygen removal at high temperature. On the contrary, Yildiz et al.68 concluded
that in-situ CFP is more attractive, because they observed about double the yield to aromatics.
However, more catalyst was required to attain high quality bio-oil during in-situ CFP. Wang et
al.69 studied in-situ and ex-situ CFP of poplar at very high C/B ratio and temperature (20:1 and 700
°C, respectively) in a tandem microreactor system. They found significantly higher yields to
permanent gas and olefins accompanied by lower yields to aromatic hydrocarbons using ex-situ
CFP. They also observed significantly increased coke and char buildup when performing in-situ
CFP. The aforementioned studies provide insight into the differences between in-situ and ex-situ
CFP. However, a direct comparison of the in-situ and ex-situ CFP with an investigation of the
effects of varying C/B ratio on the product distribution has not been published yet.
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Pyrolysis gas chromatography (PyGC) is an attractive microscale technique for studying
biomass pyrolysis. Small amounts of biomass and catalyst are required, and ease of operation
makes PyGC a widely applied laboratory tool for rapid screening of various biomass types and
catalysts.38 PyGC offers excellent control of process conditions including temperature, pressure,
C/B ratio and heating rate. However, these systems have several drawbacks including inefficient
mixing of catalyst and biomass and inability to be scaled up to a continuous industrial process.26
Several bench and pilot scale reactor types have been developed to study biomass CFP in
a more industrially realistic environment. Fixed bed reactors have been used for CFP, but slow
heat transfer rates result in limited bio-oil and high char yields.70 Fluidized bed reactors have been
widely studied and applied due to their scaling ability, continuous operation capability, and ease
of mixing and heat transfer.71,72 The spouted-bed reactor is a type of fluidized bed reactor, which
is adept at handling large particles and particle size distributions, provides excellent mixing and
can handle different feedstocks.73 Olazar et al.74 studied biomass CFP in a spouted-bed and
concluded that the utilization of the catalyst in-situ provides excellent gas-solid contact, and that
pyrolysis and upgrading temperatures of 500 °C are optimal. Du et al.30 illustrated the design of a
spouted-bed reactor, and investigated the ideal operating conditions for the CFP of miscanthus x
giganteus.
In summary, a PyGC provides fast screening of various biomass types and catalysts, in
either the in-situ or ex-situ configuration. However, the configuration that more closely resembles
the operation of realistic, laboratory-scale reactors has not been determined. Limited information
on the comparison between the microscale PyGC system and the bench-scale reactors is available
in the literature. The primary objective of this study is to directly compare in-situ and ex-situ CFP
in a PyGC system. A wide range of C/B ratios are used for both configurations to provide insight
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with regards to primary and secondary product formation and operational dynamics in each
configuration. The in-situ and ex-situ PyGC experimental results are compared with the results
obtained from a bench-scale, spouted-bed reactor operated under identical conditions. The
objective of the aforementioned study is to provide guidance with respect to the applicability and
suitability of each configuration in predicting the performance of a bench-scale system. These
results will allow us to establish a refined method for operation of the PyGC system to accurately
screen catalyst functionality, operating conditions and biomass feedstocks.

2.2 Methods
2.2.1 Feedstock and Catalyst
Miscanthus x giganteus was the biomass of choice, and commercial spray dried ZSM-5
catalyst from W.R. Grace & Co. was used as the catalyst. Properties and preparation of the biomass
(including ultimate and proximate analysis) and the catalyst can be found in our recent study.30
2.2.2 Pyroprobe Apparatus
Pyrolysis experiments were performed using a PyGC system (CDS Analytical Inc.
5200HP). The pyrolysis reaction takes place in a quartz tube microreactor (1.9 mm I.D., 25 mm
length), surrounded by a resistively heated coil probe. Catalytic upgrading reactions take place
either in the pyrolysis microreactor (in-situ CFP) or a tandem fixed bed reactor (ex-situ CFP). The
downstream fixed bed reactor is a removable stainless steel tube (3.5 mm I.D., 85 mm useable
length) housed in an external furnace.
2.2.3 Experimental Procedure
PyGC experiments were performed in either the in-situ or ex-situ CFP configuration using
methods very similar to those found in literature.26,38,58 Biomass and catalyst were mixed together
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prior to in-situ experiments, and 5 mg of biomass and catalyst mixture was inserted into the quartz
tube microreactor. When in the ex-situ configuration, the microreactor was loaded with 2 mg of
biomass, while the catalyst (2 - 20 mg) was packed in the tandem fixed-bed.
The pyrolysis microreactor housing, or interface, was maintained at 300 °C for the duration
of the pyrolysis step to prevent condensation of product vapors. The coil around the microreactor
was heated to the desired pyrolysis temperature and maintained isothermally for 20 seconds. Every
experiment in the present work was performed at a pyrolysis and upgrading temperature of 600
°C. Condensable vapors were adsorbed onto a cold trap (Tenax, Dow Chemical) and noncondensable gas was directed to an online MS (Agilent 5975C), calibrated for H2, CO, CO2, CH4,
C3H6 and Ar. After the reaction process, the condensable products were desorbed from the trap
and transferred through a heated line to a GC equipped with an MS detector (Agilent 6890 GC
with 5973N MS). The GC column was an Agilent DB-5 (0.32 μm ID, 30 m length). The GC-MS
was calibrated by injecting external standards through the PyGC system. Over 350 total individual
compounds were detected by the GC-MS, but only those with a qualifier greater than 75 were
quantified.
Solid yield was determined by oxidizing the remaining organic residue at 800 °C, while
monitoring the CO and CO2 response on the MS. Temperature programmed oxidation (TPO) of
solid residues from each configuration was performed with a thermogravimetric analyzer (TGA,
TA Instruments Q-500). ZSM-5 zeolite (Zeolyst International, CBV8014) was used to better show
the effects of C/B ratio on char formation.
Preliminary experiments indicated that a reaction time of 20 s at 600 °C was enough to
pyrolyze all volatile biomass in the microreactor. Similar results were found by Carlson et al.37 for
glucose pyrolysis in a comparable PyGC system. Microreactor loading was also found to have a
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significant effect on product yields, indicating mass transfer limitations in the system. A constant
loading was maintained to ensure uniform experimental conditions. Only experiments with a
carbon balance of 100% +/- 15% were accepted, and all experiments were performed in triplicate
to ensure precision.
Laboratory scale CFP of miscanthus has been performed using a specially designed
spouted-bed reactor. The experimental conditions and procedure for the spouted-bed reactor have
been reported by Du et al.30 The pyrolysis temperature, ZSM-5 catalyst, and the C/B ratio in the
spouted-bed and the Py-GC experiments were the same. A summary of the experimental
conditions for all configurations can be found in Table 1.
Table 2-1. Operating conditions for in-situ CFP, ex-situ CFP and spouted-bed reactor
Configuration

In-situ CFP

Ex-situ CFP
Pyrolysis

Upgrading

Spouted-bed

Temperature [°C]

600

600

600

600

C/B ratio

1-10

-

1-10

1-5

WHSV [hr-1*105]

2

-

1-10

0.0006-0.00012

Flow rate [mL/min]

50

50

50

5000

Heating rate
[°C/sec*104]

2

2

10*

10*

Catalyst preheat

No

-

Yes

Yes

Catalyst bed length
(height) [cm]

~0.5

-

0.026-0.26

2.5-5.3

*Estimated based on reactor dimensions and operating condition. For example, in spouted-bed, the parameters for the calculation are the inlet
diameter (0.635 cm), flow rate (5 L/min), temperature difference between inlet and catalyst particle (500 °C) and distance between inlet and catalyst
particle (1 cm). This calculation does not consider the time for heat transfer between biomass particle and catalyst particle
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2.3 Results and Discussion
2.3.1 In-situ vs Ex-situ Catalytic Fast Pyrolysis in PyGC
2.3.1.1 In-situ CFP
In-situ CFP was performed by mixing ZSM-5 catalyst and miscanthus prior to pyrolysis.
C/B ratios of 1, 2, 5 and 10 were tested. The results of the CFP experiments are presented in Figure
2-1. Figure 2-1(A) shows the overall carbon balance, and the carbon yields to solids, liquids and
permanent gas. The solid carbon yields slightly increased up to a maximum of 60% at low C/B
ratios, and decreased at higher C/B ratio. Permanent gas carbon yield increased as a function of
C/B ratio, up to 21%. Finally, the liquid carbon yield also increased with C/B ratio to a final value
of approximately 20%.
A detailed permanent gas analysis is presented in Figure 2-1(B). The overall gas carbon yield
increased with C/B ratio, mainly driven by a rise in the CO carbon yield, which increased from 5% to
13%. The CO2 carbon yield was almost constant as a function of C/B ratio. Very small amounts of
methane were detected, and the carbon yield to methane remained approximately constant at 2%. No
propylene was detected in any of the in-situ CFP experiments.
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Figure 2-1. Pyrolysis product distribution for in-situ CFP of miscanthus: A) Carbon yields to
liquid products (red), permanent gas (blue), solid coke/char (green), and overall carbon balance
(black, right axis); B) Permanent gas carbon yields for various C/B ratios; C) Carbon yields to
liquid products.
The composition of the liquid bio-oil product is presented in Figure 2-1(C). At low C/B
ratio, oxygenated species, such as phenols, furans and other oxygenates dominated the liquid
products. The phenols group in Figure 2-1(C) includes phenol, methyl phenols, and polyols. The
furans group primarily includes furfural, furan, fuanones and benzofurans. Many other oxygenates
were detected as part of this analysis, including guiacols, carboxylic acids, pyrans, ketones and
aldehydes, most of which were substituted aromatics. As C/B ratio is increased, the carbon yield
to mono-aromatic hydrocarbons, including benzene, toluene, xylene, styrene and alkyl benzenes
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(e.g. ethyl benzene) and poly-aromatic hydrocarbons (PAHs) including naphthalenes and indenes
increased. The naphthalenes group consists primarily of naphthalene, methyl naphthalenes,
dimethyl naphthalenes and alkyl naphthalenes. The indenes category includes indene, methyl
indene and alkyl indenes. Other PAHs include phenanthrenes, anthracenes and pyrenes. At high
C/B ratio, the liquid products consisted of mostly aromatic hydrocarbons, with oxygenated species
only making up a small portion of the liquid products. The high initial liquid carbon yield was a
result of the high selectivity to oxygenated compounds, which decreased as a function of C/B ratio.
The 1:1 liquid product distribution closely resembles that obtained from the fast thermal pyrolysis
of miscanthus, performed as a part of this study.
2.3.1.2 Ex-situ CFP
Fast pyrolysis was performed in the quartz microreactor followed by ex-situ vapor
upgrading in the tandem fixed-bed reactor. In each experiment, the quartz microreactor was loaded
with biomass, and the downstream reactor was packed with catalyst. Biomass was pyrolyzed under
the same conditions as the in-situ CFP configuration, and the pyrolysis vapors were transferred to
the tandem fixed-bed reactor maintained at 600 °C.
Figure 2-2(A) presents the liquid, solid and gas carbon yields as a function of C/B ratio.
The liquid carbon yield increased with C/B ratio, from 4% to 12%. Permanent gas carbon yield
slightly increased from 30% to 34% over the C/B ratios tested. The solid carbon yield decreased
from 62% to 54%. The results of the gas analysis are presented in Figure 2(B). The overall gas
carbon yield increased with increasing C/B ratio. As in the case of in-situ CFP, this increase is
mainly a result of the increase in CO yield with C/B ratio. The CO2 yield increased very slightly
to a maximum of 17%, and the methane yield slightly decreased as a function of C/B ratio. Very
small (<0.5%) amounts of olefins were sporadically detected, and were not quantified in this study.
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Figure 2-2. Product distribution for ex-situ CFP of miscanthus: A) Carbon yields to liquid
products (red), permanent gas (blue), solid coke/char (green), and overall carbon balance (black,
right axis) for various C/B ratios; B) Permanent gas carbon yields for various C/B ratios; C)
Carbon yields to liquid products.
The liquid product analysis is presented in Figure 2-2(C). Aromatic compounds were
present in significant yields over the range studied. At low C/B ratio, the liquid product was a mix
of both aromatics and oxygenated compounds, phenolic compounds being the dominant
oxygenates. As C/B ratio increased, the carbon yields to aromatic compounds increased
significantly. At a 10:1 C/B ratio, aromatic carbon selectivity was close to 80%.
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2.3.1.3 Comparison between in-situ and ex-situ CFP
The experimental results from in-situ and ex-situ CFP in the PyGC highlight several
inherent differences between each configuration. The overall solid carbon yields remained
essentially the same across the two configurations. The primary differences between the two
configurations were observed in the liquid and permanent gas carbon yields and product
distribution. In-situ CFP resulted in significantly higher liquid carbon yields and a lower overall
permanent gas carbon yield, whereas ex-situ CFP resulted in considerably higher permanent gas
carbon yields, and lower liquid carbon yields. The effect of C/B ratio is essentially the same for
both configurations, namely an increase in the carbon yield to aromatic compounds as a result of
the deoxygenation of liquid oxygenates. One significant difference between the two configurations
is the selectivity to different compounds. Naphthalenes and oxygenates were much more dominant
during in-situ CFP, whereas mono-aromatic hydrocarbons were slightly favored during ex-situ
CFP. This is consistent with Nguyen et al.66 who found a higher degree of deoxygenation during
ex-situ CFP. They suggested that the different solid particle size scales and heat transfer limitations
in the in-situ configuration may result in more oxygenated products.
Wang et al.69 studied in-situ and ex-situ CFP of poplar wood over ZSM-5 zeolite in a
similar microreactor system, and found the same increase in permanent gas products with ex-situ
CFP. However, the composition of the permanent vapors consisted mainly of olefins. Additionally,
they observed significantly higher solid residue yields for in-situ CFP compared to ex-situ CFP.
These differences may be attributed to the relatively high C/B ratio, catalyst and reaction
temperature (20 C/B, ZSM-5 zeolite, 700 °C) in their study. They also suggested that higher
temperature favors the production of olefins, while lower temperatures favor the production of
aromatic species.
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Few studies have been conducted that directly compare in-situ and ex-situ CFP in one
reaction system. Some studies compare in-situ CFP in a microreactor system with fast pyrolysis in
a laboratory scale reactor followed by ex-situ fixed-bed upgrading.26,75,76 Compton et al.75 found
higher liquid yields for oak pyrolysis using an in-situ microreactor method in comparison to fast
pyrolysis followed by upgrading in an external ex-situ fixed-bed reactor, which is consistent with
the results in the present study. Carlson et al.26 pyrolyzed furan, a biomass model compound, in
both a PyGC and fixed-bed reactor. They found that coke and aromatic yields are higher with the
in-situ CFP method compared to ex-situ fixed-bed pyrolysis. There are three possible explanations
for higher bio-oil yields during in-situ CFP: 1) the heating rate of the bulk C/B mixture may be
significantly slower than that of the heating coils during in-situ CFP, compared to ex-situ CFP,
where the catalyst is pre-heated in the tandem fixed bed; 2) more rapid catalyst deactivation during
in-situ CFP, due to char buildup on the surface of the catalyst,77 resulting in higher yields to
intermediate oxygenated liquid products; and 3) higher residence/catalyst-contact times of biomass
pyrolysis vapors during in-situ CFP, relative to the residence time of pyrolysis vapors in the exsitu upgrading reactor; in the former case, biomass is intimately mixed and must diffuse through
the catalyst to exit the pyrolysis microreactor.26

Figure 2-3. A) Carbon yield of aromatic products including benzene, toluene, xylene,
naphthalenes, indenes, and other PAHs for in-situ and ex-situ CFP; B) Carbon bio-oil selectivity
of aromatic compounds for in-situ and ex-situ CFP.
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Figure 2-3 depicts the carbon yield and carbon selectivity to aromatic products for the insitu and ex-situ CFP configurations. Selectivity is defined as the carbon yield to aromatic products
divided by the lumped carbon yield to liquid products. Aromatic compounds include benzene,
toluene, xylenes, alkyl-benzenes, naphthalenes and other PAHs. At low C/B ratios the carbon yield
to aromatic compounds was approximately the same for both in-situ and ex-situ CFP. As the C/B
ratio increased, in-situ CFP resulted in a higher amount of biomass converted to aromatic
compounds compared to ex-situ CFP. On the other hand, ex-situ CFP resulted in higher carbon
selectivity to aromatic compounds at all C/B ratios. However, the gap in aromatic selectivity
between ex-situ and in-situ CFP diminished significantly as the C/B ratio increased. In summary,
at low C/B ratios both in-situ and ex-situ CFP resulted in low carbon aromatic yields; the advantage
of ex-situ CFP is the higher carbon selectivity to aromatics. When the C/B ratio increases
significantly, both in-situ and ex-situ CFP resulted in bio-oil with the same, very high carbon
selectivity to aromatics; the advantage of in-situ CFP is the high biomass carbon conversion to
liquid aromatics. To the best of our knowledge, this is the first time the effect of C/B ratio on
aromatic yield and selectivity has been directly compared for in-situ and ex-situ CFP.
2.3.2 Comparison of in-situ and ex-situ CFP in PyGC to Spouted-bed Reactor
One of the primary goals of this study is to understand if pyrolysis in the microscale PyGC
can accurately predict the effects of operating conditions and determine the pyrolysis product
distribution obtained from a more realistic bench-scale reactor system. For this reason, the
miscanthus in-situ and ex-situ PyGC experimental results obtained in this study are compared with
the corresponding results of miscanthus CFP performed in a spouted-bed reactor. The results of
the latter study were presented in detail by Du et al., (2014).
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Figure 2-4 is a comparison of the lumped product yields obtained from the in-situ (A) and
ex-situ (B) PyGC configurations and CFP in the spouted-bed reactor (C). Water is not taken into
consideration, as it is difficult to account for in the PyGC experiments. The trends of increasing
C/B ratio in PyGC experiments are much less pronounced than for the spouted-bed reactor
experiments. The bio-oil yield obtained from both the spouted-bed reactor and ex-situ PyGC
experiments increase as a function of C/B ratio. The permanent gas yield followed the same trend
in all three configurations; however, the permanent gas yield from ex-situ CFP was higher at lower
C/B ratios than from in-situ CFP and the spouted-bed reactor. Finally, the solid yield remained
approximately constant with C/B ratio for in-situ CFP, whereas it decreased for ex-situ CFP and
the spouted-bed reactor.

Figure 2-4. Comparison of the overall product yields to bio-oil components, solids, and
permanent gas for: A) in-situ CFP in PyGC; B) ex-situ CFP in PyGC; and C) CFP in spouted-bed
reactor.
The liquid product distributions from the spouted-bed and ex-situ CFP of miscanthus were
very similar. Both consisted mainly of aromatic hydrocarbons, while oxygenates in the form of
phenols and furans were limited. This is a significant difference compared to the bio-oil produced
from in-situ CFP, which had significantly more oxygenates. Furthermore, in all configurations, all
aromatic compound yields increased as a function of C/B ratio. The liquid selectivity to aromatics
is much higher in the spouted-bed reactor, almost 96% at 600 °C (C/B=5), whereas the maximum
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aromatic liquid selectivity observed from the PyGC experiments was approximately 80% (ex-situ,
C/B=10). The only difference in the composition of the bio-oil produced by ex-situ CFP in the
PyGC compared to the spouted-bed, was the increased presence of naphthalenes and higher order
PAHs, relative to mono-aromatic hydrocarbons. This may be attributed to the larger residence time
and quality of mixing in the spouted-bed, resulting in higher extent of catalytic reactions, and
consequently, in more PAHs.37 A more detailed discussion of the reaction mechanism follows in
Section 2.3.3.
An analysis of the permanent gas product distribution from each configuration reveals
significant differences. First, substantial amounts of olefins were present in the spouted-bed
permanent gas products, whereas almost no olefins were observed in either PyGC configuration
(in-situ or ex-situ). There is also a discord in the ultimate yields of CO and CO2. Both CO and CO2
yields increased as a function of C/B ratio for in-situ and ex-situ CFP. More CO2 was produced
from both in-situ and ex-situ CFP in the PyGC than the spouted-bed, whereas more CO was formed
from CFP in the spouted-bed. The ultimate yield of CO and CO2 is feedstock dependent.78
However, in this case the feedstock is the exact same, so that is not a factor. This indicates that
decarbonylation and decarboxylation are a result of catalytic activity, and process conditions also
affect these reaction pathways.
The gas analysis results are very consistent with Carlson et al.26 who observed lower CO
yields and no olefinic products, when performing CFP of pine in a PyGC compared to a fluidized
bed reactor. The exact same phenomenon was also reported by Patwardhan et al.20 when comparing
cellulose pyrolysis in a PyGC to fluidized bed pyrolysis. An acid catalyst would deoxygenate
furans, phenols and other oxygenates to form aromatics, water, CO or CO 2 and coke at 600 °C.
Oxygenates in the bio-oil generated during in-situ CFP in the PyGC, which are mostly phenols,
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simply have not reacted to form CO, so CO2 becomes the dominant product. The absence of olefins
can be explained along the same lines; olefins are a product of catalytic decomposition of
oxygenates at high temperature.32 The intimate contact between biomass and preheated catalyst is
much better in the spouted-bed, resulting in a higher extent of reaction and the consistent formation
of olefins.
It has been reported that coke and char formation are greater in the PyGC than in bench
scale units.79 In this study, higher coke and char yields in the PyGC were only observed at high
C/B ratio. At low C/B ratio, less coke and char was formed in PyGC CFP than in the spouted-bed.
In the literature this phenomenon is attributed to higher residence time in the in-situ microreactor
and slower heat transfer rates resulting in increased coke and char formation.79 At higher C/B ratio,
the pyrolysis products must diffuse through the catalyst, resulting in increased coke formation and
a higher overall solid yield.
2.3.3 Formation of Primary and Secondary Pyrolysis Products
2.3.3.1 Composition of Liquid and Permanent Gas Products
CFP mechanisms have been a focal point in the literature, especially with regards to the
production of aromatics, olefins and coke.35,69,80,81 Mettler et al.82 described and elaborated on their
previously proposed pyrolysis mechanism using a novel thin film pyrolysis microreactor
technique. They found that the primary products of cellulose pyrolysis include furfurals, furans,
glucopyranoses and pyrans. Patwardhan et al.20 have also studied primary and secondary reactions
of cellulose pyrolysis. They concluded that the micropyrolyzer may limit the extent of secondary
pyrolysis reactions. Primary reactions were defined as reactions that occur within the first 15-20
ms of pyrolysis and produce mainly furans, furfurals and soluble sugars (levoglucosan). Wang et
al.2 pyrolyzed cellulose, hemicellulose and lignin separately in a micropyrolyzer system, and
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grouped primary pyrolysis products into three categories based on the origin of each species. Their
results indicate that soluble sugars, carboxylic acids and furans are a result of cellulose and
hemicellulose decomposition, whereas phenols and guaicols are a result of lignin pyrolysis.
Primary product formation and absence of catalytic activity, could explain the high amount of
liquid products for the in-situ CFP experiments observed at low C/B ratio. Under these conditions,
the biomass was thermally pyrolyzed and the vapors travelled away from the microreactor before
coming into contact with hot catalyst. At higher C/B ratio, the vapors are forced to diffuse through
the catalyst prior to exiting the pyrolysis microreactor.
Figure 5 shows the correlations between CO yield and lumped aromatic and oxygenate
yield from in-situ CFP, ex-situ CFP and CFP in the spouted-bed reactor. Aromatic yield clearly
increased with increasing CO yield, and the corollary decrease in oxygenate yield was observed.
The trend between aromatic and CO yield for the spouted-bed was initially proposed to be linear.83
However, the results from the present study indicate that this trend may be exponential in the
regime the PyGC was operated at. The same trends were observed for both the in-situ and ex-situ
PyGC configurations. This trend mostly mirrors the decrease in phenols as a function of C/B ratio.
The relationship between CO2 and the liquid product distribution is slightly more complicated.
Little CO2 and many other oxygenates are formed at low C/B ratio, whereas the opposite is true at
high C/B ratios. The other oxygenates category consists mainly of ketones and carboxylic acids,
so it is fair to claim that those compounds are more likely to undergo decarboxylation than
decarbonylation. There is no apparent trend between CO2 and the liquid products for the ex-situ
case, as there are very few other oxygenates. The very high CO2 yields come at the expense of
valuable liquid products. It has been proposed that CO2 production is more favorable than CO,
because it makes the most efficient use of 1 carbon atom to bind 2 oxygen atoms, resulting in the
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most deoxygenated liquid product possible.2 However, deoxygenation of the bio-oil clearly comes
at the expense of overall liquid yield.

Figure 2-5. CO yield vs aromatic and oxygenate yield for pyrolysis of miscanthus using: (A,B)
in-situ CFP in PyGC; (C,D) ex-situ CFP in PyGC; and (E,F) CFP in spouted-bed reactor.

2.3.3.2 Coke and Char Formation
Char is defined as any organic solids remaining as a byproduct of thermal pyrolysis. Coke
is defined as carbonaceous deposits in the catalyst pores resulting in deactivation. Du et al.24 have
investigated in detail the origins and the mechanisms of formation of char and coke and have
demonstrated that char is oxygen rich, while coke is oxygen deficient in structure. In the present
study, for the ex-situ CFP configuration, the char yield represents what remains in the microreactor
after thermal pyrolysis, and the coke yield represents the coke deposited in the tandem reactor. The
formation of coke causes a loss of catalytic activity during both in-situ and ex-situ CFP.32,77
Additionally, catalyst performance may suffer from surface coverage and blockage due to the
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buildup of char.84 As a result, the separation of thermal pyrolysis and catalytic upgrading (ex-situ)
may have a benefit, as the catalyst does not lose accessibility due to external char formation.

Figure 2-6. A) Smoothed differential thermograms (dTG) of carbonaceous deposits collected
from the in-situ and ex-situ CFP in PyGC and the spouted-bed reactor at 600°C; B) Smoothed
dTG curves measured from solids deposited in the pyrolysis microreactor from in-situ CFP of
miscanthus with unsupported ZSM-5 at C/B ratios of 2, 5 and 10.
A comparison of the characteristics of coke and char was investigated by performing TPO
and is presented in Figure 2-6(A). The area under the curve is proportional to the coke/char fraction
in each configuration, but the peak areas are not comparable across experiments due to the different
solid yields. The differential thermogram (dTG) of the char/coke obtained from in-situ CFP
experiment had one large char peak at 500 °C, and a smaller coke peak at 610 °C. There are two
curves for the ex-situ configuration, one from the char remaining in the pyrolysis microreactor,
and the other from coke deposited on the catalyst in the tandem fixed-bed reactor. The dTG of the
char from the pyrolysis microreactor exhibited a single peak at 425 °C, with a shoulder at 325 °C.
The coke deposited in the catalyst had a single broad peak with a maximum at 670 °C. The
char/coke formed in the spouted-bed mimicked the bimodal distribution obtained by in-situ CFP,
with a large char peak at 485 °C and smaller coke peak at higher temperature (620 °C). These
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results indicate that the structure of char from the CFP method is different than that of thermal
pyrolysis, indicating that the catalyst has an effect on the structure of thermal char. Mettler et al.35
proposed a reaction scheme for catalytic cellulose pyrolysis, where different precursors of char,
termed primary and secondary, are proposed. In their scheme, the secondary char is a result of the
secondary pyrolysis of furanic compounds. Coke and char have also been investigated in a
previous work,24 and it was proposed that primary char is a result of condensed aggregated sugars.
The difference in the char structure between in-situ and ex-situ CFP is a result of the interaction
between the catalyst and liquid oxygenates, given the high yields of furans and oxygenates detected
in the in-situ configuration. Figure 2-6(B) shows the effect of C/B ratio on char formation for an
unsupported ZSM-5 zeolite. The unsupported zeolite has higher acidity than the supported zeolite,
so this experiment is a better demonstration of the catalytic effect on char formation. The area
under the char peak decreased significantly, and the peak temperature shifted to the right, as a
function of C/B ratio. This indicates that despite the fact that both the char and catalyst are in a
theoretically immobile solid phase, the formation of char is heavily dependent on the presence of
the catalyst due to the availability of different precursors. Conversely, char may cause significant
catalyst deactivation as a result of this interaction.
It was also observed from the area under the dTG curves that the fraction of coke on catalyst
is significantly reduced during ex-situ CFP, compared to in-situ CFP. This could be a result of the
theoretical increased catalyst to feed ratio for ex-situ CFP. The feed to the tandem ex-situ reactor
consists of volatile bio-oil and permanent gas, whereas biomass is the feed for in-situ CFP.
Therefore, there is less buildup of coke, relative to the amount of char formed in the catalyst during
ex-situ CFP, because there is less reactant contacting the catalyst. Alternatively, heavy coke
precursors may remain in the microreactor and contribute to char formation. When a catalyst is
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present at high temperature, these precursors may diffuse into the catalyst macropores and
condense to form the higher temperature char.
Interestingly, the dTG peak temperatures of the coke/char from both the in-situ and
spouted-bed reactor are very similar. This may suggest that although the heating rate, C/B ratio,
and residence time are all intrinsically different, the structure of coke and char are relatively
unaffected.
2.4 Conclusions
The results of this chapter indicate that in-situ CFP in PyGC produced higher liquid yields and
lower permanent gas yields compared to ex-situ CFP. Approximately the same amount of solid product
was formed in each configuration. Reaction pathways for in-situ and ex-situ CFP are similar. However,
the extent of these reactions was greater during ex-situ CFP. Ex-situ CFP in PyGC more accurately
predicts the molecular composition of bio-oil produced by CFP in a bench-scale spouted-bed reactor.
However, the char/coke formed by in-situ CFP had a nearly identical structure to that formed in the
spouted-bed.
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Chapter 3. On the Effectiveness of Tailored Mesoporous MFI Zeolites for Biomass
Catalytic Fast Pyrolysis
Chapter 3 has been adapted from an article published in Applied Catalysis A, 2016.85

3.1 Introduction
Thermochemical conversion of biomass has already begun to contribute renewable energy
and fuels to the ever-expanding industrial market.86 One prevalent technique for conversion of
biomass to fuels and commodity chemicals is fast pyrolysis; the rapid heating of biomass to
elevated temperatures (400-700 °C) under an inert atmosphere.6 During the pyrolysis process
lignin, cellulose and hemi-cellulose, break down to form liquid oxygenates, such as phenols, furans
and soluble sugars. Fast pyrolysis in the presence of an upgrading catalyst is known as catalytic
fast pyrolysis (CFP). Intermediate pyrolysis oxygenates contact the catalyst acid sites, where they
react to form single ring aromatic compounds, naphthalenes, poly-cyclic aromatic hydrocarbons
(PAHs) and/or coke. Aromatic product selectivity can be enhanced based on the choice of catalyst.
Thus, catalyst design is crucial for improving yields to valuable chemicals.
Significant scientific effort has been devoted to the design of the ideal CFP catalyst.
Zeolitic materials have widely been accepted as the most promising CFP catalysts owing to their
well-defined shape selective microporous structure and tunable acidity.12 Jae et al. 64 studied CFP
of glucose with a wide variety of aluminosilicate catalysts. They created a volcano curve
correlating average zeolite pore diameter and aromatic yield, and found that the mordenite
framework inverted (MFI) zeolite has the ideal pore size and acidity for production of aromatics
from biomass pyrolysis. As a result, ZSM-5 with a Si/Al ratio between 15 and 40 has been the
catalyst of choice for many studies in the field of biomass CFP.2,26,30,38 However, low bio-oil
yields, low aromatic content and formation of coke on catalyst continue to hamper the
commercialization of biomass CFP technology.
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One possible source of the aforementioned challenges may be the presence of transport
limitations in the catalyst pore structure. Bulky oxygenates formed during the initial stages of
pyrolysis may not be able to efficiently reach the active sites within the catalyst micropores. For
example, many of the oxygenates formed from lignin pyrolysis have dimensions larger than the
effective pore opening of ZSM-5.87 Application of a mesoporous catalyst can be advantageous, as
enlarging the pore structure results in increased accessibility of reactants to catalyst acid sites.88
There are two broad approaches for the creation of mesoporous zeolites; the so-called top-down
and bottom-up strategies. Top-down methods involve introduction of mesoporosity by postsynthetic methods, such as: desilication,89–92 dealumination (steaming or acid treatment)93,94 and
desilication in the presence of surfactant95,96 or a pore directing agent.97–99 Bottom-up methods rely
on introduction of mesoporosity during zeolite hydrothermal synthesis. Common bottom-up
methods include exfoliation and pillaring of layered zeolites, hard templating, supramolecular
templating and self-assembly of zeolite crystals or nanocrystals.100–104
Mesoporous MFI type zeolites for biomass CFP have been studied by several research
groups. Park et al.105 prepared mesoporous ZSM-5 zeolites using top-down and bottom-up
techniques,101,106 and studied their effectiveness in upgrading sawdust pyrolysis vapors. They
observed that upgrading with any of the mesoporous catalysts resulted in higher solid yields,
compared to upgrading with a commercial ZSM-5 zeolite. Additionally, they concluded that
upgrading with the mesoporous ZSM-5 catalyst synthesized with the bottom-up approach resulted
in significantly higher yields to mono-aromatic hydrocarbons (MAHs) and less PAHs than the
commercial ZSM-5, due to the synergistic effects of acidity and mesoporosity. Upgrading with the
mesoporous ZSM-5 created using the top-down approach resulted in significant amounts of
oxygenates, most likely as a result of lower zeolite acidity compared to the parent ZSM-5. Park
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et al.107 also compared pyrolysis of miscanthus with a commercial ZSM-5 zeolite and templated
mesoporous ZSM-5 zeolite. They found improved yields to aromatics and phenols with the
mesoporous zeolite, concluding it was the most adequate for biomass CFP. Puértolas et al. 108
studied upgrading of bio-oil over hierarchical zeolites with different Si/Al ratios prepared by
desilication. They observed an increase in the solid yield (coke) and a decrease in the liquid yield
over their hierarchical zeolites, compared to the parent material. On the other hand, they noted an
increase in aromatic products yield of up to 50% using the mesoporous materials. They attributed
these differences to changes in acidity, preferential decarbonylation over hierarchical zeolites and
increased pore accessibility.
Foster et al.83 pyrolyzed maple wood and biomass model compounds in the presence of
mesoporous and microporous MFI zeolites. They found that CFP with mesoporous catalysts
favored the formation of alkyl aromatics, fewer liquids and more solids. Li et al.88 performed CFP
of beech wood with a series of desilicated ZSM-5 catalysts. Contrary to Foster et al., they found
that increasing the mesopore volume increased the aromatic yield, particularly to naphthalenes,
and decreased the coke yield. They determined that beyond a mesopore volume of 0.127 cm3 g-1,
the aromatics previously gained were lost to coke.
The above review highlights the current debate on the effects of mesoporous MFI catalysts
on CFP bio-oil composition and coke yield. The objective of this work is to gain a better
understanding of how hierarchical pore structure MFI zeolites affect diffusion and reaction during
CFP, and consequently, product yields and bio-oil quality. Top-down and bottom-up techniques
were employed to create a wide variety of MFI-type catalysts with ranging mesoporosity. Each
catalyst has been characterized to determine the pore structure, acidity and crystallinity. CFP of
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cellulose and miscanthus has been performed with the MFI zeolites to determine how the intrinsic
properties of the various mesoporous catalysts affect CFP of a model and real biomass.
3.2 Materials and Methods
3.2.1 Preparation of Hierarchical MFI Zeolite
3.2.1.1 Bottom-up Methods
Preparation of 100 nm MFI zeolite was carried out using a method reported in literature
109

. Briefly, 6.00 g of tetraethylorthosilicate (TEOS, Sigma Aldrich) was added to 3.66 g of 40%

tetrapropylammonium hydroxide solution (TPAOH, Alfa Aesar or SACHEM). The resulting
mixture was stirred at 80 °C for 24 h. Thereafter, the solution containing 2.37 g of distilled water,
0.23 g of Al(NO3)3•9H2O (98%, Sigma Aldrich) and 0.29 mL of 10 M NaOH solution was added
to the mixture. The molar composition of the final gel was 1 SiO2 : 0.25 TPAOH : 0.0167 Al2O3 :
0.05 Na2O : 9.45 H2O. The prepared gel was crystallized at 170 °C for 24 h. The solid product was
collected by centrifugation. The H-form of the 100 nm MFI zeolite was obtained by calcination at
550 °C for 12 h in air. This material is referenced as MFI-100nm.
Mesoporous MFI zeolite was prepared using a method reported in the literature.100
Concisely, 0.23 mL of 10 M NaOH solution was mixed with 20.80 g of 1 M TPAOH (Sigma
Aldrich). Subsequently, 12.50 g of Ludox HS-40 (Sigma Aldrich) was added dropwise to the
mixture. A transparent solution was formed after stirring the mixture for 1 h. 0.57 g of aluminum
isopropoxide (98%, Sigma Aldrich) was added and completely dissolved into the solution by
stirring for 30 min. The final composition of the mixture was 1 SiO2 : 0.25 TPAOH : 0.017 Al2O3
: 0.014 Na2O : 16.44 H2O. Hydrothermal treatment was carried out in a Teflon-lined autoclave at
135 °C for 2 days with a rotation speed of 3 rpm. The obtained product was thoroughly washed by
filtration with distilled water, followed by drying overnight at 100 °C. The collected sample was
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calcined in a furnace at 550 °C for 12 h in air. This material is referred to as MFI-Meso in this
study. Ion exchange was performed with 1 M aqueous solution of NH4NO3 (95%, J.T. Baker) at
80 °C for 3 h and repeated three times. The final product was obtained in the H-form by calcination
at 550 °C for 8 h in air.
3.2.1.2 Top-down Methods
The parent zeolite for all materials created using top-down approaches was a ZSM-5 zeolite
with a Si/Al ratio of 40 (Zeolyst International), referenced in this chapter as MFI-Pa.
Desilication by alkaline treatment was employed for the top-down introduction of
mesoporosity. It was accomplished by stirring MFI-Pa in 0.1 M NaOH (MFI-DS-Mild) or 0.3 M
NaOH (MFI-DS-Strong) solution at 65 °C for 30 min. Each material was then subjected to an acid
wash in 0.01 M HCl (25 °C, 6 h), followed by three ion exchanges with 0.1 M NH4NO3 (25 °C, 6
h), drying overnight between each step. The final material was calcined in air at 550 °C for 6 h to
convert the material to the H-form.
It has been suggested that the use of surfactant during desilication is a more refined way of
introducing mesoporosity without crystal destruction via redeposition of extracted silica around
micelles of surfactant on the zeolite surface.95,96 Thus, desilication in the presence of surfactant
was performed by stirring 3.0 g of MFI-Pa in 0.05 M cetyl-trimethylammonium bromide (CTAB,
Sigma Aldrich) and 0.1 M NaOH (MFI-SA-Mild) or 0.3 M NaOH (MFI-SA-Strong) at 65 °C for
30 min. The acid wash, ion exchange and calcination are the same as for the desilication procedure.
Table 3-1 outlines the preparation strategy and naming convention for each of the materials
presented in this chapter.
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3.2.2 Characterization of Hierarchical MFI Zeolites
The physical properties of each material including surface area and pore size distribution
were determined using N2 sorption, which was carried out using a Micromeritics ASAP 2020
Physisorption Analyzer. Prior to analysis, each sample was calcined then degassed for 12 h at 120
°C under vacuum. Isotherms were recorded at 77 K, and the Brunauer–Emmett–Teller (BET)
method was used to estimate surface area. The non-local density functional theory (NL-DFT)
method was applied to the adsorption branch of each isotherm to calculate the pore size distribution
using a model specifically designed for N2 adsorption on H- form zeolites.110,111 Briefly, this
method was developed as a hybrid between statistical mechanical calculations and experimentation
methods. The model takes into account variation in N2 fluid density as it enters the zeolite
micropores and mesopores, and was originally developed with MCM-41 as a reference 112.
Wide angle X-ray diffraction (XRD) patterns were obtained using a Bruker D8 Advance
powder diffractometer with a CuKα radiation source. Data was collected with a range of 2θ from
5° to 40° and a step size of 0.1°. Quantification of the Si/Al ratio was determined via inductively
coupled plasma optical emission spectroscopy (ICP-OES) using a Thermo Scientific iCAP 6500.
Diffuse reflectance infrared Fourier transform spectroscopy (DRIFTs) was used to
characterize the –OH stretching region of each zeolite and quantify Brønsted and Lewis acidity by
pyridine adsorption. Spectra were recorded with a Thermo Nicolet 6700 FTIR using a Harrick
Praying Mantis DRIFT accessory and reaction chamber fitted with ZnSe windows. Pre-calcined
samples were treated in-situ for 1 h at 550 °C, while purging with N2. All spectra were recorded
using 64 scans and a 4 cm-1 resolution. Spectra of the –OH stretching region were recorded at 130
°C under inert conditions and with a KBr background. Pyridine adsorption was carried out at 130
°C after calcination using the fresh sample as the background. After adsorption, the sample was
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slowly heated to 250 °C to remove physisorbed pyridine, and then returned to 130 °C for the final
spectrum.
Isopropylamine (IPA) temperature programmed desorption (TPD) was performed on a TA
instruments Q500 according to the method developed by Gorte et al. 113,114 0.01 g of catalyst was
first pre-treated at 550 °C for 1 h under a He flow to remove moisture and other impurities from
the catalyst surface. After cooling to 120 °C, IPA was dosed into the system while flowing He.
When the sample was saturated with IPA, the gas flow was switched to He. Sample temperature
was increased to 700 °C with a ramping rate of 10 °C min-1. The total Brønsted acid site
concentration was determined by the weight difference between 300 °C and 400 °C. 2,4,6trimethylpyridine (collidine, CLD) TPD measurement was carried out in a similar fashion as IPATPD. The weight loss from 300 °C and 400 °C was used to determine the Brønsted acid site density
on the external surface of the catalyst.
The morphology of the catalyst was examined by transmission electron microscopy (TEM,
JEOL 2000FX). The zeolite powder was transferred into ethanol to produce a dilute suspension by
sonication for 10 min. Subsequently, one drop of the suspension was pipetted onto a standard holey
carbon-coated TEM grid. After drying it at room temperature, the grid was transferred directly into
the TEM instrument operated at an accelerating voltage of 200 kV.
3.2.3 CFP of Cellulose and Miscanthus Using Hierarchical MFI Zeolites
Pyrolysis experiments were performed using a CDS Analytical Pyroprobe 5200 pyrolysis
gas chromatography system (PyGC). Cellulose is a major component of lignocellulosic biomass
(typically between 23-32 wt.%);24 thus, α-Cellulose (Sigma Aldrich) was chosen as a
representative model biomass compound. Miscanthus x giganteus is an attractive biomass energy
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crop due to ease of growth and cultivation and high calorific value,107 and was chosen to represent
a realistic biomass source.
The pyrolysis procedure is very similar to that of a Chapter 2. Catalyst/biomass mixture (5
mg) were loaded into a quartz microreactor, which was then placed in a computer automated
resistively heated coil. Pyrolysis was performed at a set point of 600 °C for 20 s under pure Ar
flow of 30 sccm. Condensable products were analyzed using a gas chromatograph mass
spectrometer (GC-MS, Agilent 6890 GC with 5973N MS), and permanent gases were analyzed
via an online MS (Agilent 5975C), with a gas sampling attachment (Diablo Analytical). Solid yield
was determined by oxidation of any remaining residue in the microreactor in pure O2 at 900 °C
and integration of the CO2 and CO signals measured by the MS. Because water is difficult to
quantify in the PyGC, the total carbon balance was calculated in lieu of a mass balance, and all
yields reported were measured relative to moles of atomic carbon in the feed. Each experiment
was performed in at least triplicate to ensure precision.
3.2 Results
3.3.1 Characterization of Hierarchical MFI Zeolites
3.3.1.1 Structural and Textural Properties
Characterization of each material highlights the structural and chemical properties that are
impacted by each preparation strategy. The crystallinity and textural properties of the materials
were investigated using TEM. Figure 3-1 shows micrographs of the (A) MFI-Pa, (B) MFI-SAMild, (C) MFI-DS-Mild, (D) MFI-100nm, and (E) MFI-Meso materials. MFI-Pa has a welldefined ordered crystal structure, with no voids or cavities. The MFI-DS-Mild material has clear
cavities in the crystal, and many of the cavities appear to originate at the surface or edge of the
crystal. The MFI-SA-Mild material appears to have fewer, slightly smaller size mesopores,
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compared to the MFI-DS-Mild material. None of the mesopores seem to extend to the edge of the
particle, which may be a result of silica reassembly around the surfactant during the post-synthetic
treatment. MFI-100nm is formed from an agglomeration of round crystals with a well-controlled
diameter of 100 nm. The MFI-Meso zeolite is composed of ordered agglomerated rectangular
primary crystals, and clear interstitial cavities are visible through the center of the secondary
particle. When comparing the materials from the top-down and bottom-up series, it appears that
the desilicated zeolite has the most accessible mesopores, which originate at the surface and are
moderate in size and quantity.

Figure 3-1. Transmission electron micrographs of (A) a commercial ZSM-5 (MFI-Pa), (B)
ZSM-5 treated with NaOH and surfactant (MFI-SA-Mild), (C) ZSM-5 treated with NaOH alone
(MFI-DS-Mild), (D) 100 nm microporous ZSM-5 crystals (MFI-100nm), and (E) Mesoporous
MFI zeolite (MFI-Meso).
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The crystal structure of each material was confirmed by powder XRD (Figure 3-2). The
materials created with the bottom-up techniques very clearly exhibit the characteristic MFI
diffraction pattern. The relative crystallinity of the materials (Table 3-1) created with top-down
approaches was calculated from the integrated intensity between the angles 2θ of 23-25°, and
normalized to the MFI-Pa material. Both the MFI-DS-Mild and MFI-SA-Mild materials retained
over 99% of the crystal structure. The severe alkaline treatment from the MFI-DS-Strong (86%
crystallinity) and MFI-SA-Strong (88% crystallinity) materials resulted in a decrease in
crystallinity, although the addition of surfactant seems to have better protected the crystal integrity.

Figure 3-2. X-ray diffractograms of MFI parent and mesoporous catalysts prepared using
bottom-up and top-down methods.
The N2 sorption isotherms for each zeolite are given in Figure 3-3(A). The MFI-100nm
zeolite exhibited a type II isotherm (IUPAC standard), with almost no hysteresis, and a sharp
increase at high P/Po, most likely due to macropores arising from the void space between the
randomly aggregated 100 nm MFI crystals. All the other material isotherms were a mixture of type
I and type IV with some variation in the hysteresis loop. The MFI-SA-Mild and MFI-SA-Strong
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materials exhibited type H2 hysteresis loops, traditionally referred to as ‘ink-bottle’ type
mesopores. The hysteresis loops of the MFI-Pa, MFI-DS-Mild and MFI-DS-Strong materials were
closer to type H4 hysteresis, with almost parallel adsorption and desorption branches, indicating
more narrow slit-like pores.115 Finally, the MFI-Meso hysteresis loop was somewhere between H2
and H4, possibly a result of the untemplated interstitial mesopores.100 The BET surface area
increased upon the introduction of mesoporosity, as presented in Table 3-1. The micropore volume
varied from 0.14 cm³ g-1 (MFI-Pa) to 0.09 cm³ g-1 (MFI-DS-Strong), a 35% reduction. The
mesopore volume had much greater variation, between 0.07 cm³ g-1 (MFI-100nm) and 0.33 cm³ g1

(MFI-SA-Strong). The external surface area of the catalyst also increased with increasing

mesoporosity. Modification via the desilication method introduced slightly greater external surface
area than desilication in the presence of surfactant.

Figure 3-3. (A) N2 sorption isotherms of each material: (1) MFI-100nm, (2) MFI-Pa, (3) MFISA-Mild, (4) MFI-DS-Mild, (5) MFI-Meso, (6) MFI-DS-Strong, (7) MFI-SA-Strong. Isotherms
are offset by a constant value of 75 cm3 g-1. (B) pore size distributions found using the NL-DFT
model developed for N2 adsorption on H- form zeolites.
The materials evaluated in this study have been designed to span a wide range of mesopore
volumes, while maintaining as much micropore volume as possible. The NL-DFT pore size
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distribution between 20 and 400 Å is shown in Figure 3-3(B). The MFI-100nm material exhibited
the least pore volume in the mesopore region. MFI-Pa had slightly greater mesopore volume than
the MFI-100nm, but not a significant amount in this region. The MFI-SA-Mild and MFI-DS-Mild
materials both displayed a broad range of pore diameters primarily between 30 and 200 Å. The
MFI-Meso, MFI-DS-Strong and MFI-SA-Strong materials all had significantly higher mesopore
volumes. However, the pore diameter of the MFI-SA-strong material was skewed left, with the
maximum volume occurring at a diameter of 40 Å. The MFI-Meso material exhibited a broader
range of mesopore diameters, with a maximum volume occurring at a diameter of about 110 Å.
The MFI-DS-Strong material pore volume trend was skewed right, with the maximum pore
volume occurring at a pore diameter of approximately 300 Å.
Table 3-1. Textural properties of each MFI zeolite
Preparation
Strategy

Material

Total
Surface
Area¹

External
Surface
Area²

Total
Pore
Volume3

Vmicro²

Vmeso4

XRD
Relative
Intensity

(m²/g)

(m²/g)

(cm³/g)

(cm³/g)

(cm³/g)

%

MFI-100nm

Bottom-up

342

126

0.53

0.10

0.07*

95.7

MFI-Pa

Top-down

419

126

0.25

0.14

0.12

100.0

MFI-SA-Mild

Top-down

455

210

0.31

0.11

0.20

99.1

MFI-DS-Mild

Top-down

456

229

0.32

0.10

0.22

99.5

MFI-Meso

Bottom-up

437

170

0.36

0.12

0.24

91.8

MFI-DS-Strong

Top-down

422

221

0.37

0.09

0.28

85.7

MFI-SA-Strong

Top-down

484

267

0.43

0.10

0.33

88.1

¹ BET Method. 2 t-plot method.³ Single Point at P/P0=0.99. 4 2 nm <d<500 nm: Single Point P/P0=0.99Vmicro. *P/P0=0.97.

3.3.1.2 Acidity of MFI Zeolites
The bulk Si/Al ratio of each material was determined using ICP-OES, and ranged from
19.1 (MFI-Meso) to 40.6 (MFI-Pa). Of the top-down series, the MFI-SA-Mild material retained
the most Si, with only an 8.4% reduction in Si/Al ratio. Mild desilication and desilication with
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surfactant resulted in higher retention of Si, compared to the stronger treatments. The Si/Al ratio
of both MFI-100nm (30.4) and MFI-Meso (19.1) was relatively low, indicating potentially higher
zeolite acidity. One challenge of the method used to create the MFI-Meso material is maintaining
the Si/Al ratio between the slurry and final product.
Figure 3-4(A) shows the DRIFTs spectra of the –OH stretching region of each catalyst.
The peak at 3610 cm-1 is indicative of Brønsted acid sites,97 whereas the peak at 3740 cm-1
corresponds to external terminal silanol groups of MFI framework zeolites.116 The intensity of the
peak at 3610 cm-1 of the MFI-SA-Mild and MFI-DS-Mild zeolites was comparable to the MFI-Pa.
The same peak was about 10% lower in intensity for the MFI-DS-Strong material, indicating a
slight decrease in Brønsted acidity.

Figure 3-4. (A) DRIFTs spectra of each material in the –OH stretching region and (B) following
pyridine adsorption.
All zeolites tailored using top-down methods exhibited increased intensity of the peak at
3740 cm-1, indicating that terminal silanol groups on the zeolite external surface were created by
both top-down methods. The intensity of this peak was greater than the parent by 13% and 115%,
for MFI-SA-Mild and MFI-SA-Strong, respectively. This increase was also observed in the
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desilicated materials, but to a lesser extent. These results further indicate that when surfactant is
present, the silica removed from the framework by the alkaline treatment recrystallized at the
surface, forming external terminal silanol groups. A similar phenomenon has been reported by
Schmidt et al.117 when comparing desilication and desilication with surfactant reassembly.
In order to further investigate the Brønsted and Lewis acidity of each sample, FTIR spectra
were collected after the adsorption of pyridine, which are displayed in Figure 3-4(B). The relative
amount of Brønsted and Lewis acidity can be found from the intensity of the peaks at 1550 cm -1
and 1450 cm-1, and corrected using the extinction coefficients of 1.67 and 2.22, respectively. 118
The Brønsted/Lewis acid ratio of each material, determined from DRIFTs spectra, are presented
in Table 2. Materials created with bottom-up methods had significantly higher Brønsted acidity
compared to Lewis acidity. The MFI-SA-Mild and MFI-DS-Mild zeolites exhibited slightly
greater Brønsted acidity compared to Lewis acidity. But, the MFI-DS-Strong and MFI-SA-Strong
materials displayed increased Lewis acidity despite the higher Si/Al ratio, revealing that
concentrated strong base caused extensive leaching of framework aluminum to the extraframework, in good agreement with earlier literature.98,119,120
The total Brønsted acidity of each zeolite, determined by IPA-TPD, is presented in Table
3-2. IPA binds to all active Brønsted acid sites of the catalyst, both on the external surface and in
the pores.114 The most acidic catalysts were those created using bottom-up methods, MFI-100nm
and MFI-Meso. Mild base treatment resulted in slightly increased catalyst Brønsted acidity, which
was consistent with the decreased Si/Al ratio observed from ICP. The MFI-DS-Strong material
had the lowest Brønsted acidity, with only 0.29 mmol IPA/g adsorbed. The MFI-SA-Strong
material adsorbed slightly higher amounts of IPA than the parent, demonstrating that the use of
surfactant protects some framework Al from being extracted during treatment.
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Table 3-2. Characterization of the acidic properties of each zeolite

Material

MFI-100nm
MFI-Pa
MFI-SA-Mild
MFI-DS-Mild
MFI-Meso
MFI-DS-Strong
MFI-SA-Strong

Total
Brønsted
Acid
Sites¹
(mmol/g)
0.50
0.30
0.34
0.31
0.55
0.29
0.34

External
Brønsted Acid
Sites²

B.A./L.A Peak Area
Ratio³

Si/Al
Ratio⁴

1.86
1.15
1.37
1.22
2.33
0.66
0.60

30.4
40.6
37.2
36.2
19.1
33.2
29.1

(mmol/g)
0.015
0.061
0.032
0.069
0.039
0.072
0.057

Determined By: ¹IPA-TPD, ²CLD-TPD, ³Py-IR, ⁴ICP-OES

Materials were also probed for external surface Brønsted acidity using CLD-TPD. CLD is
a relatively bulky molecule (critical diameter of 7.4 Å), and theoretically only accessible to
Brønsted acid sites at external surface of zeolites with MFI topology (pore openings of 5.5-5.6
Å).121 Of the MFI zeolites prepared for this study, the MFI-DS-Strong material adsorbed the most
collidine (0.072 mmol g-1), whereas the MFI-100nm adsorbed the least (0.015 mmol g-1), as shown
in Table 2. This indicates that the majority of the Brønsted acid sites of the MFI-100nm material
are located within the zeolite micropores. Materials created by desilication adsorbed more CLD
than the MFI-Pa, but those created with surfactant present adsorbed less than the parent. Moreover,
the MFI-Meso material adsorbed relatively little CLD (0.039 mmol g-1) compared to the other
mesoporous materials, an indication that this method creates fewer external Brønsted acid sites.
This is particularly true when comparing to desilication, where silica is leached from the surface.
Moreover, it indicates that desilication greatly improves accessibility of bulky molecules, such as
CLD, to zeolite acid sites,92 whereas the acid sites of the MFI-Meso material are primarily located
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in the catalyst micropores. Additionally, there is almost a direct correlation between the catalyst
external surface area and catalyst external acidity measured by CLD-TPD. An identical correlation
was noted by Puértolas et al.108
Interestingly, when the Brønsted/Lewis acid ratio estimated from pyridine adsorption is
taken into consideration along with the TPD measurements, two different trends are observed
when comparing top-down zeolites to the parent material: (1) increase in the Brønsted/Lewis acid
ratio under mild conditions, and (2) decrease in the Brønsted/Lewis acid ratio under strong
conditions. One possible explanation for this trend is that Si seems to be extracted from external
surfaces rather than the bulk of the sample. Some Brønsted acid sites may have been removed,
along with silica leached from the external surfaces. The extra-framework alumina was partially
removed by acid treatment after mild desilication, thereby decreasing the concentration of Lewis
acid sites, in accordance with previous findings.120,122 In this case, it seems that the etching of
zeolite by OH- starts on the exterior surface. Under strong basic environments, desilication seems
to occur in both the external surface and bulk. A high degree of extracted Al caused by a
concentrated strong base can be re-precipitated on the surface to give extra-framework Al (Lewis
acid sites).88,98,119,120,123 Furthermore, from the CLD-TPD results, the mesoporous ZSM-5 samples
created with surfactant mediated desilication exhibited lower external Brønsted acid site
concentrations than both the parent and desilicated samples. One possible explanation for the lower
surface acidity in the -SA designated materials may be the simultaneous re-deposition of both Si
formed around micelles in addition to extracted aluminum species on the material surface. This
could result in more terminal silanol groups, increased Lewis acidity and fewer surface Brønsted
acid sites.
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3.3.2 Biomass CFP with Hierarchical MFI Catalysts
3.3.2.1 CFP of Cellulose
The complete product distribution from cellulose CFP at a C/B ratio of 5 is depicted in
Table 3-3. The data is arranged in order of increasing mesopore volume. The liquid yield increased
with mesopore volume, from about 16 % (MFI-100nm) up to a maximum of around 29 % (MFIDS-Mild), then decreased slightly. The lumped permanent gas yield followed no apparent trend,
and the solid yield decreased with increasing mesopore volume to a minimum (MFI-DS-Mild),
then increased slightly.
The permanent gas product distribution from cellulose CFP is also given in Table 3. CO
carbon yield increased slightly with mesopore volume, up to a maximum of about 23%, then
decreased for CFP with the –Strong designated zeolites. CO2 yield remained mostly constant with
mesopore volume. However, CFP with the MFI-DS-Strong produced significantly less CO2. Only
small amounts of methane and propylene were detected, with methane and olefins yield totaling a
maximum of 3.1% carbon.
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Table 3-3. Product distribution for CFP of cellulose at C/B ratio of 5.

Carbon Yield

Catalyst

(%)

MFI-100nm

MFI-Pa

MFI-SAMild

MFI-DSMild

MFI-Meso

MFI-DSStrong

MFI-SAStrong

Liquid Products
Benzene

1.5 ± 0.1

2.1 ± 0.2

2.1 ± 0.2

2.1 ± 0.1

2.6 ± 0.2

2.3 ± 0.3

2.7 ± 0.1

Toluene

2.4 ± 0.1

4.1 ± 0.2

4.1 ± 0.3

4.5 ± 0.2

4.7 ± 0.2

4.1 ± 0.4

4.3 ± 0.1

Xylenes

1.3 ± 0.04

3.0 ± 0.3

3.1 ± 0.2

3.6 ± 0.2

3.6 ± 0.2

2.9 ± 0.3

3.4 ± 0.1

Alkyl Benzenes

2.1 ± 0.2

3.7 ± 0.6

3.8 ± 0.6

4.9 ± 0.6

4.2 ± 0.5

2.9 ± 0.3

4.5 ± 0.4

Indenes

2.5 ± 0.5

3.0 ± 0.4

3.7 ± 0.2

3.6 ± 0.4

3.2 ± 0.3

3.7 ± 0.8

3.2 ± 0.3

Naphthalenes

2.6 ± 0.2

4.2 ± 0.3

4.5 ± 0.4

6.1 ± 0.2

6.2 ± 0.3

5.5 ± 0.5

4.8 ± 0.2

PAHs

0.4 ± 0.04

0.4 ± 0.1

0.6 ± 0.3

0.8 ± 0.04

1.6 ± 0.3

1.4 ± 0.4

1.6 ± 0.1

Phenols

2.4 ± 0.04

2.1 ± 0.1

2.4 ± 0.3

2.5 ± 0.2

1.6 ± 0.1

2.8 ± 0.6

2.4 ± 0.3

Benzofurans

0.6 ± 0.04

0.6 ± 0.09

0.7 ± 0.3

0.8 ± 0.01

0.4 ± 0.04

1.0 ± 0.28

0.8 ± 0.08

Other Oxy.

0.4 ± 0.2

0.3 ± 0.05

0.2 ± 0.2

0.1 ± 0.02

0.1 ± 0.1

0.8 ± 0.1

0.8 ± 0.3

Total

16.1 ± 0.7

23.4 ± 1.1

25.3 ± 2.3

29.1 ± 0.9

28.2 ± 1.0

27.4 ± 3.4

28.4 ± 0.3

Permanent Gases
CO
18.7 ± 0.5

20.9 ± 1.2

21.6 ± 0.9

21.2 ± 1.5

23.1 ± 1.4

18.1 ± 0.2

18.7 ± 0.5

CO2

6.9 ± 0.4

7.2 ± 1.5

7.0 ± 0.5

6.6 ± 0.3

7.3 ± 0.2

4.8 ± 0.2

6.9 ± 0.4

CH4

1.8 ± 0.2

1.1 ± 0.3

0.7 ± 0.3

0.8 ± 0.1

0.8 ± 0.2

2.0 ± 0.1

1.8 ± 0.2

C3H6

0.8 ± 0.1

0.4 ± 0.1

0.4 ± 0.2

0.8 ± 0.1

0.6 ± 0.1

1.1 ± 0.7

0.8 ± 0.1

Total

27.2 ± 2.4

29.7 ± 2.1

29.6 ± 1.2

29.3 ± 1.3

31.9 ± 1.5

26 ± 1.1

28.2 ± 0.2

Coke and Char

54.1 ± 4.3

48.4 ± 2.1

46.8 ± 2.6

43.4 ± 2.7

46.4 ± 3.6

46.5 ± 0.5

46.5 ± 1.7

Total Yield

97.4 ± 4.2

101.2 ± 3.3

101.2 ± 5.7

101.7 ± 1.6

102.1 ± 3.0

96.9 ± 3.9

103.2 ± 1.7

Reaction Conditions: Temperature: 600 °C, Reaction Time: 20 s, Loading: 5 mg total; 5 mg catalyst/mg cellulose

The bio-oil composition was further broken down into individual categories in Table 3-3.
The yields to benzene, toluene and xylenes all increased with increasing mesopore volume. The
yields to alkyl benzenes, which include mono- and di- substituted aromatic compounds, increased
to the point of MFI-DS-Mild, and then decreased with the MFI-Meso catalyst. Alkyl aromatics
with a higher degree of substitution and longer alkyl chains were observed as mesopore volume
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increased. The indenes category, which includes indene, indane and substituted derivatives, also
increased to a maximum, which occured at the MFI-SA-Mild material. Naphthalenes, including
mono- and di-substituted methyl- and ethyl- naphthalenes all increased to a maximum as well, but
the greatest value occurred for CFP with the MFI-Meso material. PAHs, which include any
compound with three or more aromatic rings, increased significantly with increasing mesopore
volume, and CFP with the three most mesoporous catalysts produced about 1.5% carbon yield to
PAHs. Relatively few oxygenates were detected, mostly due to the sufficiently acidic nature of all
catalysts. The most oxygenates for cellulose CFP were detected from the MFI-DS-Strong material,
and the fewest from the MFI-Meso, which was mainly attributed to the relatively low and high
acidity of those catalysts, respectively.
3.3.2.2 CFP of Miscanthus x Giganteus
The same analysis was performed for CFP of miscanthus under identical conditions, and
is presented in Table 3-4, again in order of increasing mesopore volume. The liquid yield increased
with increasing mesopore volume, reaching a maximum at 29.6%, with the MFI-DS-Mild material.
The permanent gas yield followed no particular trend, although the maximum occurred at 26%
from CFP with the MFI-Pa material, and the minimum was approximately 22% (MFI-SA-Strong).
As in the case of cellulose, the solid yield decreased with increasing mesoporosity until the MFIDS-Mild material was reached, at which point it increased.
CFP with the MFI-SA-Strong, MFI-DS-Strong and MFI-100nm materials resulted in
relatively low CO yields compared to CFP with the other materials. The CO2 yield was also slightly
lower for those three materials. Methane and propylene yields were approximately equivalent for
all materials tested.
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The bio-oil product distribution for CFP of miscanthus with each catalyst is also presented
in Table 3-4. A slight increase in benzene, toluene and xylenes (BTX) was again observed with
increasing mesoporosity. A clear maximum in the production of alkyl benzenes and indenes was
also evident for CFP with the MFI-DS-Mild material. CFP with the MFI-Meso material produced
larger molecules, such as naphthalenes and PAHs. CFP with the MFI-100nm and MFI-DS-Strong
materials produced significantly higher amounts of phenols, whereas similar amounts of phenols
were created during cellulose CFP with both materials. Phenols are primarily a result of lignin
decomposition at high temperature.2 Lignin is not present during cellulose pyrolysis, but comprises
a significant fraction of miscanthus, therefore higher phenol yields are expected from CFP with
miscanthus compared to cellulose. The elevated presence of phenols from these two materials
could be a result of shape exclusion from the MFI-100nm material or lower acidity for the MFIDS-Strong. Similar amounts of benzofurans and other oxygenates were produced from CFP with
all materials.
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Table 3-4. Product distribution for CFP of miscanthus at C/B ratio of 5.

Carbon Yield

Catalyst

(%)

MFI-100nm

MFI-Pa

MFI-SAMild

MFI-DSMild

MFI-Meso

MFI-DSStrong

MFI-SAStrong

Liquid Products
Benzene

1.4 ± 0.3

1.4 ± 0.2

1.5 ± 0.2

1.6 ± 0.2

1.5 ± 0.1

1.6 ± 0.4

1.2 ± 0.01

Toluene

2.6 ± 0.3

3.6 ± 0.3

3.8 ± 0.3

3.7 ± 0.6

3.8 ± 0.1

4.3 ± 0.2

3.3 ± 0.1

Xylenes

1.9 ± 0.2

3.6 ± 0.4

3.9 ± 0.2

3.9 ± 0.5

3.6 ± 0.3

3.9 ± 0.3

3.5 ± 0.1

Alkyl Benzenes

2.8 ± 0.3

4.1 ± 0.4

4.4 ± 0.2

4.6 ± 0.2

3.7 ± 0.1

3.7 ± 0.4

4 ± 0.2

Indenes

2.6 ± 0.5

3.4 ± 1.0

3.8 ± 0.2

5.2 ± 0.2

4.2 ± 0.2

4 ± 0.4

3.8 ± 0.4

Naphthalenes

2.8 ± 0.4

5.2 ± 0.5

5.8 ± 1.0

6.5 ± 0.7

6.6 ± 1.3

5.7 ± 0.7

5.4 ± 0.3

PAHs

0.3 ± 0.1

0.4 ± 0.2

0.3 ± 0.2

0.6 ± 0.2

1.4 ± 0.5

1.1 ± 0.1

1.2 ± 0.1

Phenols

4.9 ± 0.7

2.5 ± 0.6

2.2 ± 0.5

2.1 ± 0.7

1.4 ± 0.1

3.5 ± 0.1

1.7 ± 0.2

Benzofurans

0.4 ± 0.1

0.5 ± 0.1

0.3 ± 0.05

0.5 ± 0.3

0.2 ± 0.01

0.7 ± 0.2

0.3 ± 0.1

Other Oxy.

0.7 ± 0.4

0.1 ± 0.1

0.1 ± 0.1

0.3 ± 0.3

0.1 ± 0.1

0.5 ± 0.1

0.2 ± 0.1

Total Liquids

20.5 ± 2.7

24.9 ± 2.0

26 ± 1.1

29.1 ± 2.4

26.5 ± 2.8

29 ± 2.0

24.6 ± 0.7

Permanent Gas
CO

14.1 ± 1.1

16.8 ± 2.8

15.6 ± 1.6

16.1 ± 1.5

15.8 ± 0.5

15.1 ± 0.2

15 ± 2.1

CO2

6.3 ± 0.2

7.9 ± 1.8

7 ± 1.1

7.6 ± 1.9

7.6 ± 1.5

5.0± 0.5

6.2 ± 0.3

CH4

1.3 ± 0.1

0.8 ± 0.2

1.9 ± 0.8

1.5 ± 0.4

1.3 ± 0.2

2.3 ± 0.1

2.0 ± 0.02

C3H6

1.9 ± 2.7

0.6 ± 1.3

0.6 ± 0.5

0.3 ± 0.1

0.8 ± 0.8

0.9 ± 0.2

1.2 ± 0.1

Total Gas

23.6 ± 3.8

26.1 ± 3.7

24.5 ± 1.8

24.9 ± 2.7

25.5 ± 3

23.3 ± 2.7

23.2 ± 2

Coke and Char

58.2 ± 1.4

53.9 ± 4.6

49.6 ± 3.4

44.9 ± 5.1

49.3 ± 0.5

48.8 ± 1.1

51.6 ± 2.5

Carbon Yield

100.8 ± 2.3

100 ± 2.1

95.4 ± 7

98.7 ± 8

101.4 ± 0.2

100 ± 4.5

99.3 ± 1.4

Reaction Conditions: Temperature: 600 °C, Reaction Time: 20 s, Loading: 5 mg total; 5 mg catalyst/mg miscanthus

3.3.3 Understanding the Effects of Catalyst Mesoporosity on CFP
An understanding of the mechanisms of CFP and coke formation in ZSM-5 is required
prior to any analysis of the CFP product distribution. Primary products formed in the initial stages
of biomass pyrolysis are mostly water and oxygenated compounds including furans, soluble
sugars, carboxylic acids and phenols.20 These compounds then enter the catalyst pores and undergo
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a series of acid-catalyzed deoxygenation reactions, to form aromatic hydrocarbons.32 Coke arises
from the polymerization of these large compounds until the molecule is no longer able to diffuse
out of the pore structure,34 thus deactivating the catalyst by occupying active sites and blocking
pores.
The goal of this chapter is to determine the effects of mesoporosity introduction on the
product distribution for biomass CFP. It is nearly impossible to tailor zeolites with different
mesopore volumes, while maintaining identical internal and external acidic properties. A wide
variety of synthesis and post-synthetic modification techniques were used in this study as an
attempt to try and reconcile this fact, such that the most direct comparison possible could be made.
To better understand how mesoporosity affects product formation, yields to MAHs, naphthalenes,
PAHs and coke/char have been plotted in Figure 3-5 in order of increasing catalyst mesopore
volume.

Figure 3-5. Lumped yields to MAHs (including BTX, alkyl benzenes and indenes),
naphthalenes, PAHs and coke and char plotted in order of increasing mesopore volume. Reaction
Conditions: Temperature: 600 °C, Reaction Time: 20 s, Loading: 5 mg total; 5 mg catalyst/mg
biomass
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Figure 3-5 shows the carbon yields from CFP with each catalyst and biomass to MAHs.
These include compounds that have only one aromatic ring, or compounds which have an aromatic
ring fused with a five-member carbon ring, primarily BTX, alkyl benzene and indene compounds.
There is no clear correlation between total Brønsted acidity of the materials and selectivity to
products of this category, however there is a very clear relation between mesopore volume and
formation of MAHs, as shown in Figure 3-5. There is a significant increase in the yields to
compounds of this category with increasing mesoporosity, and a maximum yield is reached at a
mesopore volume of about 0.22 cm3 g-1 (MFI-DS-Mild).
As shown in Figure 3-5, naphthalenes yield is also clearly tied to mesopore volume. The
most naphthalenes were formed during CFP with the MFI-Meso material. Like MAH yield,
naphthalenes yield also goes through a maximum, and decreases with the larger pore size
materials. There is no consistent correlation between total Brønsted acidity and naphthalenes yield.
There is also a very clear relationship between PAH yield and mesopore volume. PAHs are defined
as any molecule with more than two aromatic rings, and are the final catalytic product prior to the
formation of coke.34 As presented in Figure 3-5, PAH formation is clearly enhanced during CFP
with the larger mesopore volume catalysts. The PAH carbon yield reaches a maximum at
approximately 1.5 %.
Significantly less solids were formed when using the intermediate mesoporous catalysts,
indicating the ideal mesopore volume for minimizing coke and char formation is 0.22 cm3 g1 (MFIDS-Mild). Additionally, the least amount of solids were formed on the catalysts with the –DS
designation. On the other hand, the highest amount of coke/char was produced during CFP with
the MFI-100nm catalyst. This may be due to the combined effects of low external acidity, high
internal acidity and low accessibility to catalyst active sites. Small CFP intermediates, such as
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furans, may enter the micropores and instantly react, followed by rapid polymerization to form
coke, which results in pore blockage and further coke build-up.124 Larger pyrolysis products, such
as guiacols, may be excluded altogether or fail to crack at the catalyst surface, explaining the high
phenol yields observed from miscanthus CFP.
Focusing on the top-down materials, there was no clear conclusion on the role of acidity
on the product distribution. The main difference between the top-down mesoporous materials was
the acid site accessibility, which increased with increasing mesopore volume, as determined by
CLD-TPD. From Figure 3-5, it is shown that this increased accessibility resulted in lower coke
and char yield, and higher aromatics yield; with a maximum in MAH yield occurring using the
MFI-DS-Mild material. However, once mesopore volume became exceedingly large, aromatics
were able to polymerize without the restraint of the MFI micropores, and increased PAH yields
and solids (coke and char) were observed.
Focusing on the bottom-up materials, the MFI-Meso has slightly higher total acidity than
the MFI-100nm. For these materials again the main difference was the accessibility of the acid
sites as determined by the CLD-TPD. MFI-Meso had significantly more accessible acid sites.
Consequently, and in agreement with the top-down materials, MAH and naphthalene yields were
highly increased using the MFI-Meso, compared to the MFI-100nm. Due to the very different
nature of preparation method, it would not be appropriate to compare the effects of acidity of the
top-down and the bottom-up methods. Acid sites in these materials can differ not only on their
number, but also on their location.
Because the primary mechanism for deoxygenation is decarbonylation, another indicator
of catalyst activity is CO yield.83 The CO yield was consistently low for both the least accessible
catalyst (MFI-100nm) and least acidic catalyst (MFI-DS-Strong). It was high for the most acidic
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catalyst (MFI-Meso). This was expectedly accompanied by higher oxygenate yields for CFP with
the MFI-100nm and MFI-DS-Strong materials and low oxygenate yields for CFP with the MFIMeso catalyst, further demonstrating the necessary balance between active site accessibility and
total acidity.
3.4 Discussion
From the above analysis, some theories may be suggested about the effects of catalyst
mesoporosity and acidity on product formation during CFP of biomass. Increased aromatic yields
from biomass CFP with mesoporous catalysts have been well-documented in the literature. Li et
al.88 have shown a very similar maximum in aromatic yield and minimum in solid yield when
comparing ZSM-5 zeolites prepared using increasing amounts of NaOH during desilication.
Xylenes, alkyl benzenes and naphthalenes yields were all increased with increasing mesoporosity.
They concluded that a mesopore volume of 0.13 cm3 g-1 was ideal for production of aromatics,
which is slightly less than the ideal mesopore volume of 0.22 cm3 g-1 in the present study. This
illustrates that differences in pyrolysis process conditions such as temperature and C/B ratio, as
well as catalyst acidity, must be taken into account when tailoring mesoporous catalysts, however
the overall trends remain very similar to those presented here. Park et al.105 found a similar increase
in yield to alkyl benzenes when upgrading pyrolysis vapors with mesoporous MFI materials.
However, they only found an increase in PAHs once the mesopore volume was exceedingly large.
A previous study83 found significantly higher naphthalene and PAH yields when evaluating
mesoporous ZSM-5 for glucose CFP, and concluded that mesoporous catalysts are ineffective due
to a relaxation of shape selectivity. The catalysts in 83 had very large mesopore volumes (0.55 and
0.709 cm3 g-1). In addition, the results of this study are, for the majority, in agreement with
Puértolas et al.108 who found that increasing mesopore volume increased aromatics yield.
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However, they noted no increase in PAHs upon mesopore introduction at low Si/Al ratio, and an
increase in solid (coke) yield with all mesoporous catalysts. Differences in upgrading configuration
(in-situ vs. ex-situ), catalyst acidity and temperature may account for these variances.
Direct comparison between the mesoporous materials prepared with the two preparation
methods (top-down and bottom-up) is not easy. However, some interesting observations can be
made with respect to the effects of mesopore accessibility and acidity. As determined by the IPATPD and CLD-TPD measurements, mesoporous MFI prepared using the top-down methods had
highly accessible mesopores with lower internal and increased external acid site density compared
to their parent material (MFI-Pa). CFP using the top-down mesoporous zeolites resulted in
decreased solid and increased aromatic yields, indicating that accessibility to mesopores with
sufficient acidity enhances the conversion of bulky char precursors and oxygenates prior to
entering the catalyst micropores. The MFI-DS-Mild material was the most effective material in
terms of high MAH yield and low solid yield, because ample access to mesopores with external
acid sites for cracking reactions was provided, while sufficient internal acidity was maintained for
deoxygenation reactions and the production of aromatics. However, when the mesopore volume
and external acid sites were highly increased, the internal acid site density became limited. In this
highly mesoporous materials polymerization and condensation reactions started to dominate,
increasing coke and char, PAH and oxygenates at the expense of small MAHs and napthalenes.
The mesoporous materials prepared with the bottom-up methods had relatively high internal
acidity and low external acidity, as indicated by the IPA-TPD and CLD-TPD results, respectively.
Specifically, the external acidity of the MFI-100nm as measured by the CLD method was very
low, and the accessibility of the internal pores and active sites was limited. This might explain the
very low MAH yields and the high coke and char yields produced by the MFI-100nm. Bulky

61

intermediate oxygenates cannot access the internal acid sites resulting in high rates of
polymerization reactions and coke and char formation. The external acidity and pore accessibility
of the MFI-Meso was higher compared to the MFI-100nm. The CFP results of the MFI-Meso
indicated significantly increased yields to MAH compared to the MFI-100nm and reduced coke
and char. One very interesting note is that the MFI-Meso had similar performance to the MFI-DS
and MFI-SA, in terms of aromatic and solid yield, despite the differences in external surface are
and pore accessibility. However, direct comparison between the mesoporous materials prepared
with the two methods might not be appropriate due to the differences not only on the number of
acid sites, but also the acid site location and other properties.
It also appears that as mesopore diameter grows larger, it does not affect the CFP product
distribution. For example, from the NL-DFT calculation, the MFI-SA-Strong material has a
relatively small average mesopore diameter (maximum mesopore volume at a pore width of 6.0
nm), whereas the MFI-Meso material has an intermediate average mesopore diameter (maximum
mesopore volume at a pore width of 16.6 nm) and the MFI-DS-Strong has a relatively large
average mesopore diameter (maximum mesopore volume at a pore width of 30 nm). There was no
significant difference in the size of the PAHs formed from CFP with these three materials. The
primary differences were observed from the formation of intermediate-size compounds such as
naphthalenes and indenes, which may or may not be considered undesirable products, depending
on the bio-oil application. From this, it can be concluded that that mesopore diameter does not
limit PAH formation, rather mesopore volume and surface acidity have a much larger impact.
Yu et al.87 performed an excellent study on the role of shape selectivity in CFP of lignin
using four different zeolites, namely ZSM-5, mordenite, beta and Y. They combined experimental
data and quantum chemical computation calculations to conclude that the effective pore size of the
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zeolite at higher temperatures determines whether or not a molecule will gain access to the catalyst
pores under the CFP conditions. In their study they also proved that, aside accessibility, zeolite
acidity is another factor which affects biomass CFP; sufficient numbers of acid sites in the zeolite
could rapidly convert oxygenates to aromatics, while a small number of acid sites would cause
oxygenates to polymerize and form coke in the zeolite pores. They suggested that optimum catalyst
design is critical for the effective conversion of biomass to aromatics and they suggested that
highly acidic ZSM-5 with mesopores may be viable. The results of our study are in agreement with
Yu et al. 87 and confirm that mesoporous ZSM-5 zeolites are effective biomass CFP catalysts. For
CFP with top-down mesoporous MFI materials the present data suggests there is an optimum
mesopore volume which can be introduced to provide access of the heavy oxygenates to the acid
sites, where they are converted to aromatics. However, increasing the mesopore volume even more
will cause the oxygenates to polymerize and form coke, due to the loss of internal acidity and shape
restriction in the larger mesopores. CFP with our bottom-up mesoporous MFI materials also
suggests the same conclusion.
Finally, the data and trends presented in this work are for a single type of biomass and a
single model compound for one set of process variables. It must be noted that these trends may
change with temperature, pyrolysis time, pyrolysis unit, configuration and feedstock. It is difficult
to discuss, in absolute terms, the nature of space constricted reactions given the limitations of the
equipment we have to study CFP. The theories and observations discussed here must be validated
with future work, and fundamental studies with model compounds.
3.5 Conclusions
A large series of mesoporous MFI-type zeolite catalysts were prepared using a variety of
top-down and bottom-up techniques. The acidity, textural properties, and pore size distribution of
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all materials were characterized and each material was evaluated with respect to the catalytic
pyrolysis of cellulose and miscanthus.
This chapter suggests that mesoporous MFI catalysts are effective at increasing bio-oil
yields from biomass CFP without sacrificing yields to valuable BTX compounds. The mesoporous
ZSM-5 tailored using the mild desilication method produced the best results for CFP of both
cellulose and miscanthus under the conditions studied. The increased yield to aromatics was
accompanied with a significant decrease in the solid yield. It was theorized that catalyst
improvements are primarily a result of enhanced accessibility to catalyst acid sites, resulting in
cracking of bulky primary oxygenates, allowing them to enter the micropores for further reaction,
leading to decreased rates of solid formation. Further increases in mesopore volume result in the
negative consequence of a reduction in shape selectivity, and increased yields of larger compounds
such as PAHs and coke. The ideal CFP catalyst requires both optimum acidity and pore size
distribution. This study provides a unique comparison between materials prepared with a wide
range of techniques and highlights how varying the zeolite mesoporosity affects biomass CFP
product distributions.
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Chapter 4. Bifunctional Ni-ZSM-5 Catalysts for the Pyrolysis and Hydropyrolysis of
Biomass
Chapter 4 has been adapted with permission from an article published in Energy Technology, 2017.125

4.1 Introduction
The success of biomass pyrolysis technology for the production of clean transportation
fuels depends on the development of a cost competitive method and catalyst for producing a
balanced composite of liquid aromatic and aliphatic hydrocarbons. Liquid bio-oil yields between
70% and 80% have already been realized via thermal pyrolysis.3,21 Unfortunately, this bio-oil is a
diverse blend of oxygenated hydrocarbons, which are highly viscous, acidic, unstable, and
corrosive.126 The majority of research over the past decade has focused on catalytic upgrading of
bio-oil compounds to form stable hydrocarbons, suitable for internal combustion applications.7
As discussed in Chapters 2 and 3, zeolites have been used as deoxygenation catalysts due
to their high acidity and characteristic shape-selective pore structure. Of the possible candidates,
ZSM-5 has been identified as the most promising.64 Many studies with zeolite catalysts have
focused on optimizing process conditions including pyrolysis temperature,127 heating rate,37
catalyst location (in-situ vs. ex-situ),63,69 residence time30 and feedstock,128 but low bio-oil yields
and high rates of coke and char formation continue to impede industrialization of biomass catalytic
fast pyrolysis (CFP).
Modifications of the zeolite catalyst are required in order to maximize yields to desirable
products. Alteration of the pore structure,83,108 combining zeolites of different morphologies,71
incorporation of metals into the catalyst framework and extra-framework,129,130 or various
combinations of the above131 have all been attempted with varying success. Among these
techniques, incorporation of metals in the zeolite may be the most readily applicable method for
improving CFP catalysts. For instance, Ni impregnated ZSM-5 (Ni-ZSM-5) catalysts have been
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shown to improve yields to aromatic compounds and decrease coke formation due to the combined
activity of the nickel and acid sites.56,132,133 Nickel is an attractive transition metal due to its
relatively high availability, promotion of oligomerization and dehydration reactions,132 ability to
increase the catalyst hydrothermal stability133 and cost-effectiveness. Additionally, Ni-ZSM-5
catalysts have been proven effective for hydrodeoxygenation (HDO) of raw pyrolysis oils.130
For new catalytic systems, pyrolysis process conditions need to be studied and optimized,
such that the maximum carbon return is achieved. For instance, pyrolysis atmosphere has a
significant effect on the liquid and organic fraction yields.134 Pyrolysis of biomass under a
hydrogen atmosphere at elevated pressure, often termed hydropyrolysis, is an effective method for
producing aromatic and aliphatic hydrocarbons, especially in the presence of ZSM-5.135,136 The
removal of oxygen via dehydration, the exothermic nature of the process and the direct conversion
of biomass to a drop-in hydrocarbon product make hydropyrolysis an attractive process. 60
Economic considerations for hydropyrolysis are about as favorable as other bio-fuel technologies,
despite the high pressure and hydrogen demand.137,138 Marker et al.60 have demonstrated a carbon
and hydrogen neutral hydropyrolysis system, where all the required hydrogen is derived from
reforming of light olefins produced in the process. Recently, Venkatakrishnan et al. 139,140
developed a two-stage fast hydropyrolysis reactor, and demonstrated excellent yields and
selectivity to hydrocarbons using a catalyst supported on multiwalled carbon nanotubes. Melligan
et al.59,141 have used pyrolysis gas chromatography (PyGC) to study biomass CFP and
hydropyrolysis over Ni-ZSM-5. They found that the bio-oil yield decreased when the atmosphere
was switched from He to H2, although more aromatics were formed with H2 present. Additionally,
increasing the pyrolysis pressure decreased liquid yields, as did incorporation of Ni on the catalyst.
However, alkane yields increased significantly at high H2 pressure over the Ni catalyst. On the
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other hand, Thangalazhy-Gopakumar et al.142,143 found that no aliphatic hydrocarbons were
produced during hydropyrolysis in the same PyGC unit, despite the high hydrogen pressure and
presence of a Ni-ZSM-5 catalyst.
While these studies are an excellent start, there is still much work required to determine
the efficacy of changing pyrolysis atmosphere, pressure and catalyst metal loading. In this work,
two Ni-ZSM-5 catalysts (3 wt.% and 5 wt.% Ni loading) were prepared using wet impregnation,
and characterized to determine the surface area, morphology, acidity, Ni oxidation state and crystal
structure. These catalysts were tested as CFP and hydropyrolysis catalysts, at varying pressures.
Analysis of the bio-oil, gas and solid products provided a complete picture of the effects of each
process parameter, not yet available in the literature.
4.2 Methods
4.2.1 Material Preparation
Ni-ZSM-5 catalysts were prepared using the wet-impregnation technique with
Ni(NO3)2●6H2O. The parent ZSM-5 (Zeolyst International) had a Si/Al ratio of 40, and was
calcined in air at 550 °C prior to impregnation. After treatment, all materials were re-calcined, then
a portion of the material was reduced at 450 °C in pure H2.
4.2.2 Catalyst Characterization
N2 sorption isotherms were gathered at -196 °C on a Micromeritics ASAP 2020
Physisorption Analyzer. Before analysis, each sample was degassed for 12 h at 250 °C under
vacuum. Ni loading was determined at the University of Connecticut Center for Environmental
Sciences and Engineering using a Perkin Elmer 7300DV Dual View ICP-OES. A Bruker D8
Advance powder diffractometer with a CuKα radiation source was used to determine XRD
patterns. The average crystal size was determined using the EVA software, by applying the

67

Scherrer equation. TEM was performed using a Talos F200X FEG-TEM from FEI Instruments.
DRS-UV-Vis spectra were collected under ambient conditions using a Shimadzu UV-2600 UVVis spectrophotometer, with an ISR-2600 integrating sphere attachment, suitable for powder
samples.
FTIR spectra were recorded using a Nicolet 6700 FTIR with a Harrick Praying Mantis
DRIFT accessory and reaction chamber. All samples were degassed in-situ under vacuum at 500
°C for 1 hr prior to analysis. For CO sorption experiments, all samples were reduced under 6 psig
of CO for 1 hr at 450 °C. The cell was then evacuated, cooled to 25 °C and equilibrated under 3
psig of CO for 30 min. The final spectra were recorded after evacuation. Pyridine sorption
experiments were carried out by dosing pyridine at 130 °C until equilibrated, followed by elevating
the temperature to 200 °C and pulling vacuum for 30 min to remove any physisorbed pyridine.
The final spectra were taken after the temperature was lowered to 130 °C.
4.2.2 Catalytic Pyrolysis and Hydropyrolysis
All pyrolysis experiments were performed in a CDS Analytical 5200-HPR pyrolysis gas
chromatography unit. Every experiment was performed at a temperature set-point of 600 °C, for a
probe time of 20 s, with 5 mg of catalyst and biomass physically mixed together in a catalyst to
biomass ratio of 5:1. Details about biomass characterization, preparation procedure and proximate
and ultimate analysis may be found in Chapter 2. All experiments were performed in at least
triplicate to ensure precision.
Pure Ar was the carrier gas for all pyrolysis experiments, and pure H2 was used for all
hydropyrolysis experiments (both Airgas UHP300). Pressure was controlled by means of a back
pressure regulator, which was manually adjusted to the desired pressure (+/- 2 psig) prior to the
experiment. The carrier gas flow rate (monitored using a downstream in-line flow meter) was
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increased as pressure increased in order to completely transport all pyrolysis products away from
the microreactor in a timely fashion (75 sccm at 200 psig, 100 sccm at 450 psig). A pressure of at
least 2 psig was required to maintain the outlet flow rate at 50 sccm. All lines in the unit were
maintained at 300 °C to prevent condensation of pyrolysis vapors.
All liquid products were collected on a Tenax trap, and transported to a GC-MS. Details
about the GC method, hardware and analysis may be found in a Chapter 2. Permanent gas products
were analyzed via an online MS with a special gas analysis port, calibrated for CO, CO2, CH4, H2
and Ar using external gas standards (Airgas). Solid carbon yield was determined after pyrolysis
by oxidizing all remaining residue in pure O2, while monitoring the CO2 signal on the MS.
4.3 Results
4.3.1 Characterization of Ni-ZSM-5 Catalysts
The catalyst physicochemical properties are presented in Table 4-1. Catalyst surface area
and pore volume were determined from N2 physisorption, and metal loading was measured using
inductively coupled plasma (ICP). The total surface area, total pore volume and micropore volume
all decreased as Ni loading increased. This decrease in micropore volume is most likely a result of
micropore blockage by Ni clusters.132
Table 4-1. BET and ICP analysis of 3 wt.% and 5 wt.% Ni-incorporated ZSM-5.
Total Surface
Area¹

External
Surface Area²

Total Pore
Volume³

Vmicro²

Ni Loading⁴

(m²/g)

(m²/g)

(cm³/g)

(cm³/g)

%

ZSM-5

419

126

0.252

0.136

0.00

3%-Ni-ZSM-5

398

174

0.247

0.103

2.73

5%-Ni-ZSM-5

366

145

0.229

0.102

4.42

Material

¹ BET Method, ² t-plot method ³Single Point at P/P0=0.99, ⁴ICP-OES
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Powder X-ray diffraction (XRD) patterns of the parent ZSM-5, and the Ni-ZSM-5 catalysts
in both the oxide and reduced forms are presented in Figure 4-1. All materials exhibited the peaks
characteristic of the mordenite framework inverted (MFI) crystal structure. The MFI peak intensity
decreased for the reduced samples, compared to the parent ZSM-5. Samples loaded with 3% Ni
showed no peaks characteristic of NiO, most likely due to fine dispersion of the NiO particles at
low loading.56 The 5%-NiO-ZSM-5 sample diffraction pattern (collected prior to reduction)
exhibited peaks characteristic of NiO (111) and NiO (200) phases at 2Θ of 37° and 43°,
respectively.144,145 The average NiO crystal diameter was estimated by XRD line broadening to be
29.5 nm, which is well within the expected crystal size range.130,141,146 After reduction, the
characteristic peaks of NiO virtually disappeared, indicating nearly complete reduction, although
the presence of some NiO may not be completely ruled out due to the significant overlap of the
zeolite reflections.

Figure 4-1. Powder XRD patterns of parent and Ni-ZSM-5 samples both before and after
reduction treatment.
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Transmission electron microscopy (TEM) images of the 5%-NiO-ZSM-5 and 5%-NiZSM-5 samples are presented in Figures 4-2(A) and (B), respectively. Small Ni particles were
clearly visible within the bulk of the 5%-NiO-ZSM-5, and larger Ni particles were present on the
exterior. The diameter of the exterior particles was approximately 30 nm, in excellent agreement
with the crystal size calculated from the XRD pattern. The Ni appeared more finely dispersed in
the TEM image of the material after reduction. No large particles were visible at the edges of the
zeolite crystal, and Ni appears distributed mainly in the zeolite pores, consistent with the reduction
in pore volume determined by N2 physisorption. This close proximity of metallic and acid sites
provides for efficient bifunctional catalyst activity.130

Figure 4-2. TEM images of the 5%-Ni-ZSM-5 catalyst (left) before and (right) after
reduction treatment.
The oxidation state of the supported Ni was investigated using diffuse reflectance UV-Vis
spectroscopy (DRS-UV-Vis). The DRS-UV-Vis spectrum of each material under ambient
conditions can be found in Figure 4-3. A broad band at 295 nm was visible for both materials in
the oxidized form, which is indicative of Ni2+-O charge transfer transitions.145 After reduction, this
band was drastically decreased, indicating conversion of NiO to the reduced form. Finally, the
DRS-UV-Vis spectra confirmed that Ni2+ was present in the ZSM-5 structure.
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Figure 4-3. DRS-UV-Vis spectra of parent ZSM-5, and 3% and 5% Ni-impregnated ZSM-5
catalysts before and after reduction.
To determine the active metal sites, the catalysts were further characterized by CO
adsorption measurements monitored by in-situ diffuse reflectance infrared Fourier transform
spectroscopy (DRIFTs). Figure 4-4 shows the DRIFTs spectra of the reduced catalysts at 25 °C,
after equilibration in CO at 3 psig. The parent ZSM-5 exhibited 2 broad peaks at 2168 cm-1 and
2116 cm-1, characteristic of weakly physisorbed CO. CO sorption on both Ni-ZSM-5 samples
revealed two intense peaks centered at 2136 cm-1 and 2092 cm-1, assigned to adsorbed CO
dicarbonyl symmetric and asymmetric modes, respectively.147 These bands were highly persistent,
even when the cell was evacuated, indicating synergistic behavior between σ and π bonding
orbitals in the carbonyls bound to Ni+.148 The occurrence of Ni+ species may be due to ionexchange of the Ni with the ZSM-5 protons during impregnation, however the possibilities of
partial reduction of complexation with multiple acid sites cannot be ruled out by the present results.
The weaker band at 2058 cm-1 was historically assigned to CO interacting with metallic Ni,149 but
more recent work suggests that this band was a result of Ni+ complexed with (13CO), naturally
abundant in the CO mixture.147,148 All bands at higher wavenumber (specifically 2341 cm-1) were
assigned to physisorbed CO2 remaining on the surface post-reduction. Additionally, CO adsorbed
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to the 5%-Ni-ZSM-5 sample exhibited a very weak band at 2195 cm-1. This peak was assigned by
Szegedi et al.150 to CO linearly bound to Ni2+ species when probing Ni-MCM-41 materials. From
the high intensity of the peaks at 2136 cm-1 and 2092 cm-1 observed in Figure 4-4, we can conclude
that the majority of Ni sites available for reaction are in the Ni+ charge state.

Figure 4-4. DRIFTs spectra of CO adsorbed at 25 °C on the parent ZSM-5, 3%-Ni-ZSM-5, and
5%-Ni-ZSM-5.
Pyridine sorption experiments were performed to determine the effects of Ni impregnation
on zeolite acidity. Figure 4-5 shows spectra of pyridine adsorbed at 130 °C, on the reduced NiZSM-5 catalysts, also monitored by DRIFTs (Py-IR). The peak at 1550 cm-1 was assigned to
Brønsted acid sites (B.A.S.), and the peak at 1450 cm-1 was assigned to Lewis acid sites (L.A.S.).118
All three materials exhibited significant Brønsted acidity, although the intensity of the 5%-NiZSM-5 decreased by about 40%, compared to the parent ZSM-5. From the absence of a peak at
1450 cm-1, very little Lewis acidity was observed for both the parent ZSM-5 and 3%-Ni-ZSM-5.
The L.A.S. peak was intense for the 5%-Ni-ZSM-5 sample, indicating that significant Lewis
acidity has been incorporated in this material. The reduction in B.A.S. with higher Ni loading is
most likely due to replacement of hydrogen ions by Ni ions during reduction or impregnation. 132
In conjunction with the CO sorption results, it can be concluded that the 5%-Ni-ZSM-5 may not
73

completely rest on zeolite acid sites, resulting in the presence of Ni2+ cations, and giving rise to the
high number of L.A.S. detected. Lewis acids are well known isomerization and dehydration
catalysts,151 as well as hydrogenation promoters when ample hydrogen is present.152

Figure 4-5. DRIFTs spectra of pyridine adsorbed at 130 °C on the parent ZSM-5, 3%-NiZSM-5, and 5%-Ni-ZSM-5.
In summary, impregnation of Ni decreased the overall catalyst surface area and micropore
volume, most likely due to pore blockage. Wet impregnation at the 5% loading created crystals of
about 30 nm diameter. Treatment of the oxidized material in H2 at 450 °C successfully reduced
the majority of NiO present. The addition of Ni followed by reduction primarily created Ni+ sites.
Higher loadings of Ni reduced the number of B.A.S., and increased the number of L.A.S. The
following sections discuss how these catalyst modifications affect the pyrolysis and hydropyrolysis
product yields and reaction network.
4.3.2 Catalytic Fast Pyrolysis and Hydropyrolysis
All pyrolysis experiments were performed in a PyGC microsystem, where catalyst and
biomass (Miscanthus x giganteus) were physically mixed together in a catalyst to biomass ratio of
5:1. All experiments were performed at a heating rate of 1000 °C/min for 20 s at a temperature setpoint of 600 °C, although the temperature in the microreactor was most likely between 500 and
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525 °C.153 All product yields are on the basis of %mole of feed carbon converted to each individual
product.
4.3.2.1 Effects of Ni Oxidation State on CFP of Miscanthus
The first objective was to determine the effects of the Ni phase (oxidized vs. reduced) on
the pyrolysis product distribution. CFP of miscanthus was conducted with the parent ZSM-5, 5%NiO-ZSM-5 and 5%-Ni-ZSM-5. Figure 4-6(A) shows the lumped carbon yields to liquids, gas and
solids for each catalyst at 600 °C. Gas yields were higher with the Ni catalysts, and solid yields
were lower. The liquid yield was lowest for the reduced Ni-loaded catalyst, and about equal for
the parent and unreduced catalysts.

Figure 4-6. (A) Lumped product distribution to liquid, gas and solid from the pyrolysis of
miscanthus at 600 °C using the parent ZSM-5, and 5%-Ni-ZSM-5 both in the oxidized and
reduced forms. (B) Liquid bio-oil product distribution from the pyrolysis of miscanthus. Inset:
Gas product distribution under the same conditions.
The bio-oil product distribution and gas composition are presented in Figure 4-6(B). The
difference in gas yield, observed in the previous paragraph, was a result of increased yields to
carbon oxides and CH4 over the Ni and NiO catalysts. The highest CO2 yield was observed from
CFP with the NiO catalyst, which indicates that some product hydrocarbons were oxidized, while
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the catalyst underwent simultaneous reduction, which was previously observed by Iliopoulou et
al.132
Also from Figure 4-6(B), CFP with all catalysts produced roughly the same amounts of
toluene and xylene. CFP with the 5%-NiO-ZSM-5 produced significantly more benzene, alkyl
benzenes and phenols, while CFP with the ZSM-5 catalyst produced more indenes, naphthalenes
and poly-cyclic aromatic hydrocarbons (PAHs). The reduced Ni catalyst produced all these
compounds in lower quantities than the parent ZSM-5 and NiO catalysts. To the best of our
knowledge, this is the first time reduced and unreduced metal loaded ZSM-5 catalysts have been
directly compared in terms of product selectivity for biomass pyrolysis, as many works study
catalytic pyrolysis with either the reduced129,130,142,154 or unreduced56,132,133,141 catalysts.
4.3.2.2 Effects of Pyrolysis Pressure and Ni Loading
Catalytic pyrolysis of miscanthus was performed at 2, 200 and 450 psig in both Ar and
pure H2, in the presence of the parent ZSM-5, and the reduced 3%-Ni-ZSM-5 and 5%-Ni-ZSM-5
catalysts. The carbon yields to liquids, gas and solid as a function of pyrolysis pressure are
presented in Figure 4-7. In an Ar atmosphere (Figure 4-7(A)-(C)), the liquid yield decreased almost
linearly with increasing pressure for CFP with all three catalysts. The parent ZSM-5 produced the
most liquids, whereas the 5%-Ni-ZSM-5 produced the fewest. The gas yield decreased for CFP
with the parent ZSM-5, was essentially constant with the 3%-Ni-ZSM-5 and increased slightly
using the 5%-Ni-ZSM-5 with increasing pressure. As shown in Figure 4-7(C), the solid yield
increased with pressure for all catalysts tested, and the parent ZSM-5 produced the most coke and
char, while the 3% and 5% catalysts produced a slightly lower amount.
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Figure 4-7. Left pane: Lumped product yields to (A) liquids, (B) gas and (C) solids for the
CFP of miscanthus at 600 °C as a function of pressure. Right pane: Lumped product yields to
(D) liquids, (E) gas and (F) solids for the hydropyrolysis of miscanthus in H2 as a function of
pressure.
For hydropyrolysis (Figure 4-7 (D)-(F)), the liquid yield remained essentially constant with
all catalysts across the span of pressures tested. This trend was also observed by ThangalazhyGopakumar et al.142 The 3%-Ni-ZSM-5 catalyst produced the highest liquid yields, but the 5%Ni-ZSM-5 produced the lowest, indicating an interplay between surface area and Ni loading. The
permanent gas yield increased with increasing pressure for both Ni catalysts, and hydropyrolysis
with the 5%-Ni-ZSM-5 produced the most gas by at least 10% carbon at all pressures evaluated
(Figure 4-7(E)). Hydropyrolysis with the parent ZSM-5 resulted in lower gas yields and slightly
increased solid yields with increasing pressure. The most significant observation from Figure 4-7
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is that solid yield decreased drastically with increasing hydrogen pressure, favoring gas production
for hydropyrolysis with both Ni-ZSM-5 catalysts.
The carbon yields to CO, CO2 and CH4 for these experiments are presented in Figure 4-8.
Overall, gas yield increased as Ni loading increased. CFP at 2 psig, produced high CO yields,
which slightly increased with Ni loading, as shown in Figure 8A. The presence of Ni boosted both
CO2 and CH4 formation at higher pressures. As shown in Figure 4-8(A), CO yields decreased with
increasing pressure, while CO2 and CH4 yields increased. As pressure increased, CO2 selectivity
increased significantly, to where it became the dominant gas at 450 psig.
The same analysis was performed for experiments conducted under a H2 atmosphere
(Figure 4-8(B)). Both CO and CO2 yields decrease as pressure increases. Conversely, CH4 yield
and selectivity both increase drastically with increasing hydrogen pressure, especially in the
presence of Ni. At 450 psig, nearly 40% of the carbon in the biomass was converted to methane,
while less than 10 % was converted to carbon oxides (Figure 4-8(B)) over the 5%-Ni-ZSM-5
catalyst. This increase in methane production comes at the expense of solid carbon, shown in
Figure 4-7(F).

Figure 4-8. (A) The gas product distribution at 2 psig, 200 psig and 450 psig from catalytic
pyrolysis of miscanthus using ZSM-5 and Ni-ZSM-5 catalysts. (B) The gas product distribution
at 2 psig, 200 psig and 450 psig from catalytic hydropyrolysis of miscanthus using ZSM-5 and
Ni-ZSM-5 catalysts.
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Trace amounts of C2-C4 gasses were also detected during pyrolysis experiments,
particularly when the Ni-ZSM-5 catalysts were present at higher pressures. However, yields were
not quantified. H2 yields were minimal in all pure ZSM-5 experiments, but some minor amounts
of H2 were observed during CFP with the Ni catalysts. The maximum H2 yield observed was 1.5
wt. %, and overall H2 yield increased with increasing Ni loading.
The detailed breakdown of the liquid product distribution from both CFP and
hydropyrolysis are shown in Figure 4-9. The most abundant products of all experiments performed
in Ar (Figure 4-9(A)) were mono-aromatic hydrocarbons (MAHs). These included benzene,
toluene, xylene (BTX compounds), trimethyl-, ethyl- and other alkyl- benzenes. MAH yield was
highest at 200 psig, and lowest at 450 psig. Lower MAH yields were detected from CFP with the
5%-Ni-ZSM-5 catalyst. The second most abundant group of compounds was naphthalenes and
indenes (grouped as Naph. in Figure 4-9). Naphthalenes formation was suppressed with increasing
pyrolysis pressure and increasing Ni loading. Selectivity to phenols was unaffected by the presence
of Ni, and decreased from an initial value of 3% carbon yield to practically zero as pressure
increased. Very few other oxygenates and no alkanes were formed under any of the pyrolysis
conditions. In summary, CFP with Ni catalysts slightly reduced yields to MAHs and significantly
reduced naphthalenes yield compared to the parent. CFP at 450 psig resulted in reduced yields to
all bio-oil categories, compared to CFP at 2 psig.
The liquid product distribution from the hydropyrolysis of miscanthus is shown in Figure
4-9(B). MAHs were the dominant product in all hydropyrolysis experiments. A peak in MAH yield
was observed at the intermediate Ni loading (3%-Ni-ZSM-5). Naphthalenes and indenes were also
formed in significant quantities during hydropyrolysis, many of which were partially
hydrogenated. Yields to naphthalenes and indenes were largely unaffected by pressure, but degree
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of saturation increased as pressure increased. Additionally, the degree of alkylation of both MAHs
and naphthalenes increased significantly as hydrogen pressure increased. PAHs, phenols and other
oxygenate yields all decreased with increasing H2 pressure. Minimal alkanes were formed at low
pressure, but alkanes yield increased to almost 3% carbon as pressure increased. Hydropyrolysis
with the Ni-ZSM-5 catalysts produced slightly more alkanes than the parent ZSM-5. Cyclohexanes
were the primary alkane category observed. Linear alkanes in the C10-C18 range and some
cyclopentanes were also observed.

Figure 4-9. (A) The lumped liquid product distribution at 2, 200 and 450 psig from catalytic
pyrolysis of miscanthus using ZSM-5 and Ni-ZSM-5 catalysts. (B) The lumped liquid product
distribution at 2, 200 and 450 psig from catalytic hydropyrolysis of miscanthus using ZSM-5 and
Ni-ZSM-5 catalysts.
4.4 Discussion
A reaction network for the catalytic fast pyrolysis of biomass adapted from the work of
Wang et al.2 is presented in Scheme 4-1. It is important to note that this adapted mechanism is an
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abstraction of biomass CFP reaction networks previously reported,2,32,155 and only encompasses a
small portion of the products observed experimentally. The primary pyrolysis products in Scheme
4-1 are catalytically upgraded to form secondary products via a series of reactions, denoted here
as RA-RI. According to Wang et al.,2 cellulose-derived furanic compounds arise from either the
catalytic dehydration, decarbonylation or decarboxylation (RA) of light compounds formed from
cellulose decomposition, or directly from the five-member carbon rings present in hemi-cellulose.
Furans are further deoxygenated, condense and oligomerize (RB) over acid sites to form a
hydrocarbon pool (MAHs, naphthalenes, olefins and PAHs), first proposed for biomass CFP by
Cheng et al.32 Members of the hydrocarbon pool can react to form alkylated or oligomeric
products, when the pyrolysis environment is sufficiently hydrogen-rich. In addition, Zhang et al.33
have demonstrated that lignin-derived phenols also contribute to the hydrocarbon pool after
undergoing dehydration, cracking, oligomerization and isomerization (RC). Du et al.34 have
proposed that in a hydrogen-deficient environment, mono-aromatic compounds alkylate and
oligomerize over catalyst acid sites to form naphthalenes and PAHs (RD), which further polymerize
to form coke (RE). In addition, French et al.7 have found that the thermal decomposition of lignin
in particular produces high yields of char (RF), compared to cellulose or hemi-cellulose.
Furthermore, secondary char may also originate from reactions of intermediate vapors (R E), as
proposed by Mettler et al.35
In this work, we expanded the pyrolysis reaction network of Wang et al.2 by the addition
of reactions of the hydrocarbon pool with H2. Reactions in Scheme 4-1 that require the presence
of H2 are depicted in blue. The methanation of hydrocarbons and carbon oxides (RG) in a H2-rich
atmosphere is well-known for industrial applications, such as coal utilization.156 Hydrogenation
and partial hydrogenation of aromatics (RH) is also a common reaction, which takes place in
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refinery hydroprocessing units, particularly over NiMo and CoMo catalysts.157,158 Finally, Zhao et
al.159 and Shin et al.160 have shown that phenols can undergo hydrogenation of their aromatic ring,
followed by subsequent dehydration and removal of the alcohol group (RI).

Scheme 4-1. Proposed reaction mechanism of biomass catalytic fast pyrolysis adopted from
Wang et al.2 Reactions in which hydrogen participate are outlined in blue. Products directly
observed from the analysis in this study are highlighted in green. Primary cellulosic products
may undergo either dehydration, decarbonylation, and decarboxylation (RA) or deoxygenation,
condensation and oligomerization (RB) to form an aromatic hydrocarbon pool. Lignin derived
phenolics may undergo either dehydration, oligomerization and aromatization (RC) to form
members of the hydrocarbon pool, dehydration and condensation (RF) to form coke and char, or
direct hydrogenation followed by dehydration to form alkanes (RI). MAHs in the hydrocarbon
pool undergo alkylation and oligomerization (RD) to form higher order aromatics, followed by
polymerization to form coke and char (RE). Additionally, substituents of the hydrocarbon pool
may undergo methanation to form CH4 (RG), or be hydrogenated to form saturated alkanes or
partially-saturated aromatics (RH).
All compounds in Scheme 4-1 directly observed as products in this study are boxed in
green. The bio-oil generated from pyrolysis with all catalysts was principally made up of MAHs,
primarily formed via decarbonylation, decarboxylation and dehydration (RA,RB,RC). An excellent
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indicator of catalytic deoxygenation pathway is the CO/CO2 ratio,161 which maps to the relative
extent of decarbonylation/decarboxylation products in the permanent gas. At low pressure, the
CO/CO2 ratio was high (>1), indicating decarbonylation of furanics and phenols to form MAHs
was dominant. As pressure increased, this ratio approached unity. Increasing the Ni loading at
higher pressures also led to lower CO/CO2 ratio. From this analysis, it can be concluded that the
combination of Ni and high pressure enhances selective decarboxylation over decarbonylation as
the primary deoxygenation mechanism of cellulose-derived products (RA,RB).
In a H2-rich environment, particularly at higher pressure, low yields of carbon oxides or
liquid oxygenates were observed. This leads us to conclude that H2 enhances the dehydration of
intermediate oxygenates to form water, becoming the dominant deoxygenation pathway leading
to MAH formation.
MAHs and olefins in the hydrocarbon pool undergo alkylation, cyclization and
rearrangement reactions (RD) to form higher molecular weight aromatics, such as naphthalenes
and PAHs.34 Yields to naphthalenes and PAHs drastically decreased as pressure increased.
Additionally, the presence of Ni resulted in formation of fewer naphthalenes and PAHs. However,
the yield to these compounds was unaffected by an increase in pressure during hydropyrolysis.
From these findings, it seems that high pressure and Ni catalyst both prevent alkylation and
cyclization reactions, but the presence of hydrogen preserves the reactions within the hydrocarbon
pool.
At first glance, the reduction of MAHs and naphthalenes at higher Ni loading may appear
to be a result of failure to convert intermediate oxygenate products to aromatics. This situation
could arise due to decreased B.A.S. density of the Ni catalysts determined by Py-IR, or pore
blockage observed from N2 sorption. However, Ni is a dehydrogenating catalyst under inert
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conditions,162 thus it is likely that Ni abstracted much of the hydrogen available to the hydrocarbon
pool, aiding in methanation (RG) and polymerization (RE) reactions. The lack of oxygenates in the
liquid products also support the last claim.
Under inert conditions, no aliphatics or partially saturated hydrocarbons were present in
the liquid products. When hydrogen was introduced, appreciable amounts of cycloalkanes were
formed at atmospheric pressure, and alkanes yield rose steadily as pressure increased. The primary
alkanes formed were cyclohexanes, indicating direct hydrogenation of MAHs (RH) was the
dominant reaction, although some cracked linear alkanes were also present. Increasing Ni loading
only slightly enhanced alkanes formation, indicating that a pressure of 450 psig may not be high
enough to significantly enhance hydrogenation activity.163
At all pressures, hydropyrolysis with the 3%-Ni-ZSM-5 catalyst resulted in higher MAH
yields compared to the parent zeolite, and hydropyrolysis with the 5%-Ni-ZSM-5 catalyst resulted
in lower MAH yields. This can be seen as a demonstration of the interplay between acidity and
Ni+ activity. The hydrogen atmosphere limits dehydrogenation and condensation reactions,
resulting in fewer naphthalenes, and more MAHs. Higher Ni loadings result in higher rates of
methanation (RG), consuming both H2 and the hydrocarbon pool in the process.

Figure 4-10. (A) The relationship between CH4 and aromatics yield over Ni-ZSM-5 catalysts
from biomass catalytic fast pyrolysis (B) The relationship between CH4 and solid yield over NiZSM-5 catalysts from biomass hydropyrolysis.
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Figure 4-10(A) shows the hydrocarbon yield as a function of CH4 yield for the CFP
experiments. Each line on the figure represents a different pressure. The three points in each line
corresponds to the three different Ni loadings (0, 3 and 5 wt.%), while the Ni loading increases
across the x-axis. Thus, the methane yield increased with Ni loading for all conditions tested.
There is a clear linear correlation between hydrocarbon consumption and methanation activity. It
is also clear that at low pressure, methanation reactions (RG) are limited. Moreover, methanation
reactions were extensive during hydropyrolysis, especially in the presence of Ni-ZSM-5 catalysts.
High pressure resulted in exponentially higher CH4 yields. At 450 psig, nearly 40% of the carbon
in the biomass was converted to methane. The hydropyrolysis liquid yield was unchanged with
pressure, but yield to solids decreased substantially, as shown in Figure 4-10(B). This is important
because solid formation leads to catalyst deactivation and reactor plugging. Additionally, the CH4
produced may be reformed to create hydrogen to recycle to the process, as proposed previously.60
In summary, higher hydrogen pressure and Ni loadings greatly enhanced methanation reactions
(RF), while still maintaining the hydrocarbon pool.
Finally, it must be noted that increasing the pressure changes the system hydrodynamics,
specifically by decreasing the velocity of the carrier gas through the reactor. This lowers the
heating rate, increases vapor residence time and limits transport of the reactants to and from
catalyst active sites. Reduction in heating rate is known to lead to greater rates of char formation.76
It is also well-known from the cracking of hydrocarbons that vapor residence time has a substantial
impact on coke/solid yield.164,165 This is the main reason for higher solid yields observed during
CFP, as shown in Figure 4-7(C). Increased residence times enhance conversion of the hydrocarbon
pool to coke and char via polymerization reactions (RE).166 This phenomenon is inversed during
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hydropyrolysis because both pressure and residence time favor hydrogenation reactions of the
solid products or their precursors.
4.5 Conclusions
Ni-ZSM-5 zeolites were prepared, characterized and applied as catalytic fast pyrolysis and
hydropyrolysis catalysts. The incorporation of Ni increased catalyst Lewis acidity, with the
majority of Ni cations present in the 1+ charge state. Higher Ni loadings resulted in loss of catalyst
surface area, lower B.A.S. density and higher amounts of L.A.S.
The Ni-incorporated materials were effective fast pyrolysis catalysts. CFP with NiO-ZSM5 (in the oxide state) produced about the same MAH yields as the parent ZSM-5, and higher yields
to oxygenates, particularly phenols and CO2. CFP with the catalyst in the reduced form led to fewer
aromatics (MAHs and PAHs), due to the dehydrogenating activity of the Ni sites. CFP with both
the oxidized and reduced Ni-ZSM-5 catalysts resulted in higher gas yields and lower solid yields
compared to the parent ZSM-5.
The reduced form of the catalyst was further studied to determine the effects of pressure
on the fast pyrolysis and hydropyrolysis of miscanthus. Higher pyrolysis pressures led to lower
bio-oil yields and higher selectivity to solid products. The formation of heavier compounds, such
as naphthalenes and PAHs via alkylation and condensation was suppressed as pressure increased.
Finally, decarboxylation was favored over decarbonylation at higher pressures and Ni loading.
The presence of hydrogen did not significantly affect the product distribution at
atmospheric pressure. At high pressures, hydrogenated products were observed, particularly over
the Ni impregnated catalysts. Methanation reactions became very dominant at high pressures and
with the Ni catalysts, for which CH4 carbon yield reached a maximum of 40 mol%. A concomitant
decrease in solid product selectivity was observed at higher hydrogen pressure. In summary, as
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hydrogen pressure increased, methanation competed with the solid formation reactions.
Hydropyrolysis over Ni catalysts is a promising technology for the thermochemical conversion of
biomass to liquid and gaseous hydrocarbons.
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Chapter 5. Overcoming Thermodynamic Barriers Inherent to Catalytic Fast
Hydropyrolysis of Biomass: Catalysis and Reactor Configurations
Chapter 5 has been adapted with permission from an article published in Energy and Fuels,
2017,167 and an article submitted to Fuel.
5.1 Introduction
There are several pathways for the conversion of lignocellulosic biomass to fuels. Among
them, thermochemical conversion is perhaps the most readily accessible and closest to
commercialization.168,169 Liquid fuel produced from biomass is sustainable, renewable, and near
carbon-neutral.14,17 Moreover, given the recent emphasis on U.S. energy independence, biomass is
a plentiful, local raw material, which can supplement crude oil for hydrocarbon fuel production.
As covered in Chapters 2-4, catalytic fast pyrolysis (CFP) of biomass to generate liquid
bio-oil is a recent and promising process, which has been extensively studied in the
literature.7,170,171 CFP is attractive due to the simplicity of the technology, feedstock flexibility and
availability, and compatibility with the current refinery infrastructure.12 However, critical
challenges to biomass CFP implementation include low bio-oil quality and heating value, in
addition to catalyst coking and high char yields. All of these issues are intensified by the hydrogen
deficient reaction environment characteristic of CFP. One silver lining of the natural gas boom is
the availability of inexpensive hydrogen,172 which can be integrated into the biomass pyrolysis
reactor in a process known as hydropyrolysis (HP).
To illustrate the stages of the pyrolysis and upgrading process, Figure 5-1 presents a Van
Krevelen diagram of the relative oxygen, hydrogen and carbon contents of each component during
the thermochemical transformation of biomass to fuels. Raw biomass is rich in oxygen, some of
which is removed as water, CO and CO2 after pyrolysis alone.3 The bio-oil may then be upgraded
over an acid catalyst to form a more stable blend of aromatic hydrocarbons and low levels of
oxygenates.85 However, due to the hydrogen depleted environment during pyrolysis, even the
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most deoxygenated bio-oil has an atomic H:C ratio of about 1, which more closely resembles the
H:C ratio of coal, rather than a typical petroleum blend. Hydrodeoxygenation (HDO) must be
performed on the upgraded bio-oil to improve higher heating value (HHV), remove remaining
oxygen heteroatoms and bring the total H:C ratio closer to 1.75.4 Supported NiMo and CoMo,47,173
transition and precious metals,130,174 and supported bi-metallics175 have been shown to be effective
hydrogenation/deoxygenation catalysts. Nevertheless, substantial work is still necessary to
maximize HDO catalyst effectiveness, reduce process energy intensity and limit overall hydrogen
consumption.40 In this chapter, we will explore the feasibility of catalytic fast hydropyrolysis
(CFHP) as a means to circumvent this cycle, and produce high returns of renewable alkanes and
aromatics from lignocellulosic biomass in a single- or two- step catalytic process.

Figure 5-1. Van Krevelen diagram illustrating the relative hydrogen, carbon and oxygen
contents of each step of the transformation of biomass to fuels via catalytic pyrolysis. All bio-oil
atomic calculations are on a dry-basis. Raw bio-oil calculation from Bridgwater et al.,3 Upgraded
bio-oil calculated from bio-oil produced by CFP in Chapter 3, gasoline product calculation from
Morvay and Gvozdenac.4
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Biomass Hydropyrolysis (HP) is the thermochemical conversion of biomass in a hydrogen
environment at intermediate pressure and high temperature, typically around 20 - 30 bar and 400
- 600 °C, respectively.60 Under HP conditions, biomass components break down to form volatile
products, solid char and permanent gas. The addition of hydrogen to the pyrolysis reaction network
removes reactive free radicals formed in the initial stages of devolatilization,59 increases carbon
efficiency by eliminating oxygen as water, as opposed to CO or CO2, and decreases rates of char
formation by inhibiting polymerization reactions.60 CFHP is HP performed at high heating rates
and in the presence of an upgrading catalyst that promotes HDO reactions.137 The high heating
rates prevent secondary cracking of intermediate liquid oxygenates,18 while materials such as
supported NiMo, CoMo and transition metals promote HDO reactions.36,154,176 HP is rapidly
developing into a promising process, with very high yields to hydrocarbons having already been
demonstrated.140 Furthermore, the process economics of HP have been shown to be about as
favorable as other biomass to fuels processes.138
One of the primary tools for studying CFHP catalysis and operating conditions is pyrolysis
gas chromatography (PyGC).59,141,142,177 The PyGC technique is commonly applied for rapid
screening of catalysts and process conditions, such as the effects of pyrolysis atmosphere,
temperature, and pressure.143 Thangalazhy-Gopakumar et al.142,153 have performed CFHP of pine
at 650 °C and 28 bar in a PyGC unit over various metal-ZSM-5 catalysts. They showed that ZSM5 is effective for deoxygenation, but no hydrogenated products were observed from CFHP with
any of the metal-impregnated catalysts tested. Melligan et al.59,141 performed hydropyrolysis of
miscanthus at 600 °C, followed by second-stage upgrading in a low temperature fixed-bed reactor
over Ni-ZSM-5 catalyst. They found that alkane yields and selectivity increase at higher hydrogen
pressure. Jan et al.177 studied both single-stage lignin CFHP and hydropyrolysis followed by
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second-stage hydrotreating using Pd-ZSM-5 catalyst. It was concluded that alkane formation is
thermodynamically unfavorable during single-stage CFHP, and ex-situ upgrading was necessary.
While catalysis for conventional pyrolysis of biomass has been extensively
studied,3,20,178,179 CFHP technology remains undeveloped, only receiving major attention within
the past five years.59,60,139–141,180 While there are many parallels between CFP and CFHP of
biomass,153 the catalyst effect may be different, due to the addition of hydrogen to the reaction
network. For instance, the inclusion of Ni on a ZSM-5 catalyst during conventional CFP has been
shown to increase aromatic yields.132 However, Chapter 4 has demonstrated that CFHP with a
similar Ni-ZSM-5 catalyst reduced aromatics, but produced very high CH4 and lower solid
yields.125 Due to the newly-established interest in CFHP and possible discrepancies with CFP,
there is a gap in the literature regarding the effects of support porosity, acidity and impregnated
metal species on the CFHP product distribution.
The goal of this chapter is to understand the factors that drive CFHP product selectivity towards
true ‘drop-in’ fuel compounds, consisting of a blend of aliphatic and aromatic hydrocarbons. The
first objective is to understand the role of catalyst acidity, pore structure and support on aromatic
and alkane formation during CFHP. Then, the effects of reaction pressure and temperature are
systematically explored by performing CFHP of anisole, a common bio-oil model compound.181
at a range of operating conditions. The thermodynamic barrier for hydrogenation in the context of
CFHP vapor upgrading is discussed. Finally, two process modifications to overcome these barriers
are proposed and tested: (1) reduction of CFHP heating rate and (2) CFHP followed by secondstage hydroprocessing (SH).

91

5.2 Methods
5.2.1 Material Preparation and Characterization
Each support material is presented in Table 5-1, along with the relevant physicochemical
properties. Here, a support is defined as the substrate upon which a metal is loaded, and includes
SiO2, Al2O3, zeolite ZSM-5 and mesoporous ZSM-5. All supports were calcined at 550 °C for 6
hr in air prior to use. ZSM-5 zeolites with three different acid site densities were chosen to
determine the effects of support acidity; ZSM-5(23), ZSM-5(30) and ZSM-5(80), where the
number in parentheses designates the ratio of SiO2 to Al2O3. Mesoporous ZSM-5 (mZSM-5(80))
was created by desilication of the ZSM-5(80) material, using the mild desilication treatment
described in Chapter 3.
Approximately 4 wt.% Ni was impregnated on all aforementioned calcined supports via
the incipient wetness technique using Ni(NO3)2●6H2O (Sigma-Aldrich), followed by drying at 80
°C for 12 hr, then calcination in air at 550 °C for 6 hr. The bulk Ni loading was determined by
inductively coupled plasma optical emission spectroscopy (ICP-OES), and is shown in Table 1.
To determine how the transition metal species affect the CFHP reaction network, Ni, Ru
and Pd were impregnated on the ZSM-5(80) material. Impregnation was performed using the
corresponding nitrate solution, while drying and calcination were performed as described above.
All metal-loaded catalysts were reduced prior to use in pure H2 at 450 °C for 4 hr. The bulk loading
of Ni-ZSM-5(80), Ru-ZSM-5(80) and Pd-ZSM-5(80), measured by ICP-OES was 9.54 wt. %, 6.13
wt.% and 7.02 wt.%, respectively.
Surface area and pore volume were determined by analysis of N2 sorption isotherms,
gathered at 77 K using a Micromeritics ASAP2020 Physisorption Analyzer. The support acidity
was measured by pyridine titration monitored by diffuse reflectance infrared Fourier transform
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spectroscopy (DRIFTS). Brønsted and Lewis acid site densities were determined by integrating
the peaks at 1550 cm-1 and 1450 cm-1, respectively, and quantified using extinction coefficients
provided by Emeis.118
Table 5-1. Support supplier, physicochemical properties, acidity and Ni loading of each catalyst
used in Chapter 5.
Total
External
Total
Brønsted
Lewis
SiO2/
Ni
Vmicro²
Surface Surface
Pore
Material
Supplier
Acidity3 Acidity3 Al2O3 Loading5
Area¹
Area²
Volume
Ratio4
(m²/g)

(m²/g)

(cm³/g)

(cm³/g)

(µmol/g)

(µmol/g)

wt. %

ZSM-5(80)

Zeolyst

419

126

0.25

0.14

201

65

80

4.42

ZSM-5(30)

Zeolyst

389

138

0.31

0.12

305

45

30

3.93

ZSM-5(23)

Zeolyst

402

90

0.27

0.14

467

46

23

4.51

SiO2

SigmaAldrich

5

3

0.02

-

-

-

-

4.05

Al2O3

W.R. Grace

158

24

0.44

-

-

78

-

4.54

-

456

229

0.32

0.10

192

12

72.55

4.44

mZSM-5(80)

¹ BET Method, ² t-plot method, ³Pyridine-DRIFTS, 4From Supplier, 5ICP-OES
5.2.2 Catalytic Hydropyrolysis of Anisole and Miscanthus
All CFHP experiments were performed in a PyGC unit (CDS Analytical 5200HP). Scheme
5-1 shows a schematic of the PyGC system. Pyrolysis and upgrading reactions occurred in a quartz
tube microreactor (1.9 mm I.D., 25 mm length), and/or a downstream fixed-bed reactor (3.5 mm
I.D., 85 mm usable length). Ar (UHP 300, Airgas) was used as the purge gas for all experiments.
Pressure was maintained by a back-pressure regulator downstream of the pyrolysis interface,
which was adjusted to the desired operating pressure +/- 0.2 bar prior to the experiment. Carrier
gas flow rate was monitored by a flowmeter placed at the outlet of the unit. The microreactor
heating rate set-point was 999 °C/s, unless specified otherwise. All lines were maintained at 300
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°C to prevent condensation of pyrolysis vapors. Condensable products were captured on a cold
adsorption column (Tenax, Dow Chemical), and permanent gas travelled through the unit outlet to
an online mass spectrometer (MS).
In order to study the effects of CFHP operating temperature and pressure, anisole (99%
purity, Sigma-Aldrich) was employed as a bio-oil model compound. Anisole is an ideal choice for
model compound due to the moderate volatility and the presence of a methoxy group (-OCH3),
common in lignin-derived phenols.182–184 Anisole is a frequently studied bio-oil model
compound.185 For these experiments, 10 mg of 4%-Ni-ZSM-5 catalyst was loaded into the
downstream fixed-bed reactor, held in place by two slugs of quartz wool. Catalyst was reduced insitu for 30 minutes at 450 °C in pure hydrogen (Airgas, UHP300). The system was then purged
with Ar, and the reactor was brought to the operating temperature and pressure dictated by the
experiment. Exactly 0.8 µL of anisole was injected into a bead of quartz wool placed inside the
quartz microreactor, using a GC syringe. The loaded microreactor was placed in the resistivelyheated coil probe, and then quickly inserted into the pyrolysis interface. The system was purged
with hydrogen for 5 minutes, followed by heating of the interface and probe to 300 °C to vaporize
the anisole (boiling point of 154 °C). Anisole was transported by the hydrogen to the fixed-bed
reactor (flow rate of 110 +/- 5 sccm), and the reactor effluent was swept to the cold trap. The gas
hourly space velocity (GHSV) was approximately 520,000 h-1. Gas and liquid products were
analyzed using the methods outlined below. For simplicity, the total conversion for anisole CFHP
was defined as the sum of the mass yields of GC detectable liquid compounds, CO, CO2 and CH4.
Spent catalyst was tested for coke deposition using temperature programmed oxidation (TPO) in
a Netzsch STA 449 F3 Jupiter thermal analyzer, but no discernable levels of coke were formed on
the catalyst, and as such solid yield was not quantified.
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Scheme 5-1. Pyrolysis gas chromatography system. Pyrolysis and upgrading reactions take place
in the quartz tube microreactor and/or downstream fixed-bed reactor.
As with previous chapters, Miscanthus x giganteus was chosen as the biomass of interest.
For all CFHP experiments, biomass and catalyst were physically mixed together at a C/B ratio of
5:1. Exactly 5 mg of biomass/catalyst mixture was loaded into a quartz tube microreactor and held
in place by two slugs of quartz wool. The microreactor was placed in the resistively-heated
platinum probe, which was inserted into the pyrolysis interface. After the system was purged and
pressurized, hydrogen was fed to the interface, via the reactive gas port, at a flow rate of 110 sccm
+/- 5 sccm. The system was purged with hydrogen for 5 minutes prior to pyrolysis, to allow the
system to stabilize. All miscanthus CFHP experiments were performed at a pressure of 31 bar, and
at a pyrolysis temperature set-point of 600 °C for a duration of 20 s. CFHP followed by secondstage hydroprocessing (SH) was performed in a similar manner to the methods outlined above,
however, biomass and specified catalyst (C/B ratio of 5:1) were the contents of the microreactor,
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and 30 mg of 4%-Ni-SiO2 was loaded into the fixed-bed reactor, as shown in Scheme 5-1. CFHP
was performed at a set-point of 600 °C in the microreactor, and second stage upgrading was
performed at 300 °C in the fixed-bed. Catalyst reduction was performed in-situ using the protocols
outlined above.
The GC method and product quantification was the same as for previous chapters. The GC
method was the same for anisole and miscanthus CFHP experiments, with the exception that the
GC-MS filament was turned off during elution of the anisole peak to avoid saturation of the
detector. Only CFHP experiments with a carbon balance >90 mol% were accepted. For anisole
hydropyrolysis, a single condition (T = 300 °C, P = 31 bar) was chosen for replication and
calculation of error. All miscanthus CFHP experiments were performed in at least triplicate to
ensure precision, and the standard deviation of these experiments was used to quantify uncertainty.
5.2.3 Modeling Anisole Hydropyrolysis in Aspen Plus
Aspen Plus V8.8 was used to determine the thermodynamic favorability of products formed
from CFHP of anisole. An RGibbs reactor module was used for this process, with the following
components present in the system: anisole, CO, CO2, toluene, cyclohexane, phenol, water, and
hydrogen. CH4 was purposefully excluded from the system, as the presence of CH4 resulted in
100% conversion to CH4, thereby excluding the information of interest. A parameter sensitivity
analysis was performed to determine the effects of reactor temperature and pressure on the
thermodynamically favorable product distribution from anisole CFHP.
5.3 Results
5.3.1 The Effects of Metals on CFHP of Miscanthus
Transition metal catalysts are often cited as a requirement for efficient hydrogenation and
HDO processes.154,181,186 Ni is an attractive metal for HDO due to high availability and catalytic
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activity for hydrogenation and dehydration reactions.132,187 Thangalazhy-gopakumar et al.142 have
shown that Ni on ZSM-5 slightly improves aromatic yield during CFHP of Pine, however no
alkanes were observed in the pyrolysis products. Melligan et al.141 have shown that significant
HDO of miscanthus pyrolysis vapors is achievable, using a similar Ni-ZSM-5 catalyst, when the
hydrogenation is carried out in a secondary fixed-bed reactor operated at 300 °C. Ru and Pd are
effective HDO catalysts, which are active for hydrogenation reactions.188 Jan et al.177 have shown
that Pd impregnated on ZSM-5 improves CFHP aromatic yield, due to the substantial synergistic
effect between Pd and ZSM-5, leading to enhancement of deoxygenation reactions.
Venkatakrishnan et al.139 observed that Ru is an active methanation and C-C cleavage catalyst,
resulting in higher permanent gas and lower volatile product yields. Below, we compare the
volatiles produced from CFHP of miscanthus with 9.5 wt.% Ni-ZSM-5, 6.1 wt.% Ru-ZSM-5 and
7.0 wt.% Pd-ZSM-5. Furthermore, the solid and permanent gas product distribution has been
included in the present analysis, which further elucidates reaction pathways enhanced by each
metal.

Figure 5-2. Volatile product distribution from CFHP of miscanthus with Ni, Ru and Pd
impregnated ZSM-5. Inset: Permanent gas and solid yields from CFHP using these catalysts.
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Figure 5-2 shows the product distribution from CFHP of miscanthus over Ni, Ru and Pd
impregnated on ZSM-5(80). CFHP with ZSM-5(80), Ni-ZSM-5(80) and Pd-ZSM-5(80) all
produced approximately equivalent amounts of alkanes, while Ru-ZSM-5(80) produced negligible
alkane yields. CFHP with the Ni-ZSM-5(80) and Ru-ZSM-5(80) catalysts produced 25% fewer
MAHs than the parent ZSM-5(80), while the Pd-ZSM-5(80) performed comparably to the ZSM5(80) in MAH production. Fewer naphthalenes, more phenols and limited PAHs were produced
over the metal-impregnated ZSM-5 catalysts, compared to the parent ZSM-5.
The inset of Figure 6 shows the solid and permanent gas product distribution from CFHP
of miscanthus with the parent and metal-impregnated catalysts. CFHP with all metal-impregnated
catalysts produced lower solid yields, compared to the ZSM-5(80). Of the metal-impregnated
catalysts, Ru-ZSM-5(80) produced the least solids, and Pd-ZSM-5(80) produced the most.
Interestingly, Pd-ZSM-5(80) did not exhibit significant methanation activity, favoring CO
production instead. CFHP with Ni-ZSM-5(80) and Ru-ZSM-5(80) produced high yields of CH4
and lower CO and CO2 yields.
To summarize, CFHP with Pd-ZSM-5(80) resulted in improved aromatic and CO yields,
compared to CFHP with ZSM-5(80), which is consistent with previous literature.177 Carbon loss
to CH4 was not evident during CFHP with Pd-ZSM-5(80). It is important to point out that the metal
loading varied between 9.15 wt.% and 6.13 wt.% between Ni-, Pd- and Ru- ZSM-5(80). It is very
difficult to achieve the exact same amount of metal loading for a number of reasons, including
experimental error and, effect of individual metal species. However, we believe that the variations
in the product distribution are more likely a result of the different metal species than deviations in
metal loading. Application of Ni- and Ru-ZSM-5 catalysts resulted in significant methanation and
decreased aromatic yields, indicating C-C bond cleavage and methanation.
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5.3.2 The Effects of Support Porosity, Acidity and Composition on CFHP of Miscanthus
The objective of this portion is to elucidate the effects of catalyst properties on the product
distribution from CFHP of biomass. Figure 5-3 is a compilation of radar plots which clearly
summarizes the effects of catalyst properties on product formation during CFHP. The axes of the
plots are carbon yields to traditionally desirable products, including alkanes, MAHs and CH4, and
traditionally undesirable products comprising solids, CO and naphthalenes. The top three plots
represent the product distribution of CFHP with the SiO2, Al2O3 and ZSM-5(80). The second row
of Figure 5-3 shows the effects of ZSM-5 acidity and mesoporosity, and the last row shows the
distribution of CFHP products formed with Ni, Ru and Pd impregnated on ZSM-5(80), presented
in Figure 5-2. The lighter shaded area of each plot at the top of Figure 5-3 represents the product
distribution of CFHP with the aforementioned supports impregnated with about 4 wt.% Ni, as
indicated by Table 5-1.
Few alkanes were produced by CFHP with any of the catalysts studied here, which was
unexpected considering that the metal species were selected for hydrogenation capability.
Additionally, increasing Ni loading from 4.4 wt.% to 9.5 wt.% did not enhance hydrogenation of
aromatics to alkanes. From Figure 5-3, CFHP with the 4%-Ni-SiO2 produced the most alkanes,
with an average carbon yield of 5.7 mol%. This indicates that Ni is a suitable metal to catalyze
hydrogenation of pyrolysis vapors. Increased support Brønsted acidity was found to decrease
alkane formation, while increased metal loading and catalyst mesoporosity did not increase alkane
yields.
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Figure 5-3. Radar plots summarizing the yields to desirable and undesirable products from
CFHP of miscanthus with each catalyst studied in Chapter 5. Reaction conditions: Temperature:
600 °C, Pressure: 450 psi, C/B ratio: 5:1, Atmosphere: 100% H2.
MAH production has been the focus of many biomass-to-fuels studies,26,133,189 and they
remain a desirable product from biomass conversion, given their prevalence as platform chemicals
and high-octane gasoline components. MAHs were the primary product produced with all ZSM-5
based catalysts, but were almost completely absent from the volatiles produced by CFHP with
SiO2 and Al2O3, indicating that catalyst acidity is necessary for the conversion of intermediate
oxygenates to MAHs. However, excessive acidity is also detrimental to MAH formation, as MAH
carbon yield decreased from CFHP with the ZSM-5(30) and ZSM-5(23), compared to the ZSM5(80). MAH yields increased for CFHP with both the mZSM-5(80) and Pd-ZSM-5 materials,
compared to the ZSM-5(80). The former could be explained by the increased access to catalyst
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active sites due to the presence of mesopores, as shown in Chapter 3,108 and the latter could be
explained by the excellent aromatization and decarbonylation properties of Pd.35
Higher order aromatics, such as naphthalenes and PAHs, are typically regarded as
undesirable products from biomass conversion. PAHs, in particular, condense in transfer lines and
lead to catalyst deactivation, due to pore blockage.190 Moreover, many proposed mechanisms of
coke formation in ZSM-5 include PAHs as final precursor compounds to coke.34 Naphthalenes
and PAHs were most prevalent over the more acidic catalysts, which is not surprising, given that
these compounds are often formed from Brønsted acid catalyzed cyclization and polymerization
of MAHs.81 Along the same lines, reduced naphthalenes and PAH yields were observed over the
metal-impregnated catalysts compared to the corresponding parent catalysts, consistent with the
fact that metal incorporation reduces catalyst Brønsted acidity possibly due to ion-exchange and
pore blockage.56
Carbon loss to solids is considered the least desirable product from biomass
thermochemical conversion. Solid formation reduces the overall carbon efficiency, and is
responsible for catalyst deactivation.24 The most solids were formed from CFHP with the SiO2 and
Al2O3 supports, while impregnation of metals reduced solid yield. In the case of Ni and Ru, the
primary gas formed was CH4, indicating methanation of the solid char. One interesting result, with
regards to solid formation, is the decreased coke and char yield over the most acidic catalysts. Char
formation reactions are complex, and highly dependent on heating rate and reaction temperature.19
Cellulose, hemi-cellulose and lignin fragment at high heating rate and temperature to form
anhydrosugars, furans and other oxygenates (char precursors), which may then form char via
polycondensation108 and dehydration24 reactions. Decreased char formation with the more acidic
zeolites could be a result of more extensive acid-catalyzed decarbonylation and aromatization of
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the anhydrosugars, furans and other oxygenates to form aromatics and carbon oxides prior to
undergoing these secondary polycondensation reactions. This is supported by higher naphthalenes,
PAHs and CO yields observed from CFHP with the ZSM-5(23) and ZSM-5(30) materials,
compared to ZSM-5(80). Higher rates of coke formation, which also contribute to solid yields,
would also be expected over the more acidic catalysts.191 However, the high pressure hydrogen
atmosphere may keep the hydrocarbon pool active by reducing the number of free radicals, and
consequently inhibiting coke formation.12,32 In summary, acidity is essential for the reduction of
solid yield, and significantly lower solid yields were observed from the metal-incorporated and
mesoporous catalysts.
To summarize, a variety of supports and metal-impregnated catalysts were prepared and
tested for CFHP of biomass to determine the effects of properties such as acidity, porosity and
metals on the CFHP product distribution. CFHP with SiO2 and Al2O3 produced high solid and low
volatile product yields, demonstrating that an acidic support, such as ZSM-5 is a requirement for
the production of hydrocarbons. Impregnation of 4 wt.% Ni on all supports significantly shifted
the product selectivity from solids to permanent gas, specifically CH4. Increased ZSM-5 acidity
resulted in fewer MAHs and solids, but increased yields to naphthalenes, PAHs and carbon oxides.
Mesoporous ZSM-5 support slightly improved MAH yield and reduced solid yield. CFHP with
Pd-ZSM-5 produced more aromatics, CO and solids, and less CH4 compared to the Ru and Ni
catalysts.
From the results of this section, several factors should be considered when designing a
catalyst for CFHP of biomass. Catalyst acidity is essential for oxygen removal from CFHP vapors,
but excessive catalyst acidity results in polymerization reactions and coke formation. Thus, a ZSM5 with a SAR of 80 was the most appropriate support under the conditions tested. Moreover, Ni-
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SiO2 produced the greatest yield to alkanes, indicating that this material has high hydrogenation
activity. Ni supported on ZSM-5(80) and SiO2 were chosen as the catalysts for study in the
Sections 5.3.3 and 5.3.4.
5.3.3 Catalytic Fast Hydropyrolysis of Anisole
The majority of work on CFHP has focused on improving CFHP bio-oil yield and quality
by varying operating pressure (Chapter 4) and catalyst type (Sections 5.3.1 and 5.3.2). From Figure
5-3, At high temperature and pressure, CFHP favored the formation of aromatics and CH4, while
very low solid yield (20 mol% C) and alkane yield (2.5 mol% C) were observed. The acid function
of the zeolite cracked intermediate products and promoted decarbonylation and decarboxylation
reactions, whereas the Ni enhanced methanation of solids. Further work focused on catalyst
support and metal species selection.
The results from Section 5.3.2 of this chapter raise several important research questions:
(1) Alkanes yield was minimal, below 2.5 mol% C, despite the very active hydrogenation
catalyst present. Why was alkane yield so minimal? What factors can be changed to
drive product selectivity towards a more realistic drop-in fuel with a H:C ratio closer
to 1.75?
(2) CH4 yield was very high, above 40 mol% C. Any carbon and hydrogen loss to CH4 is
potentially undesirable, as it takes away valuable carbon and process hydrogen from
the fuel. The primary goal of CFHP is to produce environmentally-friendly fuel, but
CH4 formation diminishes the carbon return in the bio-fuel. What variables affect the
production of CH4?
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(3) Should CH4 remain as a product, it could potentially be reformed to form syngas, and
then undergo water-gas shift to form the hydrogen required for the process. What is the
hydrogen balance of the entire process, and is there enough recyclable CH4 formed to
make the entire process potentially hydrogen neutral?
In order to address these questions, we studied the CFHP of anisole, a biomass model compound.
The use of a model compound simplifies reaction pathways and product analysis, which allows
for a more robust approach to understand the effects of process variables. This section focuses on
the effects of temperature and pressure during the CFHP of anisole to help answer the above
research questions.
In order to thoroughly understand kinetic and thermodynamic limitations during CFHP,
anisole CFHP was performed in a fixed-bed reactor over 4%-Ni-ZSM-5 catalyst. Anisole is a
common biomass model compound,192–195 because it contains two of the primary functional groups
found in bio-oil derived from lignin – an aromatic ring with an ether linkage,193 thus both
hydrogenation and deoxygenation reaction pathways can be studied. CFHP temperature and
pressure were systematically studied. Temperature was varied between 300 and 500 °C at a
constant hydrogen pressure of 450 psi, and hydrogen pressure was varied between 2 psi and 450
psi at a constant reactor temperature of 300 °C.
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Figure 5-4. Overall conversion (■) and product selectivity to phenols, alkanes, aromatics, CH4
and CO as a function of (A) HP temperature and (B) HP pressure. Reaction Conditions: 10 mg
catalyst loading, 520000 h-1 GHSV, 4%-Ni-ZSM-5 catalyst.
Figure 5-4(A) shows the conversion of anisole (as defined above) and selectivity to
alkanes, aromatics, phenols, CH4, and CO as a function of reaction temperature over 4%-Ni-ZSM5 at a constant pressure of 450 psi in pure hydrogen. Anisole conversion increased exponentially
as temperature increased, and a maximum conversion of approximately 45 wt.% was observed at
500 °C. At 300 °C, about one third of the products were alkanes, primarily cyclohexane, methylcyclohexane, and methylcyclopentane, in addition to a few linear hexanes. Another third of the
product was CH4 and the remaining third was primarily CO. Some phenol and alkyl phenols were
detected, and the remaining products were alkyl-methoxybenzenes, produced by methyl transfer
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from the alkoxy group of one anisole to the aromatic ring of another.192 Aromatics made up a small
percentage of the products at low temperature. When temperature increased to 350 °C, alkane
selectivity dropped, while phenols, aromatics and CH4 selectivity all increased. At 400 °C the
selectivity to aromatics, primarily benzene and toluene, reached a maximum. CH4 was the
dominant product at 500 °C, totaling nearly 75% selectivity. CO selectivity dropped as temperature
increased. TPO performed on spent catalyst revealed little or no coking over the range of
temperature tested.
Figure 5-4(B) shows the effects of pressure on the conversion and product selectivity from
anisole CFHP at a constant temperature of 300 °C. Overall conversion was slightly increased with
an increase in reaction pressure from 20 psi to 450 psi. At 20 psi, the products were primarily
aromatics, CH4 and CO. Significant levels of phenols and methyl-methoxybenzenes were also
observed at low pressure. Very few aliphatic hydrocarbons were observed at low pressure. As
pressure increased, aromatic and phenol selectivity dropped dramatically, while alkane, CO and
CH4 selectivity increased. At this point, it is unclear whether the diverse product distributions
observed from Figures 5-4(A-B) are the result of slow kinetics, due to the high GHSV and low
residence time at low pressure, or differences in thermodynamic product favorability.
Anisole CFHP product thermodynamic favorability was assessed using an RGibbs reactor
block in Aspen Plus V8.8. Anisole was fed to the reactor in excess of hydrogen, and the reaction
proceeded to thermodynamic completion, determined by a minimum in Gibbs free energy. Figure
5-5 shows a comparison between the Aspen-predicted alkane/aromatic ratio and the
experimentally determined alkane/aromatic ratio from Figures 5-4(A-B), as a function of both
reactor temperature and pressure. Both the Aspen simulated data and experimental data follow the
same trends, namely: alkane/aromatic ratio decreases with increasing temperature and
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alkane/aromatic ratio increases with increasing reaction pressure. Discrepancies in the absolute
number are due to the presence of other components in the experimental system, such as
methoxybenzenes and CH4.
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Figure 5-5. Comparison of alkane to aromatic ratio from anisole conversion in an Aspen RGibbs
reactor simulation and the experimental data as a function of reaction (A) temperature and (B)
pressure.
The comparison in Figure 5-5 confirms that the product distribution is dictated by
thermodynamic favorability. Jan et al.177 were the first to propose that hydrogenation reactions
occurring during CFHP may be thermodynamically limited. They found the equilibrium constants
(Kc) for complete hydrogenation of benzene, toluene and xylene, and determined that the reaction
becomes thermodynamically unfavorable (log(Kc) < 0) at around 300 °C. We have taken this work
one step further, and calculated Kc as a function of temperature for four model reactions, presented
in Scheme 5-2, as determined from the products specific to anisole conversion.
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Scheme 5-2. Proposed model reactions occurring during anisole hydropyrolysis: (R1)
demethoxylation, (R2) hydrodeoxygenation, (R3) dehydration and (R4) methanation.

Standard Gibbs energy and enthalpy, along with heat capacity coefficients for each reactant
and product were gathered from Perry’s Chemical Engineers’ Handbook, 8th Edition.196 For each
reaction, Kc at standard temperature and pressure was calculated using Equation (1).
𝐾𝑐 = exp (−

∆𝐺𝑟𝑥𝑛
𝑅𝑇

)

(1)

The equilibrium constant was then calculated as a function of temperature using Equation (2), and
298 K as the standard reference temperature.

𝐾𝑐 (𝑇) = 𝐾𝐶 (𝑇1 ) exp (

∆𝐻𝑟𝑥𝑛
𝑅

1

1

(𝑇 − 𝑇))
1

(2)

The enthalpy of reaction (ΔHrxn) was calculated as the difference between the enthalpy (Hi) of
formation of products and reactants. Hi of each individual component was corrected for changes
in heat capacity, Cp, according to Equation (3):197
𝑇

𝐻𝑖 (𝑇) = 𝐻𝑖 (𝑇1 ) + ∫𝑇 𝐶𝑃,𝑖 (𝑇 ′ )𝑑𝑇′
𝑖

where Cp is given by
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(3)

2

𝐶𝑃 (𝑇) = 𝐶1 + 𝐶2 (

𝐶3
𝑇𝑠𝑖𝑛ℎ(

𝐶3
)
𝑇

2

) + 𝐶4 (

𝐶5
𝑇𝑐𝑜𝑠ℎ(

𝐶5
)
𝑇

) ,

(4)

and C1-C5 were component specific empirical parameters provided by Perry’s handbook,196 where
𝐶3

𝐶5

∫ 𝐶𝑝,𝑖 (𝑇)𝑑𝑇 = 𝐶1𝑇 + 𝐶2𝐶3 coth ( 𝑇 ) − 𝐶4𝐶5 tanh ( 𝑇 ).

(5)

Kc was calculated for the four reactions outlined in Scheme 5-2. R1 of Scheme 2 represents
demethoxylation of anisole to form phenol, a key intermediate, and CH4. Reaction R2
demonstrates complete hydrodeoxygenation of the methoxy and aromatic groups, to form hexane,
methane and water. R3 represents dehydration of the methoxy group to yield toluene and water.
Finally, reaction R4 is complete methanation of the anisole molecule, where all carbon was
transformed to methane and oxygen was removed as water. Changes in heat capacity as a function
of temperature significantly affected the final values of Kc only at high temperature (>500 °C).
Figure 5-6 shows the logarithm of Kc as a function of temperature for reactions R1-R4.
Higher values of Kc indicate greater thermodynamic favorability for each specific reaction. All
equilibrium constants decrease as temperature increases, due to the exothermic nature of each
reaction. However, Kc of R2 and R4 are stronger functions of temperature, compared to R1 and
R3. Additionally, methanation reaction R4 is clearly favored over R1-R3 at all temperatures, due
to the very favorable Gibbs free energy of reaction products. This is an interesting result, given the
higher methane selectivity observed in Figure 2 at higher temperatures. We believe that the higher
selectivity of methane at higher temperatures is attributed to faster kinetic rates. At low
temperature, hydrodeoxygenation products (R2) are favored over dehydration (R3) and
demethoxylation (R1). This favorability is lost as temperature increases past 350 °C, where
dehydration products (aromatics) become more favorable. This is due to the very high value of
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ΔHrxn resulting from hydrogenation of the aromatic ring, which reduces Kc as temperature
increases.

Figure 5-6. Equilibrium constants (Kc) as a function of temperature for demethoxylation,
hydrodeoxygeantion, dehydration and methanation reactions (R1-R4) outlined in Scheme 5-2.
Many

mechanisms

for

the

HDO

of

anisole

have

recently

been

published.181,182,187,194,195,198,199 However, none distinguish the effects of temperature on the
reaction route. Scheme 3 shows the dependence of the deoxygenation pathway on reaction
temperature, as suggested by Figures 5-5 and 5-6, as well as several other works.159,192,193,199 All
components of Scheme 5-3 were observed as reactants or products in this from anisole CFHP.
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Scheme 5-3. Reaction pathway of anisole hydropyrolysis over Ni-ZSM-5 catalyst. Reaction
labels in parentheses correspond to examples of the specific reactions indicated in Scheme 5-2.
From Scheme 3, anisole may initially undergo acid-catalyzed disproportionation and
alkylation to form methyl-anisole and phenol (RA). This step happens reversibly, and without the
necessity for hydrogen.199 Phenol, a key intermediate, may be formed either from demethoxylation
(RB) or trans-alkylation (RF), both of which are Brønsted acid catalyzed 192. From Figures 5-5 and
5-6, the deoxygenation pathway and products are highly dependent on reaction temperature. At
low temperature, the phenolic ring is hydrogenated (RG) over a Ni site to form cyclohexanol or
cyclohexanone.159,193 These products then undergo rapid dehydration (RH) to form cyclohexanes,
as evidenced by the absence of cyclohexanol or cyclohexanone in the experimental product
distribution. Finally, the resultant cyclohexanes may then isomerize (RI) to form cyclopentanes or
C6-C7 short-chain alkanes.
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At high temperature, phenol deoxygenation may occur either via decarbonylation or
dehydration of the alcohol group (RC), resulting in mono-aromatic hydrocarbons (MAHs). Over a
zeolite catalyst, these MAHs then form the basis of a hydrocarbon pool,34 which at high
temperature may undergo alkylation, cyclization, minor rates of hydrogenation to form
cycloalkanes and polymerization (RD) to form naphthalenes and eventually poly-aromatic
hydrocarbons (PAHs).2 Finally, at high temperature and hydrogen pressure, hydrocarbons undergo
Ni-catalyzed methanation (RE), to produce the high quantities of CH4 observed in Figure 5-4(A).
This section provides the basis to explain the trends observed from the CFHP results in
Figure 5-3 and in previous studies

142,200

. The high temperature at which CFHP was conducted

(set-point of 600 °C) is necessary to efficiently pyrolyze the biomass, but this is not the ideal
temperature for hydrogenation. Solid yields were remarkably reduced during high temperature
CFHP with the Ni-loaded catalyst, but much of the carbon in the biomass was converted to
methane. This is because methanation is very thermodynamically favorable at these conditions.
Few alkanes were present in the bio-oil formed at 600 °C, which is a result of poor thermodynamic
favorability of hydrodeoxygenation products at high temperature.
To summarize, anisole CFHP at low temperature and high pressure resulted in high
selectivity to hexanes, but low overall conversion. As reaction temperature increased hexane
selectivity dropped dramatically, and CH4 became the dominant product. These effects were
shown to be the result of thermodynamic limitations on hydrogenation at high temperature and
low pressure. This can be further explained by the rapid decline in Kc for hydrodeoxygenation
(R2) as a function of reaction temperature, shown in Figure 5-6. Anisole conversion at higher
temperatures also resulted in high selectivity to methane, indicating the system was reaching
thermodynamic equilibrium. This poses a clear challenge for in-situ CFHP of biomass to produce
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a blend of aliphatic and aromatic hydrocarbons. Two strategies to overcome this thermodynamic
obstacle will be discussed in Section 5.3.4.
5.3.4 Choosing Operating Conditions to Overcome Thermodynamic Barriers
The results presented in Section 5.3.3 highlight the challenge of bio-fuel production from
CFHP. Namely, how is alkane yield increased without losing carbon to solids or methane? Here,
two possible solutions to overcome the thermodynamic barriers during CFHP of biomass are
proposed:
(1) Lowered heating rate. Lowering hydropyrolysis heating rate may allow biomass to
volatilize and contact catalyst at a lower temperature, enhancing hydrogenation reactions.
High yield to alkanes and aromatics has been achieved during slow hydropyrolysis at low
temperature.201 Once the temperature reaches the final temperature of 600 °C, the
remaining residue in the microreactor may still undergo Ni catalyzed methanation.
(2) Addition of second-stage hydroprocessing. CFHP of miscanthus with ZSM-5 or 4%-NiZSM-5 catalyst in the microreactor, followed by lower temperature vapor upgrading in a
downstream fixed-bed reactor over the 4%-Ni-SiO2 catalyst. This two-stage technique
may efficiently hydrogenate aromatic products, maintain high bio-oil yields and avoid
sacrificing carbon to methane. This method will be named catalytic fast hydropyrolysis
with second-stage hydroprocessing (CFHP-SH).
5.3.4.1 Effects of Hydropyrolysis Heating Rate
Figure 5-7 shows the product distribution from catalytic hydropyrolysis of miscanthus over
4%-Ni-ZSM-5 catalyst at heating rate set-points of 999, 55, 27.5 and 4 °C/s, at a final temperature
set-point of 600 °C and H2 pressure of 450 psi. The bio-oil formed from catalytic hydropyrolysis
113

at high and low heating rate were similar in composition, namely a mix of alkanes, MAHs and
naphthalenes. The alkanes formed were primarily cyclohexanes, in addition to straight chain
alkanes and decalin. The MAHs were benzene, toluene, xylene and other alkyl-benzenes.
Napthhalenes include methyl- and ethyl- napthalenes. Lowering the heating rate from 999 °C/s to
55 °C/s slightly increased the yields of alkanes and MAHs, and decreased CH4 and naphthalene
yields. Further lowering the heating rate dramatically reduced bio-oil yield, while solid yield
increased significantly. Low bio-oil yields and high solid yields at lower heating rates has been
commonly reported for pyrolysis of biomass under inert atmosphere.22,178 Nonetheless, reduced
heating rate slightly increased alkane and MAH yields, but the sacrifice of bio-oil yield is a
negative consequence. Thus, it can be concluded that the reduction of heating rate is not a viable
method for improving alkane yields. The next section explores the inclusion of a second-stage
fixed-bed reactor, where the hydroprocessing temperature can be controlled independently from
the pyrolysis temperature.
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Figure 5-7. Product distribution from catalytic hydropyrolysis of miscanthus at different heating
rates.
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5.3.4.2 CFHP of Biomass with Second-Stage Hydroprocessing
While lowering the pyrolysis reactor heating rate improved the selectivity to alkanes, lower
overall bio-oil and greater solid yields were observed. Our second approach to improve alkanes
yield was the inclusion of a second process step, where temperature of pyrolysis and hydrogenation
reactions can be controlled independently. Thus, CFHP-SH experiments were performed in the
PyGC unit, where high temperature catalytic hydropyrolysis (CFHP) occurred in the primary
pyrolysis reactor, and lower temperature second-stage hydroprocessing (SH) occurred in a
downstream fixed-bed reactor. The work presented in Section 5.3.2 has shown that Ni supported
on SiO2 is a good hydrogenation catalyst.167 Therefore, we chose to use SiO2 support in the
secondary reactor because it is an effective and inexpensive catalyst support. The presence of
ZSM-5 in the first-stage microreactor is necessary to crack the hydropyrolysis vapors to form
hydrocarbons. The use of Ni in the first stage promotes dehydration reactions, and most
importantly, catalyzes the production of methane while minimizing coke and char. The
temperature set-point in the pyrolysis reactor was chosen to be 600 °C, with a heating rate of 999
°C/s, and the temperature in the fixed-bed reactor was set at 300 °C, to maximize hydrogenation
potential.
Figure 5-8 shows a comparison of the product distribution from three process scenarios:
(1) single-stage CFHP with 4%-Ni-ZSM-5, (2) two-stage CFHP with ZSM-5 in the first-stage
followed by SH with 4%-Ni-SiO2 in the second-stage, and (3) two-stage CFHP with 4%-Ni-ZSM5 in the first stage followed by SH with 4%-Ni-SiO2 in the second-stage. Alkanes yield and
selectivity greatly increased when CFHP-SH was performed, compared to single-stage CFHP.
Two-stage CFHP-SH with (ZSM-5, 4%-Ni-SiO2) produced a total bio-oil carbon yield of
approximately 25 mol%. Solids also made up a large part of the product distribution. However,
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solid coke and char was only detected on the pyrolysis catalyst in the microreactor. No coke was
detected on spent catalyst from the second-stage fixed-bed reactor. Interestingly, CO and CO2
yield also increased during CFHP-SH, whereas carbon loss to CH4 was significantly reduced.
Conversely, inclusion of 4%-Ni-ZSM-5 in the hydropyrolysis reactor resulted in higher methane
yield, and lower solid yield for both single-stage CFHP and two-stage CFHP-SH.
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Figure 5-8. Product distribution from CFHP of miscanthus with and without second-stage
hydroprocessing. Catalyst names in parentheses indicate catalyst used in hydropyrolysis (firststage) and hydroprocessing (second-stage).
The HHV (dry basis) of the hydrogenated bio-oil from each scenario was estimated using
the equation provided by Lloyd and Davenport.202 HHV of the bio-oil produced by single-stage
CFHP (Ni-ZSM-5,-), two-stage CFHP-SH (ZSM-5, Ni-SiO2) and two-stage CFHP-SH (Ni-ZSM5, Ni-SiO2) was approximately 40.9 MJ/kg, 43.4 MJ/kg and 42.8 MJ/kg, respectively. The
increase in HHV from single-stage to two-stage is remarkable considering that the HHV of
conventional gasoline and diesel is between 42-44 MJ/kg.180 Additionally, the aromaticity of
single-stage CFHP oil was 85 %. The aromaticity of the bio-oils produced from CFHP-SH was
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approximately 32 wt.% using Ni-ZSM-5, Ni-SiO2, and 28 wt.% using ZSM-5, Ni-SiO2, which are
much closer to the range of gasoline aromaticity (approximately 25 wt.%).203 It is important to
note that this is on dry basis, and high water yield is also expected from this process, requiring
further extraction of water from the bio-oil. Summarizing, CFHP-SH produces a bio-oil with HHV
and aromaticity very close to petroleum transportation fuel.
Of particular interest is the amount of hydrogen consumed in each scenario. Direct
measurement of hydrogen consumption was not possible, due to the large excess of hydrogen.
However, a value for hydrogen consumption can be estimated from the products given two
assumptions: 1) a solid H/C molar ratio of 0.534 and 2) any oxygen not accounted for in the biooil or permanent gas products was converted to water, requiring two hydrogen atoms per oxygen
atom.
Scheme 5-4 shows the hydrogen consumption pathways for each hydropyrolysis scenario.
The number in parentheses reflects the amount of atomic H (in moles) required per kg of biomass,
extrapolated from the results presented in Figure 5-8. The thickness of each line is proportional to
the hydrogen required for each product.
Both scenarios which include Ni in the hydropyrolysis reactor (scenarios 1 and 3) require
more hydrogen, due to the production of CH4. Scenario 2 eliminates much more oxygen as CO
and CO2, reducing the hydrogen required for dehydration, and maximizing the hydrogen yield to
the organic fraction of the bio-oil. Moreover, because the temperature of the two-stage
hydropyrolysis and hydroprocessing reactors of scenario 2 could be independently controlled,
significantly less hydrogen is lost to CH4 production. Thus, scenario 2 would be most appropriate
for minimizing hydrogen input to the process.
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Scheme 5-4. Hydrogen balance for CFHP of biomass using three different scenarios,
assuming all oxygen not converted to CO or CO2 was converted to water. The number in
parentheses indicates moles of atomic H per kg of biomass.
Another major concern for biomass conversion via CFHP is the origin of the hydrogen
required for the process. One interesting possibility is recycling the CH4 produced from scenarios
1 and 3 to produce hydrogen required for the process. Based on the CH4 yields observed in Figure
6, approximately 13.5 and 13.75 mol CH4 would be produced per kg of biomass from scenarios 1
and 3, respectively. Assuming 100% recovery of hydrogen from steam reforming followed by
water-gas shift, between 81 and 83 mol hydrogen could be recovered from the CH4. Sufficient
hydrogen could theoretically be made up from the CH4 to render the entire process hydrogen
neutral. While 100% efficient hydrogen recovery from the CH4 is not possible, the possibility of
hydrogen recovery provides an interesting route to improve economic favorability of the process.
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From the Figure 5-8 in combination with Scheme 5-4, the most desirable product
distribution was attained from CFHP-SH. Advantages of CFHP-SH include low rates of catalyst
deactivation in the second-stage hydroprocessing reactor and control of the extent of
hydrogenation by selection of operating parameters independent of pyrolysis temperature.
Disadvantages stem from the additional capital and operational costs associated with building and
operating a second-stage reactor. Recently, Venkatakrishnan et al.140 have demonstrated very
similar product distributions to those reported here from two-stage poplar HP over Pt supported
on multi-walled carbon nanotube catalyst. They made a similar conclusion that independent
control of pyrolysis and hydrogenation temperatures is advantageous. Dayton et al.204 obtained 3545 wt.% bio-crude carbon returns, and very low solid yields, from single-stage CFHP of pine in a
fluidized bed reactor over a NiMo catalyst. Reduction of carbon-loss to char by methanation or
other catalytic reaction is a benefit of single-stage CFHP, while char formation remains a
significant obstacle to the two-stage process. The data presented in this work indicate that CFHPSH is more appropriate to overcome the thermodynamic hydrogenation barrier inherent to CFHP,
however, catalyst and reactor design remain crucial challenges prior to scale-up of the process.
5.4 Conclusions
CFHP is a promising route for the conversion of biomass into a drop-in bio-fuel. Many
catalysts were tested for CFHP at a standard temperature of 600 °C and pressure of 450 psi. Acidic
ZSM-5 catalyst was necessary to deoxygenate and aromatize CFHP vapors, while Ni supported on
SiO2 was more effective for hydrogenation. CFHP experiments with Ni-ZSM-5 catalyst
demonstrated moderate bio-oil yields, in addition to high rates of methanation and low solid yields.
Hydrogenation was limited at high temperature, and as a result alkanes yield was very low.
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To further understand the effects of temperature and pressure on the CFHP reaction
pathway, anisole CFHP was performed in a fixed bed reactor over 4%-Ni-ZSM-5 catalyst.
Cyclohexane was observed primarily at low temperature and high pressure, whereas aromatics
were dominant at low temperature and low pressure. The results from anisole HDO aligned well
with an RGibbs simulation performed in Aspen, indicating that reaction thermodynamics play a
large part in determining product selectivity. Four model reactions were proposed, and it was
shown that the hydrogenation products are more favorable than dehydration products at
temperatures below 350 °C. An anisole CFHP reaction network was proposed, which distinguished
between high-temperature and low-temperature reaction pathways.
Using the knowledge gained from anisole CFHP, lower heating rates and two-stage CFHPSH were proposed as a means to efficiently deoxygenate CFHP vapors and produce drop-in biofuel. Lowering the heating rate resulted in increased alkanes selectivity, but low overall bio-oil
yield and high solid yield. CFHP-SH produced very high alkane yield. Nearly 18 mol% carbon
yield to alkanes was observed from CFHP-SH with a concomitant total bio-oil carbon yield of 25
mol%. The CFHP-SH bio-oil HHV (43.4 MJ/kg) and aromaticity (28 wt.%) were very close to
that of gasoline.
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Chapter 6. Liquid Phase Hydrodeoxygenation of Anisole, 4-Ethylphenol and Benzofuran
Using Ni, Ru and Pd Supported on USY Zeolite
Chapter 6 has been adapted from an article in preparation to be submitted to the journal Catalysis Today.

6.1 Introduction
The previous 4 chapters highlighted catalytic cracking as a means to deoxygenate bio-oil.
Conversion of biomass via catalytic fast pyrolysis has the potential to be a sustainable alternative
to fossil fuel refining, but process economics are not yet favorable, due in part to the high catalyst
costs and loss of carbon to CO and CO2. 30,63 During fast pyrolysis, up to 70 wt.% of the biomass
feed can be converted to bio-oil,168 but without zeolite catalyst, this bio-oil is unstable, acidic and
has low heating value.174 These properties arise from the presence of oxygen in the oil, thus the
bio-oil mau be upgraded in a different manor prior to its use as a combustion fuel.
Hydrodeoxygenation (HDO) is another common method for removing the oxygen in biooil. HDO is performed at lower temperatures (150-300 °C), in the presence of H2, and usually at
elevated pressures.205 The primary advantage of HDO over zeolite cracking is the removal of
oxygen as water, maintaining valuable carbon in the liquid product.206 HDO can be performed
either in the gas phase or liquid phase.185 HDO catalysis has been the subject of many pervious
studies.40,61,200 Mixed metal oxides and phosphides, such as NiMo and CoMo supported on Al2O3
are frequent HDO catalysts, due to their prevalence in refinery hydrotreating. Romero et al.207
demonstrated the necessity of mixed metal oxide catalyst sulfidation prior to reaction, to create
oxygen binding vacancies. However, Gutierrez et al.208 showed that this sulfur leaches into the
bio-oil, negating the potential for a sulfur-free fuel. Moreover, these catalysts often suffer from
rapid deactivation in the presence of water,209 an abundant constituent of raw pyrolysis oil.
Supported transition metals have been studied as alternatives to NiMo and CoMo for HDO
applications. Common supports include SiO2,210 Al2O3,51 C,42 TiO2,211 and SiO2 - Al2O3.212 Zeolite
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supported HDO catalysts have come under recent interest due to high surface area, hydrothermal
stability and shape selective pore structure. Hong et al.208 compared the effects of various supports
on the Pt-catalyzed HDO of phenol, and found that zeolite supports outperform SiO2 and Al2O3,
with greater deoxygenated product selectivity. A major advantage of zeolite supported catalysts is
the presence of acid sites supplied by the zeolite, which activate C-O bonds,213 and enhance
dehydration and isomerization reaction rates.214 Wang et al.215 demonstrated excellent
deoxygenation potential and catalyst lifetime for benzofuran HDO over Pt supported on
mesoporous ZSM-5. Y zeolite is a common refinery cracking catalyst.96 One natural advantage of
Y zeolite is a relatively large pore diameter, which promotes C-C coupling reactions,208 a desirable
outcome when targeting heavier diesel fuel range hydrocarbons. Ultra-stable Y (USY) zeolite has
the added benefit of higher hydrothermal stability and catalyst lifetime, arising from a secondary
steam treatment.216
Selection of metal species is of paramount importance to HDO catalyst efficacy. Noble
metals, such as Ru, Rh, Pd and Pt are capable of oxy-compound activation without aid of the
support.217 Alternatively, less-costly base metals such as Ni, Co and Fe have been studied for biooil HDO. Oxophilic metals, such as Cu, Fe and Co bind O functional groups and enable direct
deoxygenation,218 while Ni has been shown to be an excellent stand-alone hydrogenation
catalyst.194 Echeandia et al.219 studied phenol HDO over Pd supported USY, and found that
reaction rate greatly increased when the support was mixed with Al2O3. They found that Pd
outperformed sulfided NiMo when impregnated on USY-Al2O3. Ma et al.220 impregnated Ni
nanoparticles on USY zeolite and demonstrated the benefits of a hierarchical pore structure for
HDO of fatty acids. There are a few studies which specifically focus on USY zeolite as a support,
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and as of this work, none have demonstrated the feasibility of USY supported transition metals on
more than one bio-oil model compound under the same reaction conditions.
The objective of the present work is to understand the effects of metal species and USY
support on the HDO of three bio-oil model compounds with different oxygen functionalities. Ni,
Ru and Pd were impregnated on USY zeolite to form three bifunctional catalysts. Each catalyst
was characterized to find the reduction characteristics and determine metal nanoparticle size and
location. The three catalysts were studied for the HDO of anisole, 4-ethylphenol and benzofuran,
three bio-oil substituents with unique oxygen functional groups; methoxy-, phenol and furan.
Initial turnover frequencies (TOFs) were calculated, and the concentration of reactants and
products over time was measured. Finally, an HDO reaction mechanism for each model compound
was proposed based on the experimental results. Each mechanism was fitted with kinetic
parameters to elucidate the specific reaction pathways that each transition metal promoted.
6.2 Methods
6.2.1 Material Preparation
USY zeolite (Si/Al ratio of 40) was purchased from Zeolyst International (Product
Number: CBV780). Prior to impregnation, USY zeolite was calcined in air at 550 °C for 6
hrs to obtain the zeolite in the H+ form.
The parent USY (3 g) was impregnated with 5 wt.% of Ni, Ru and Pd using a
standard dry impregnation procedure found in the literature.221 Precursor solution
(Ni(NO3)2●6H2O, RuCl3●xH2O or Pd(NO3)2●xH2O) was dissolved in the amount of water
required to saturate 3 g of USY zeolite. The solution was then added dropwise to the zeolite
until the precursor solution was exhausted. Each material was dried at 80 °C in an oven for
12 hrs under static conditions. The materials were then calcined at 550 °C for 6 hr. The
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final materials were produced after reduction in pure H2 at 450 °C for 4 hr. A color change
from light grey to dark grey was observed after reduction of both Ni-USY and Ru-USY. A
color change from light orange to grey was observed after reduction of Pd-USY. All
materials were kept in tightly sealed vials, and used soon after reduction, to prevent reoxidation and adsorption of atmospheric water.
6.2.2 Catalyst Characterization
Temperature programmed reduction (TPR) was performed using a Netzsch Tarsus TG209
F3 thermogravimetric analyzer (TGA) attached to a mass spectrometer (MS). Approximately 15
mg of sample was pre-treated at 200 °C in air for 1 hr prior to analysis. After cooling and
equilibration in 5 vol% H2, the sample was heated to 800 °C at a ramp rate of 5 °C/min. Weight
loss due to reduction was measured as a function of temperature. The MS was not sensitive enough
to measure H2 uptake, but reduction was confirmed by the evolution of H2O (m/z = 18).
X-ray diffraction (XRD) patterns were gathered using a Bruker D8 Advance powder
diffractometer (CuKα radiation source). Dark-field transmission electron microscope
(TEM) images were obtained using an FEI Talos F200X FEG STEM, set to a potential of
200 kV. The presence of reduced surface metals was confirmed by energy dispersive X-ray
spectroscopy (EDX).
H2 chemisorption was performed using a Micromeritics ASAP 2020C Sorption
Analyzer, configured with a furnace and reactant gas inlet. Each sample was reduced insitu using pure H2 at 450 °C for 4 hrs, then degassed at the same temperature for 6 hrs under
vacuum. Isotherms were collected at 35 °C, and metal dispersion was calculated from the
difference between two consecutive isotherms.
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6.2.3 Hydrodeoxygenation of Bio-oil Model Compounds
6.2.3.1 Selection of Bio-oil Model Compounds
Figure 6-1 shows a chromatogram of the liquid product from the thermal pyrolysis
of miscanthus, a typical lignocellulosic biomass. Pyrolysis was performed at 600 °C in a
micropyrolyzer unit (CDS Analytical). Further details about the pyrolysis experiment can
be found in a previous work.63 As indicated by the many peaks in Figure 6-1, pyrolysis oil
is a combination of many different compounds, with many unique functional groups. Three
of the most common oxygen bonding structures are: methoxy- groups, phenols and furans.
The inset of Figure 6-1 shows three specific compounds which were observed in the
pyrolysis product distribution: anisole, 4-ethylphenol and benzofuran. These three
compounds each contain one of the aforementioned functional groups. Anisoles and
phenols are derived from the decomposition of lignin, 193,222 whereas furans arise from
pyrolysis of the cellulosic fraction.2 The area under each peak is correlated to the
concentration of each compound in the bio-oil. Anisole, 4-ethylphenol and benzofuran
make up a significant fraction of the bio-oil. This is the reason why phenols, furans and
anisoles are often studied as bio-oil model compounds, in lieu of actual bio-oil.184–186 HDO
of these three model compounds will be the focus of this study. Use of model compounds
simplifies the analysis of reaction pathways, which may be convoluted by the multitude of
compounds present in bio-oil.
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Figure 6-1. Chromatogram of pyrolysis product distribution from miscanthus fast
pyrolysis performed at 600 °C. Inset: Details of three prevalent compounds found in the
product distribution.

6.2.3.2 Batch HDO Reactor Setup
Catalytic HDO of anisole, 4-ethylphenol and benzofuran was performed in a stirred
stainless steel autoclave reactor (100 mL, Parr Instruments). Figure 6-2 shows a schematic
of the autoclave reaction system. HDO was conducted using a similar protocol to our
previous work.223 Each experiment was performed at a reaction temperature of 200 °C,
pressure of 750 psi, and a stir rate of 1100 rpm. Initially, the reactor contained 53.9 mL of
4 wt.% model compound diluted in decane, 0.1 g of reduced catalyst and 1.1 mL of octane,
which was used as an internal standard.
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Figure 6-2. Schematic representation of autoclave reactor system.
Prior to catalyst testing, the system must be shown to be free of external transport
limitations. Hydrogen gas must be effectively transported from the bulk gas phase to the reactant
in the liquid. A special gas entrainment impeller was installed for this purpose. To validate that the
system was not limited by hydrogen transport, the rate of hydrogen transfer from the bulk to the
liquid was measured. The reactor was loaded with 50 mL of decane, and then pressurized to an
operating pressure of 750 psi. The impeller was engaged at a speed of approximately 1500 rpm,
and pressure change was recorded as a function of time by a Druck pressure transducer. The
logarithm of the normalized hydrogen concentration was calculated, and the rate constant was
determined from the slope of this value with time, as shown in Figure 6-3(A).
Reaction rate was determined for anisole conversion over the 5%-Ni-ZSM-5 catalyst. The
reactor was charged with 49 mL of 6 wt.% anisole dissolved in decane, 1 mL octane internal
standard and 0.1 g Ni-ZSM-5. The reactor was purged, heated to 200 °C and pressurized to 750
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psi. The reaction clock was started once stirring was engaged, and samples were collected at 20
min intervals. All reactant and product concentrations were determined by GC-MS, relative to the
internal standard concentration. Reaction rate constant was calculated by determining the slope of
the logarithm of the normalized anisole concentration with time, as shown in Figure 6-3(B).

Figure 6-3. (A) Measurement of mass transport rate of hydrogen from the bulk gas phase to the
solution. (B) Determination of reaction rate constant for anisole HDO. Reaction conditions: T =
200 °C, P = 750 psi, Cat = 0.1 g Ni-ZSM-5, vol = 50 mL, t = 2 hr, 20 min.
The Damköhler number (Da) relates the relative rate of convective transport and
reaction. It is imperative that the reaction system is without transport limitations, such that
the intrinsic rate of reaction can be determined for each catalyst. The Damköhler number
was calculated from the relative rates of transport and reaction shown in Figure 6-3, and
was determined to be very low (Da = 0.0032 << 1), indicating that the Parr reactor system
is not limited by external mass transport.
The rates of internal mass transport are somewhat more complicated to determine
experimentally, especially with a system as complicated as a zeolite. One measure of the
relative rate of reaction and diffusion in a catalyst particle is the Thiele modulus (φ). The
Thiele modulus is a measure of the ‘surface reaction rate’ divided by ‘a diffusion rate.’
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Unfortunately, many of the correlations formulated to estimate Thiele modulus require
determination of a diffusion coefficient. Measurement of diffusion coefficients in zeolite
particles with varying geometry have been attempted by many groups,224–228 but the
measured rates of diffusion vary widely (by about 6 orders of magnitude), depending on
zeolite geometry, number of acid sites, pore structure and the technique used to measure
diffusion (zero-length chromatography, pulsed field gradient NMR and FTIR techniques).
Moreover, the ‘surface reaction rate’ or intrinsic reaction rate is difficult to determine. This
can be accomplished by performing the reaction varying crystallite size or pore size
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Once crystallite size becomes small enough, or pore size becomes big enough, the overall
reaction rate should not be limited by reactant transport. However, it is not practicable to
make a zeolite with very large pores, and zeolites with very small crystal size often suffer
from catalyst stability issues. Thus, it is not feasible to exactly determine the Thiele
modulus (or effectiveness factor) of HDO in our zeolite catalysts.
While direct calculation of the Thiele modulus is not possible, the order of magnitudes
of transport and reaction can be roughly estimated using the Weisz-Prater criterion. The
Weisz-Prater criterion, which is related to the Thiele modulus and effectiveness factor, is
the ‘actual reaction rate’ divided by ‘a diffusion rate’. If the Weisz-Prater criterion is much
larger than 1, internal diffusion significantly restricts reaction rate. If the Weisz-Prater
criterion is much lower than 1, internal diffusion does not play a significant role on the
reaction rate. The equation for the Weisz-Prater criterion below was taken from Fogler:230

𝐶𝑤𝑝

−𝑟𝑎 (𝑜𝑏𝑠)𝜌𝑐 𝑅 2
=
𝐷𝑒 𝐶𝐴𝑆
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Where ra(obs) is the observed reaction rate, ρ is the catalyst density, R is the catalyst radius,
De is the effective diffusion rate and CAS is the surface concentration of reactant.
Here, the Weisz-Prater criterion is estimated for anisole HDO over Ni-USY zeolite.
This is a reaction which requires transport of both H2 and anisole to the catalyst active sites.
However, the value is only calculated for anisole, because both the surface concentration
and diffusion coefficient of H2 are much greater than that of anisole, resulting in a trivial
number. The reaction rate was determined from the HDO experiments presented later in
Chapter 6. The density was found experimentally, and the catalyst radius was estimated
from the TEM images shown in Figure 6-6. The surface concentration of anisole was
determined using gas chromatography performed on a sample taken at the beginning of the
experiment. Finally, the diffusion coefficient was approximated from Goncalves et al.,231
who measured diffusion of p-xylene through USY zeolite using NMR, assuming a sitehopping mechanism. Xylene is a good representation of anisole because both contain an
aromatic ring, and both have similar molecular weight (106.2 g/mol vs. 108.1 g/mol).
Table 6-1 shows the Weisz-Prater criterion for anisole HDO over Ni-USY catalyst
(vide infra), in addition to the parameters used in the calculation. The Weisz-Prater criterion
is 0.015, two orders of magnitude lower than unity, which indicates that internal transport
limitations of anisole to internal zeolite active sites are not a major concern. This is
reasonable because USY zeolite has relatively large micropores (7.35 Å), a relatively large
unit cell size (24.2 Å), and some secondary mesoporosity produced by steam treatment.
Nonetheless, internal diffusion of reactants to catalyst active sites is an important
consideration, which must be taken into account when determining catalyst activity.
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Table 6-1. Calculation of the Weisz-Prater Criterion for anisole HDO in USY zeolite.
Weisz-Prater Criterion
Parameter Value
Cwp
0.015
ra (obs)

-2.51E-05 mol/gcat-s

pc
R

gcat/cm3
0.5
2.50E-04 cm

De

2
1.40E-07 cm /s

CAS

3
3.62E-04 mol/cm

6.2.3.3 HDO of Anisole, 4-Ethylphenol and Benzofuran
Prior to heating, the reactor was purged with Ar, and then H 2. The reactor was
pressurized to check for leaks, then purged and heated to 200 °C. After achieving the
desired reaction temperature, it was pressurized, the impeller was engaged and the reaction
clock started. Initial reactant concentration was measured directly after heating, such that
any conversion or product formation during heating could be accounted for. H 2 was
continuously supplied to maintain reactor pressure for the duration of the experiment.
Liquid samples (~2 mL) were collected from the reactor using a custom-made sample
entrainment system. The sampling unit was purged with Ar prior to each sample to avoid
exposing the reactor contents to air. Liquid samples were collected every 20 min (unless
otherwise noted), diluted in isopropanol and filtered to remove catalyst. The total reaction
duration was 140 min.
Product analysis was performed using gas chromatography equipped with mass
spectrometer (GC-MS, Agilent 6890 GC with 5673 MS), using a previously outlined
method.223 The system was calibrated externally using pure cyclohexane, octane,
cyclohexanone, anisole, phenol, 4-ethylphenol, benzofuran and guaiacol. Quantification of
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compounds without direct calibration standards was accomplished by the semiquantification method, based on molecular weight and carbon number of the specific
compound. Model compound conversion and product selectivity were calculated using
equations 1 and 2, respectively:

𝑋𝐶 = 1 −

𝑆𝑖 =

𝐶𝐶
𝐶𝐶0

𝑚𝑜𝑙𝑖
∗ 100
∑ 𝑚𝑜𝑙𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠

(1)

(2)

Due to the large excess of hydrogen, the initial reaction rate was assumed to be first-order
in model compound concentration and zero-order in H2 concentration.182,198 Overall rate constant
was calculated from the slope of a plot of ln(CC/CC0) vs. time. Initial reaction rate was calculated
by multiplying the first order rate constant by the initial concentration. Initial TOF was then
calculated by normalizing the initial reaction rate to the number of metal surface sites, determined by H2
chemisorption. Reproducibility of the experiment was determined by performing HDO with each model
compound using the Ni-USY catalyst in triplicate. Reaction mechanisms for each model compound

were proposed based on the product evolution with time. Kinetic models for each mechanism were
fitted to the time-evolution data using a least-squares algorithm written in MATLAB.
6.3 Results
6.3.1 Metal Impregnated USY Zeolites
USY zeolite was impregnated with Ni, Ru and Pd metal precursors and then calcined,
producing metal oxide particles. TPR was performed to determine the proper reduction
temperature and probe for support-metal interactions. The TPR profiles for Ni-USY, Pd-USY and
Ru-USY are shown in Figure 6-4. Ni-USY exhibited a single TPR peak located at 390 °C. A Ni
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TPR temperature below 400 °C suggests that the Ni does not interact with the support,232 and the
relatively uniform peak shape indicates that the Ni particles are evenly distributed. Ru-USY
reduced below 200 °C, with a high temperature peak located at 185 °C, and a lower temperature
shoulder at 150 °C. A similar reduction distribution was observed by Qu et al.,233 who attributed
the lower temperature peak to highly dispersed RuO2 nanoparticles and the higher temperature
peak to bulk amorphous RuO2. Finally, Pd-USY had a broad reduction peak centered at a
temperature of 90 °C. In the literature, this peak has been ascribed either to Pd hydride
decomposition234,235 or reduction of PdO nanoparticles interacting with the support.236 PdO
typically has a low reduction temperature, close to room temperature.237 However, the observed
evolution of water and concurrent weight loss suggests that this peak was the result of PdO
nanoparticle reduction. Nonetheless, the absence of high temperature reduction peaks on any of
the three materials suggests that there are no strong interactions between the metals and the USY
support, but the broad Pd-USY and Ru-USY peaks indicate high dispersion. The TPR experiments
confirmed that H2 treatment at a temperature of 450 °C is sufficient to transform the metals to the
reduced form.
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Figure 6-4. TPR profiles of Ni-USY, Ru-USY and Pd-USY.
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Figure 6-5 shows the XRD patterns of each Ni, Ru and Pd impregnated USY zeolite
in the oxide and reduced forms. Each pattern exhibits intense peaks, representative of the
faujisite crystal structure, and smaller reflections due to metal crystallites. The patterns of
NiO-USY, RuO2-USY and PdO-USY all contain features of the respective metal in the
oxide form, as indicated in Figure 6-5. After reduction, the oxide peaks of all three materials
disappear in favor of strong peaks indicative of pure metallic phases. This confirms
successful reduction, and that all three materials were not re-oxidized after exposure to
atmospheric conditions.

Figure 6-5. XRD spectra of Ni-USY, Ru-USY and Pd-USY catalysts in oxide and
reduced forms.
STEM was performed to further elucidate the morphology, location and reduction
state of the metals supported on USY zeolite. Figures 6-6(A-C) shows dark-field STEM
images of the catalysts in the oxide form (NiO-USY, RuO2-USY and PdO-USY). The light
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areas of the images are metal particles, and the dark areas are zeolite. Presence of each
metal oxide was confirmed by elemental mapping. Both NiO-USY and RuO2-USY appear
to have large bulk oxide particles dispersed on the surface and through the zeolite. The NiO
particles of the NiO-USY appear to be porous in nature, and around 60 nm in particle
diameter. RuO2 appears to be more dispersed through the zeolite, with a mixture of large
and small particles. Finally, from Figure 6-6(C), PdO appears to be well dispersed
throughout the PdO-USY.
Figures 6-6(D-F) contains dark-field STEM images of Ni-USY, Ru-USY and PdUSY, gathered after reduction. From Figure 6-6(D), there appears to be a bi-modal Ni
particle size distribution, with large external Ni particles, similar in size to the NiO particles
observed in Figure 6-6(A), and additional smaller Ni particles within the framework of the
zeolite. This is the only material where this behavior was observed. The Ru in Figure 66(E) appears to be well dispersed around the zeolite particle, with a more random particle
size distribution, compared to the Ni-USY. The Pd-USY produced a more uniform particle
size distribution, with many small Pd particles well-distributed around the edges of the
zeolite.
The boxes in Figures 6-6(D-F) indicate the section that was chosen for elemental
mapping, presented in Figures 6-6(G-I). The green areas of Figure 6-6(G-I) indicate the
presence of atomic O, and the red area represents the metallic phase. Much of the O in
Figures 6-6(G-I) is supplied by the zeolite framework, so it is impossible to ascertain from
this technique whether metal-oxides still exist within the framework. However, from
Figures 6-6(G-I), it is very apparent that the surface metal species are reduced, as there is a
very clear boundary between zeolite oxygen and surface metal species.
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Figure 6-6. Dark field STEM micrographs of metal nanoparticles supported on USY
in the (A-C) the oxide form and (D-F) reduced form. (G-I) Elemental mapping of
materials in the reduced form indicates little overlap between oxygen and metals on the
surface.
Finally, H2 chemisorption was performed on each material to determine the metal
dispersion. Ni-USY was found to have a dispersion of 9.9%, which corresponds to an
average crystallite size of 10.5 nm. Ru-USY metal dispersion was calculated to be 6.6%,
with a theoretical crystallite size of 20.5 nm. Pd-USY dispersion was 9.8%, resulting in an
average theoretical crystallite size of 11.5 nm. Simakova et al.239 found that there is an optimal
impregnated metal nanoparticle size for HDO; very small particles result in reduced activity
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due to high coordination with the support, whereas very large particles suffer from low
surface area.
In summary, three USY supported transition metal catalysts were prepared by impregnation,
followed by calcination and reduction. TPR showed that a reduction temperature of 450 °C was
sufficient to reduce the metals in each catalyst, and showed that the metal species do not
significantly interact with the support. XRD confirmed successful reduction, while dark-field
STEM showed that all metals exist both as surface particles and smaller internal particles. The
dispersion of metals on each zeolite was similar, as shown by H2 chemisorption.
6.3.2 Hydrodeoxygenation of Bio-Oil Model Compounds
Ni-USY, Ru-USY and Pd-USY catalysts were applied to the HDO of anisole, 4ethylphenol and benzofuran, three bio-oil model compounds with different oxygen functionality.
Figure 6-7 shows the conversion of (A) anisole, (B) 4-ethylphenol and (C) benzofuran as a function
of time. Pd-USY was the most active catalyst for HDO of all three model compounds, reaching
conversion of nearly 100 mol% for anisole and benzofuran HDO, and nearly 90 mol% for 4ethylphenol HDO. Ru-USY was more effective than Ni-USY for anisole and 4-ethylphenol HDO,
but not for benzofuran, in terms of overall conversion.
The bottom panel of Figure 6-7 shows a first-order linear fit of the natural logarithm of
normalized concentration with time. The slope of this line is equal to the apparent rate constant,
kapp, with the assumption that H2 is not a rate limiting reactant. Given the large excess of H2, and
the absence of external mass transfer limitations, this is often assumed to be the case.182,198 Due to
the very rapid conversion of anisole and benzofuran over Pd-USY, additional early time points
were collected to validate the linear model. An R2 value above 0.90 for every case further justifies
our assumptions, and validates the apparent kinetic constants shown below.
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Figure 6-7. Top Panel: Conversion of (A) anisole, (B) 4-ethylphenol and (C)
benzofuran as a function of time. Bottom Panel: First-order kinetic fit of (A) anisole, (B)
4-ethylphenol and (C) benzofuran concentration. Reaction conditions: temperature: 200
°C, pressure: 750 psi, initial volume: 55 mL, loading: 4 wt.% initial reactant, 0.1 g
catalyst.
Table 6-2 shows the initial TOF of anisole, 4-ethylphenol and benzofuran HDO over each
catalyst, calculated from slope of the linear fits shown in Figure 6-7(B) and normalized to the
number of surface metal atoms determined by H2 chemisorption. Anisole HDO occurred more
rapidly than HDO of 4-ethylphenol and benzofuran. Ni-USY catalyzed HDO of all three model
compounds at a similar rate. Pd-USY was the most effective catalyst in terms of TOF, and
catalyzed HDO of anisole and benzofuran at a rate much greater than 4-ethylphenol. Meanwhile,
conversion of benzofuran was slowest when using Ru-USY as the catalyst.
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Table 6-2. First order kinetic rate constant for anisole, 4-ethylphenol and benzofuran HDO over
metal-USY catalysts.
Initial Turnover Frequency (TOF, 1/s)
Material

Anisole

4-ethylphenol

Benzofuran

Ni-USY
Ru-USY
Pd-USY

0.35
1.77
2.99

0.18
0.39
0.61

0.17
0.21
2.21

Catalyst performance can be further elucidated from analysis of final product selectivity.
Figure 6-8 shows the product selectivity for anisole HDO over each material. All three catalysts
were highly selective for deoxygenated products. Pd-USY was the most selective to
deoxygenation, with over 99 mol% selectivity to completely deoxygenated products, while RuUSY was the least selective to deoxygenation (80 mol% selectivity). Ni-USY was the most
selective catalyst to single-ringed cyclohexane. Pd-USY and Ru-USY were far more selective to
C-C coupling products than Ni-USY, for example as 1,1’-bicyclohexyl (Pd-USY) and 1,1’bicyclohexanone (Ru-USY). The significant majority of products produced from anisole HDO
were saturated hydrocarbons, indicating that the primary deoxygenation pathway is hydrogenation
of the aromatic ring, followed by dehydration. Interestingly, some of the C-C coupling
hydrocarbons were only partially saturated, indicating that one of the rings comes directly from
the anisole molecule, and the aromatic ring of the bicyclic molecule is stabilized. In review, all
three catalysts were very selective to deoxygenated products, and Pd-USY especially promoted CC coupling reactions.
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Figure 6-8. Product selectivity for anisole HDO over metal-USY catalysts after 140
min of reaction time. Reaction conditions: temperature: 200 °C, pressure: 750 psi, initial
volume: 55 mL, loading: 4 wt.% initial reactant, 0.1 g catalyst.
While all three catalysts were effective for oxygen removal during anisole HDO, the results
were more varied for 4-ethylphenol and benzofuran HDO, shown in Figure 6-9(A). From Figure
6-9(A), the primary product from 4-ethylphenol HDO was ethylcyclohexane. Smaller amounts of
cyclohexane, ethylcyclohexene and ethylbenzene were also formed. HDO with all three catalysts
produced about equal selectivity to ethylcyclohexane. The primary oxygenate formed was
ethylcyclohexanone, and Pd-USY exhibited the greatest selectivity to this product.
Dimethylphenol was also observed from 4-ethylphenol HDO with Ru-USY catalyst, a result of
transalkylation reaction. The presence of ethylbenzene in the product distribution indicates that
direct dehydration can occur under these conditions without necessity of hydrogenating the
aromatic ring, although low selectivity suggests that this pathway is unfavorable.
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Figure 6-9. Product selectivity for (A) 4-ethylphenol and (B) benzofuran HDO over
metal-USY catalysts after 140 min of reaction time. Reaction conditions: temperature:
200 °C, pressure: 750 psi, initial volume: 55 mL, loading: 4 wt.% initial reactant, 0.1 g
catalyst.
Figure 6-9(B) shows the product distribution from benzofuran HDO using each catalyst.
Ni-USY was only selective to 2,3-dihydrobenzofuran, which arises from hydrogenation of the
furan ring. No ring opening reactions were observed from Ni-USY, despite the presence of zeolite
acid sites, which commonly promote cracking reactions.216 Slightly less 2,3-dihydrobenzofuran
was observed when Ru-USY was the catalyst. However, Pd-USY was able to open the furan ring
and fully deoxygenate benzofuran to form methyl-, ethyl- and propyl- cyclohexanes in large
quantities. High deoxygenated product selectivity was coupled with much greater HDO reaction
rate, demonstrating the efficacy of Pd-USY as an HDO catalyst.
6.4 Discussion
Three HDO reaction mechanisms were proposed based on the HDO results presented in
Section 6.3.2. Scheme 6-1 shows the proposed reaction mechanism for (A) anisole, (B) 4ethylphenol and (C) benzofuran HDO. Every compound found in Scheme 6-1 was observed from
the reaction products. Also indicated in Scheme 6-1 are reactions common to each mechanism; for
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example, hydrogenation (denoted with the letter ‘a’) is necessary in each mechanism. The most
prevalent deoxygenated compound formed from each model compound is marked by an asterisk.

Scheme 6-1. HDO mechanism of (A) anisole, (B) 4-ethylphenol and (C) benzofuran
including (a) hydrogenation, (b) dealkylation, (c) hydrogenation/dehydration, (d) C-C
coupling, (e) ring opening and (f) transalkylation. Compounds indicated with an asterisk
were most abundant deoxygenated product.
Scheme 6-1(A) shows the proposed mechanism for anisole HDO at 200 °C and 750 psi.
The aromatic ring undergoes complete hydrogenation to form methoxycyclohexane, followed by
dealkylation to cyclohexanone. Deoxygenation then occurs as the oxygen is abstracted in the form
of water, most-likely through rapid dehydration of a cyclohexanol intermediate (not observed in
products of this study).198 This forms cyclohexane, the most abundant product observed from
anisole HDO. Additionally, the cyclohexane may be combined with anisole to undergo a C-C
coupling pathway, where ring addition occurs, followed by dehydration and hydrogenation.
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There are two potential pathways for 4-ethylphenol HDO, presented in Scheme 6-1(B).
The first is direct deoxygenation via dehydration to form ethylbenzene. This ethylbenzene may
then become hydrogenated to form ethylcyclohexane, the most abundant product. The other
potential pathway is hydrogenation of the phenolic ring to form ethylcyclohexanone, followed by
dehydration to form ethylcyclohexane. That ethylcyclohexane may undergo dealkylation to form
cyclohexane. Finally, the 4-ethylphenol may undergo initial trans-alkylation to form
dimethylphenol, which may then follow either deoxygenation pathway to form the analogous HDO
product.
The reaction pathway for benzofuran, shown in Scheme 6-1(C), is somewhat simpler that
the previous two. The furan ring is the initial hydrogenation location, followed by ring-opening
and hydrogenation of the remaining double bonds. Ethylcyclohexane is the most abundant
deoxygenated product, which may then undergo trans-alkylation, similar to the reaction observed
in the 4-ethylphenol mechanism.
Fitting of the reaction data to each mechanism was performed to justify each mechanism
and understand the effects of each metal species on the reactions common to each model
compound. The compounds in Scheme 6-1 shown in brackets were lumped to either simplify the
analysis or because intermediates were not formed in sufficient quantities for a least-squares fit.
Figure 6-10 shows the kinetic model fits for (A-C) anisole, (D-F) 4-ethylphenol and
(G-I) benzofuran HDO using each catalyst. Each mechanism very closely fits the data
(residual > 90%), indicating that all three mechanisms capture the reaction steps and
intermediate compounds. The model fit for anisole HDO is shown in Figure 8(A-C).
Methoxycyclohexane and cyclohexanone (OXY lump) are clear intermediates, as the
concentration profile initially increases, then decreases as a function of time. Cyclohexane
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(CH) increases with increasing time, but after a long reaction time begins to decrease as CC coupling products (CC) evolve. C-C coupling requires two rings, but at least one of those
rings was saturated for each compound observed, implying that this reaction occurs
between one cyclohexane and one aromatic. The aromatic portion is then hydrogenated to
form the C-C products observed in Figure 6-8. The model accurately shows that if anisole
is assumed to be that aromatic, the evolution of C-C coupling products can be fit well.

Figure 6-10. Kinetic fit of mechanisms proposed in Scheme 1 for (A-C) anisole, (DF) 4-ethylphenol and (G-I) benzofuran HDO.
Figure 6-10 shows the kinetic model fits for (A-C) anisole, (D-F) 4-ethylphenol and
(G-I) benzofuran HDO using each catalyst. Each mechanism very closely fits the data
(residual > 90%), indicating that all three mechanisms capture the reaction steps and
intermediate compounds. The model fit for anisole HDO is shown in Figure 8(A-C).
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Methoxycyclohexane and cyclohexanone (OXY lump) are clear intermediates, as the
concentration profile initially increases, then decreases as a function of time. Cyclohexane
(CH) increases with increasing time, but after a long reaction time begins to decrease as CC coupling products (CC) evolve. C-C coupling requires two rings, but at least one of those
rings was saturated for each compound observed, implying that this reaction occurs
between one cyclohexane and one aromatic. The aromatic portion is then hydrogenated to
form the C-C products observed in Figure 6. The model accurately shows that if anisole is
assumed to be that aromatic, the evolution of C-C coupling products can be fit well.
Figure 6-10(D-F) shows the model fits for 4-ethylphenol HDO with each catalyst.
The most abundant intermediate observed was ethylcyclohexanone (ECHO), which
decreased with increasing ethylcyclohexane (ECH) formation. Finally, Figure 6-10(G-I)
presents the fits for benzofuran HDO over each catalyst. HDO with each catalyst moves
through 2,3-dihydrobenzofuran (DBF) as an intermediate. The extent of cyclohexanes
(HEX) formation is dictated by the impregnated metal species. HDO with Pd-USY resulted
in significant ring opening to form HEX products, while Ru-USY formed minor amounts
and Ni-USY produced no HEX products.
An analysis of the kinetic rate constant can provide a more quantitative understanding of
the effects of each metal species. Table 6-3 provides the fitted kinetic rate constants for HDO of
each model compound with each metal-USY catalyst. The rate constants presented in Table 6-2
correspond to the rate constants provided in Scheme 6-1. Table 6-3 also shows the description of
each reaction, and a greater rate constant implies a greater formation rate of each reaction
product.
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From Table 6-3, the most effective catalyst for hydrogenation of anisole was Pd-USY,
while the least effective was Ni-USY. Pd-USY was also the most effective dehydration catalyst,
and Ru-USY promoted the greatest rates of C-C coupling. From Table 6-2, the greatest overall
rate of reaction was observed from Pd-USY, which can be explained by the greatest rates of
hydrogenation, the initial reaction step, observed in Table 6-2. The best catalyst for anisole HDO
was Pd-USY, which promoted high rates of all three HDO steps: hydrogenation, dehydration and
C-C coupling.
Table 6-3. Kinetic rate constants for various individual steps of HDO with each model
compound for HDO performed at 200 °C and 750 psi.
Reaction Description

Ni-USY
k (h-1)

Ru-USY
k (h-1)

Pd-USY
k (h-1)

Anisole HDO
k1

Hydrogenation

0.52

1.73

1.80

k2
k3

Dehydration
C-C Coupling

7.95

2.94

9.30

0.37

13.11

6.65

k1

Direct Deoxygenation

0.02

0.06

0.15

k2

Phenol Ring Hydrogenation

0.34

0.51

0.68

k3

Ethylbenzene Hydrogenation

1.87

7.46

4.74

k4

Dehydration

7.98

4.82

3.44

k5

Olefin Hydrogenation

0.63

0.62

5.87

k6

Deethylation

0.04

0.00

0.00

k7

Transalkylation

0.00

0.03

0.00

Furan Ring Hydrogenation
Ring Opening

0.49

0.35

2.57

0.04

0.10

2.22

4-Ethylphenol

Benzofuran HDO
k1
k2
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There are two competing pathways for 4-ethylphenol HDO at 200 °C and 750 psi:
direct deoxygenation and phenol ring hydrogenation. From Table 6-3, the rates of direct
deoxygenation are much slower than phenol ring hydrogenation, indicating that the former
is not a favorable pathway at the conditions tested. Pd-USY was also the most effective
ring hydrogenation catalyst, the slowest step of the 4-ethylphenol mechanism. This is
consistent with the results from anisole HDO. All three catalysts promoted high rates of
ECHO dehydration. Finally, deethylation reactions were primarily observed when Ni-USY
was the catalyst, and low rates of transalkylation were promoted by Ru-USY. Pd-USY is
the most appropriate 4-ethylphenol HDO catalyst due to greater rates of conversion,
primarily due to higher rates of initial hydrogenation.
There are two sequential steps for benzofuran HDO, ring hydrogenation to form 2,3dihydrobenzofuran followed by ring opening to form cyclohexanes. From Table 6-3, all
three catalysts promoted ring hydrogenation, but much higher rates were observed when
Pd-USY was the catalyst. Moreover, Pd-USY was the only catalyst to promote ringopening at significant rates. Pd-USY was the only effective benzofuran HDO catalyst, with
activity for both ring hydrogenation and ring-opening.
It is obvious from the reaction results that Pd-USY is the most effective catalyst for
HDO of all three model compounds. Much of this is due to greater rates of hydrogenation
reactions observed in Table 6-3. This could be due to the greater dispersion of Pd
nanoparticles through the USY zeolite, observed from H2 chemisorption. Pd-USY was also
superior for C-C coupling reactions, which is primarily zeolite catalyzed. We hypothesize
that the greater Pd dispersion on the material could result in less pore blocking and greater
access to the zeolite micropores. This could enable C-C coupling products to easily diffuse
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away from acid sites. However, it is difficult to decouple the effects of metal dispersion
and location from intrinsic activity with such a complicated catalyst system, and more
experiments with varied metal loading and dispersion would be required to fully determine
metal species effectiveness. Nonetheless, Pd-USY zeolite was a more effective HDO
catalyst compared to Ni-USY and Ru-USY.
6.5 Conclusions
Ni, Ru and Pd were impregnated on USY zeolite. Each material was successfully reduced
by H2 treatment at 450 °C, and impregnation produced both large and small metal particles.
Reduction was confirmed by XRD and dark-field TEM. The dispersion of metal on each USY
zeolite was similar, as determined by H2 chemisorption.
All three materials were tested for HDO of anisole, 4-ethylphenol and benzofuran.
Reaction rate was highest over Pd-USY for all three materials. Ru-USY promoted anisole and 4ethylphenol HDO at a higher rate than Ni-USY, but benzofuran HDO proceeded faster of Ni-USY.
All three materials were selective for deoxygenated hydrocarbons for both anisole and 4ethylphenol HDO, while only Pd-USY was capable of deoxygenating benzofuran in appreciable
quantities.
A mechanism was proposed for the HDO of each model compound, and kinetic parameters
were fit for each catalyst using a least-squares algorithm. This analysis showed that the greater
rates of conversion using Pd-USY was a result of greater hydrogenation capability. Pd-USY and
Ru-USY also significantly promoted C-C coupling reactions. Direct deoxygenation was not
favored over ring hydrogenation/dehydration for any catalyst tested. Pd-USY was the only material
capable of ring-opening during benzofuran HDO. Pd-USY was concluded to be the most effective
HDO catalyst for all three model compounds.
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Chapter 7. Nickel Impregnated Mesoporous USY Zeolites for Hydrodeoxygenation of
Anisole
Chapter 7 has been adapted from an article published in Journal of Microporous and Mesoporous
Materials, 2017.223

7.1 Introduction
Zeolites are commonly used as active catalysts and catalyst supports in the
petrochemical industry. Excellent hydrothermal stability, shape selective pore structure and
Brønsted acidity make zeolites effective for catalytic cracking applications. 240 High surface
area and shape selectivity arise from the microporous nature of the zeolite. 241 This
characteristic high surface area allows zeolites to host dispersed metal species and form
highly active bifunctional catalysts.125,242 However, the presence of micropores may result
in reduced transport of reactant to zeolite acid sites located within the micropore network,
reducing catalyst effectiveness factor. Subsequently, many research studies have been
performed to demonstrate improved access to catalyst active sites via intracrystalline
mesopores.96,104,243,244
Faujisite-type zeolites are commonly used for refinery applications, and among them
Y zeolite is often cited for excellent hydrothermal stability and tuneable acidity. 245 Ultrastable Y (USY) is created by dealumination of the Y zeolite in order to improve stability
and generate mesoporosity. While USY catalysts are more effective than traditional Y
zeolites for reactions such as hydrocarbon cracking 216 and methanol dehydration,246 the
mesopores formed from dealumination have been shown to be encapsulated within the
zeolite crystal and inaccessible directly from the surface.247 Hierarchical USY zeolites, with
secondary mesoporosity, are effective for a number of catalytic applications, especially for
cracking of large molecules such as cumene248 and α-pinene.249
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While exhaustive research has been performed on synthesis methods, catalytic
properties and molecular transport advantages of hierarchical USY zeolites, limited
research has been performed on how those materials act as a support for metals. De Jong et
al.250 impregnated 0.3 wt.% Pt on desilicated USY zeolite for n-hexadecane hydrocracking
and showed the material was more active than a commercial USY catalyst. They concluded
that this was a result of high mass transfer rates of hydrocracked products from the
micropores of the zeolite to the surface, reducing secondary cracking. Many groups 167,251,252
have studied mesoporous zeolites as catalyst supports, but the role of zeolite support
mesoporosity on metal dispersion and acid catalyzed reactions is not fully understood.
Transition metals supported on zeolites have been considered as alternative bio-oil
hydrodeoxygenation (HDO) catalysts. Typical HDO catalysts such as NiMo and CoMo
require sulfidation and deactivate easily in the presence of water, while other proposed
catalysts, such as supported precious metals, are costly. 6,49,253 A zeolite supported,
transition metal catalyst offers an inexpensive and effective route for HDO. Ni is an
attractive metal due to high availability, excellent hydrogenation capability and good
stability.53 From Chapter 6, Ni supported on USY is an active metal for HDO of a variety
of oxygen functional groups. Dry impregnation is a common and scalable metal
incorporation technique,254 where precursor solution fills the zeolite pores enabling high
metal dispersion.221 Sankaranarayanan et al.184 showed that Ni incorporated on the
mesoporous Al-SBA-15 is effective for HDO of anisole. Hunns et al.255 demonstrated that
mesoporous ZSM-5 impregnated with 1 wt.% Pd is effective for HDO of m-cresol. They
concluded this was a result of high Pd dispersion in combination with increased mass
transport to catalyst active sites. Liu et al.256 studied Ni impregnation on hierarchical Y
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zeolite, and found qualitatively that dispersion and Ni crystal size uniformity increases with
optimal mesoporosity. This translated to increased rates of furfural hydrogenation.
The objective of this chapter is to determine how impregnated Ni is dispersed on the USY
zeolite, how a mesoporous USY support affects this dispersion and how the factors of Ni dispersion
and zeolite mesoporosity affect the HDO of bio-oil. Hierarchical pore structure was introduced in
a commercial USY zeolite using three established post-secondary methods, and each method was
confirmed to create a unique mesopore structure. Ni was incorporated via the dry impregnation
technique, and catalyst characterization was performed to determine the Ni state and dispersion.
Each catalyst was tested for liquid phase HDO of anisole; a reaction which requires Ni sites for
hydrogenation and Brønsted acid sites (B.A.S.) for dehydration. Kinetic modeling of intermediate
and final product evolution was used to quantify the effectiveness of both Ni and acid sites. Support
mesoporosity was shown to affect Ni dispersion and particle size, which subsequently played an
important role on catalyst effectiveness.
7.2 Methods
7.2.1 Catalyst Preparation
Commercial USY zeolite with Si/Al ratio of 40 was purchased from Zeolyst
International (CBV780). The parent USY was modified using three different techniques:
desilication (DS),257 desilication with a pore-directing agent (DS-PDA)258 and the
surfactant-assisted method (SA).259 All chemicals were purchased from Sigma-Aldrich,
unless otherwise noted. Both parent and modified USY were calcined in air at 550 °C for
6 hrs prior to use. All materials were stored in tightly sealed vials and used directly after
calcination to avoid adsorption of atmospheric moisture.
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Desilication by alkaline treatment was accomplished by stirring 3 g of zeolite in 90
mL of 0.05 M NaOH for 30 min at 60 °C, followed by washing and drying. The material
was then ion-exchanged in 300 mL of 2.4 M NH4NO3 for 6 hours, followed by washing,
drying and two more repetitions. The final material was obtained in the H-form through
calcination, as described above. The exact same procedure was followed to obtain the DSPDA material, with the exception that 0.8 g tetrapropylammonium bromide (TPABr) was
added to the initial alkaline treatment. The effects of alkaline treatment strength on the DSPDA method were also studied by reducing the NaOH concentration from 0.05 M to 0.025
and 0.01 M. Material yield for the DS method varies between 45 wt.% and 75 wt.%,257
while the yield of the DS-PDA method typically produces greater material yield (between
56 wt.% and 86 wt.%).98,258
The SA method is a more refined way to produce uniform secondary mesopores,
while maintaining material crystallinity.259,260 3 g of zeolite was stirred in 20 mL of DI
water and 1.2 g of hexadecyltrimethlyammonium bromide (CTAB) and heated to 80 °C.
Then, 6 mL of 4.4 M NH4OH was added, and the treatment proceeded for 24 hours,
followed by washing, drying and calcination. The material yield of the SA method is
typically greater than 90 wt.%.259
Ni was deposited on each material using the dry impregnation technique. 221 The
theoretical Ni loading of each material prepared was 5 wt.%. The corresponding amount of
Ni(NO3)2●6H2O was dissolved in water and added dropwise to the calcined zeolite until
the pores were filled. If filling occurred prior to expiration of the precursor solution, the
material was dried in static air for 2 hrs at 80 °C, and the procedure was repeated until no
solution was left. The final material was dried for 12 hrs at 80 °C in static air and then
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calcined. Each material was reduced for 4 hrs at 450 °C in pure H2 prior to catalyst testing.
A color change from light-grey to very dark grey was observed after reduction of each
material.
The naming convention in this chapter follows the format: “AA-BB(XX)-USY”. “AA”
indicates whether Ni is present in the reduced form (Ni) or the oxidized form (NiO). “BB” indicates
the preparation technique (DS, SA, DS-PDA), and “XX” indicates the alkaline treatment strength
in mmol/L (50, 25 or 10). For example, the material “Ni-DS-PDA(50)-USY” was prepared with
the DS-PDA method, using 50 mM NaOH, and contains Ni in the reduced form.
7.2.2 Catalyst Characterization
Gas sorption was conducted using a Micromeritics ASAP 2020C Sorption Analyzer.
N2 physisorption isotherms were gathered at 77 K. Prior to analysis, 0.1 g of zeolite was
degassed at 250 °C under vacuum for 12 hrs. Surface area was calculated using the BET
equation, and pore size distribution was determined using the BJH method applied to the
adsorption branch of each isotherm. H2 chemisorption was conducted using the same
instrument, configured with a furnace and special gas inlet. Sample was degassed and then
reduced in-situ in pure H2 at 450 °C for 4 hrs. Isotherms were collected at 35 °C, and sample
metal dispersion was calculated from the difference in two consecutive isotherms.
X-ray diffraction (XRD) measurements were performed using a Bruker D8 Advance
powder diffractometer with CuKα radiation source. Average Ni and NiO crystallite sizes
were calculated by XRD line broadening using the accompanying EVA software.
Temperature programmed reduction (TPR) was conducted gravimetrically using a Pyris 1
Thermogravimetric Analyzer (TGA). About 35 mg of sample was loaded into a Pt crucible.
The first stage of the program, intended to oxidize any reduced Ni and remove any
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contaminants from the surface, occurred at 550 °C for 30 min in air. The second stage
ramped the temperature from 100 °C to 900 °C at 5 °C/min in 3% H2 diluted in Ar. Bulk
Ni loading was determined by inductively coupled plasma optical emission spectroscopy
(ICP-OES), which was performed at an external laboratory. The amount of reducible Ni
was calculated by determining the weight loss during reduction, attributing lost weight to
atomic oxygen, and normalizing to the bulk Ni loading determined by ICP-OES.
Diffuse reflectance Fourier transform infrared spectroscopy (DRIFTS-FTIR) pyridine
titration (Py-IR) was used to identify the Brønsted and Lewis acid sites present in each
material, as described in Chapter 5.
Transmission electron microscopy (TEM) was performed on a Tecnai T12 scanning
transmission electron microscope (STEM), at a voltage of 120 kV. Dark-field STEM
images were collected on a FEI Talos F200X FEG STEM, operating at a potential of 200
kV, and the presence of Ni was confirmed by energy dispersive X-ray spectroscopy (EDX).
X-Ray photoelectron spectroscopy (XPS) was performed using a Phi 510 X-ray
photoelectron spectrometer. Surface Si/Al ratio was calculated from the relative area under
the XPS Si and Al regions collected at a pass energy of 58.7 eV and dwell time of 50
ms/(sweep*step). A similar analysis was performed to find the surface Ni/Si ratio, but the
pass energy was reduced to 29.35 eV. Peak locations were corrected using the adventitious
carbon peak located at 284.7 as a reference.
7.2.3 Hydrodeoxygenation of Anisole
HDO of anisole was performed in a 100 mL stirred stainless steel autoclave reactor
(Parr Instruments), fitted with a gas entrainment impeller. The experimental protocol was
similar to that of Chapter 6. All experiments were performed at a temperature of 200 °C,
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pressure of 750 psi, and a stir rate of 1100 rpm. Initially, the reactor contained 49 mL of 6
wt.% anisole diluted in decane, 0.1 g of reduced catalyst and 1 mL of octane, which was
used as an internal standard throughout the experiment.
Liquid analysis was performed by gas chromatography mass spectrometry (GC-MS,
Agilent 6890 GC with 5673 MS). The inlet split ratio was 100:1 and the GC was equipped
with a HP-5 column. The temperature program held isothermal at 40 °C for 2 min, followed
by a 1 °C/min ramp to 75 °C and then a 20 °C/min ramp to 270 °C followed by another 2
min isothermal step. The system was calibrated externally using neat cyclohexane, octane,
cyclohexanone, anisole, phenol and guaiacol. Quantification of compounds without direct
calibration standards was accomplished by the semi-quantification method, based on
molecular weight and carbon number of the specific analyte. Anisole conversion and
product selectivity were calculated using equations 1 and 2, respectively:

𝑋𝐴 = 1 −

𝑆𝑖 =

𝐶𝐴
𝐶𝐴0

𝑚𝑜𝑙𝑖
∗ 100
∑ 𝑚𝑜𝑙𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠

(1)

(2)

Due to the large excess of hydrogen, the initial reaction rate was assumed to be first-order
in anisole concentration and zero-order in H2 concentration.182,198 The overall rate constant was
calculated from the slope of a plot of ln(CA/CA0) vs. time. In order to determine the relative rates
of Ni and Brønsted acid catalyzed reactions, a lumped kinetic model was proposed and fitted to
the reaction data using a least-squares algorithm developed with Gams IDE software.
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7.3 Results and Discussion
7.3.1 Ni-Impregnated Hierarchical USY Zeolites
Hierarchical USY zeolites were created using three different methods: SA, DS and DSPDA. N2 sorption isotherms and the BJH pore size distribution of a material created by each
method is available in Figures 7-1 (A) and (B), respectively. The parent USY exhibits a
characteristic type I and II mixed isotherm (IUPAC standard),261 with minor H4 hysteresis, a result
of mesopores created by dealumination. The SA method produced a mesoporous USY with a
mixed type I and IV isotherm, with a more pronounced hysteresis loop closer to H1, indicative of
ordered mesopores. The materials created with the DS and DS-PDA methods have a mixture of
type I and II isotherms, like the parent USY, but with more pronounced H4 hysteresis loops. Low
N2 uptake at P/P0<0.1 indicated loss of microporosity and crystallinity for the DS and DS-PDA
zeolites.

Figure 7-1. (A) N2 Sorption isotherms of materials created using SA, DS and DS-PDA methods.
(B) BJH pore size distribution of USY zeolites created by each method.
Table 7-1 contains the BET surface area, external surface area, micropore volume and
mesopore volume of each material. From the BJH pore size distribution presented in Figure 1(B),
the SA method created mesopores with a uniform diameter of 30 Å. The DS method produced a
very broad range of mesopores, with the diameter from 20 to 500 Å. The DS-PDA zeolite pore
size distribution was concentrated at 45 Å, with some larger mesopores also present. The above
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observations are in agreement with previously reported results.

98,257,258

Ni was impregnated on

each zeolite using a standard dry impregnation technique. Additional N2 sorption isotherms were
gathered after Ni impregnation. As shown in Table 7-1, Ni impregnation resulted in decreased
BET surface area and pore volume for all materials, most likely due to pore blockage.132
Table 7-1. Data gathered from N2 sorption isotherms of materials created using SA, DS and DSPDA methods, before and after Ni impregnation.

Material

BET
Surface
Area
m²/g

External
Surface
Area1
m²/g

Total Pore
Volume2
cm³/g

Micropore
Volume1
cm³/g

Mesopore
Volume3
cm³/g

USY
Ni-USY

719
661

297
248

0.479
0.445

0.195
0.188

0.284
0.257

SA-USY
Ni-SA-USY

703
692

336
362

0.514
0.507

0.170
0.167

0.344
0.340

DS(50)-USY
Ni-DS(50)-USY

243
222

221
208

0.409
0.385

0.007
0.004

0.402
0.381

DS-PDA(50)-USY
Ni-DS-PDA(50)-USY

519
485

343
335

0.534
0.517

0.081
0.069

0.453
0.448

1

t-plot method, 2Single point below P/Po=0.99, 3Total Pore Volume - Micropore Volume

Table 7-2 shows the physicochemical properties of each Ni-incorporated zeolite.
The Ni content of each material was experimentally quantified by ICP-OES, and was within
10% of the theoretical value of 5.0 wt.%. Table 7-2 also contains the Brønsted and Lewis
acidity of each zeolite prior to Ni impregnation, determined by pyridine titration monitored
by DRIFTS. The parent USY zeolite was highly acidic, and Brønsted acidity decreased
after alkaline treatment. Desilication alone removed almost all acidity, consistent with
previous literature.258 Desilication with DS-PDA and the SA methods retained significant
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Brønsted acidity, and increased the amount of Lewis acidity, possibly due to the
redeposition of framework aluminium as extra-framework aluminum.85
Determination of zeolite crystallinity, Ni crystallite size and reduction extent were
accomplished by XRD. Figure 7-2 shows X-ray diffractograms for each material (A) before Ni
impregnation, (B) after Ni impregnation and calcination and (C) after reduction in pure H2 at 450
°C. The SA method preserved the majority of the material crystallinity, while the DS-USY method
retained very little crystallinity. This is a result of the difference in alkaline treatment strength.
NaOH, a strong base, was used for the DS and DS-PDA methods, whereas the SA method utilized
a weak base (NH4OH). The DS-PDA material retained some crystallinity, confirming that the PDA
does protect some of the crystal structure, which was first reported by Verboekend et al.257,258

Figure 7-2. X-Ray diffractograms of materials prepared by SA, DS and DS-PDA methods (A) Before Ni
impregnation, (B) After Ni impregnation and calcination, and (C) after reduction.

XRD reflections at 2Θ of 37°, 43°, 63°, 75° and 79° are representative of NiO crystal
phases, and are apparent in Figure 7-2(B) for all materials after Ni impregnation and calcination.
In Figure 7-2(C), these phases disappear in favor of metallic Ni peaks located at 2Θ of 44°, 51°
and 76°, indicating that the reduction of NiO in H2 was successful. Table 7-2 contains the average
NiO and Ni crystallite size of each material, determined using the Scherrer equation. The average
NiO crystallite size after impregnation and calcination on all materials was approximately 30 nm.
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This crystallite size is larger than the size of most mesopores, and far larger than the Y-zeolite
supercage (12 Å). Thus, the majority of the NiO was formed on the exterior surface of the zeolite.
After reduction, the crystallite size was reduced to 13.7 nm for the Ni-USY and 19.5 for the NiSA-USY. The average Ni crystallite size for the Ni-DS(50)-USY and Ni-DS-PDA(50)-USY was
similar, but both were significantly greater than that of the Ni-USY. The significant decreases in
Ni crystallite size after reduction on the Ni-USY and Ni-SA-USY coincides with the presence of
micropores and high zeolite surface area. H2 chemisorption was used to find the Ni dispersion on
each material. The Ni-USY had almost 10 % Ni dispersion, whereas the mesoporous USY
materials exhibited about half that dispersion, consistent with the larger crystallite size observed
from XRD. Ni may have migrated into the greater number of micropores present in the Ni-USY,
resulting in small intracrystalline Ni species, reducing the average Ni crystallite size for that
material. The reduction in crystal size was only observed after reduction, indicating that this
migration most likely occurs during treatment at 450 °C in H2.
Table 7-2. Physicochemical properties of Ni- supported on parent and mesoporous zeolites
prepared by SA, DS and DS-PDA methods.

wt.%

Average NiO
Crystallite
Size2
nm

Average Ni
Crystallite
Size3
nm

Ni-USY

5.33

28.8

Ni-SA-USY

4.51

Ni-DS(50)-USY
Ni-DS-PDA(50)-USY

Material

Bulk Ni
Loading1

Reducibility4 Dispersion5

Brønsted
Acid Sites6

Lewis Acid
Sites6

%

%

umol/g

umol/g

13.7

73

9.7

528

133

27.5

19.5

96

4.1

369

392

4.62

28.7

21.3

94

5.8

46

1

4.87

31.6

24.8

88

5.2

145

357

From ICP-OES 2Calculated from application of Scherrer equation to peaks at 2Θ of 37°, 43°, 63°, 75° and 79° 3Calculated from application of Scherrer equation to peaks at
2Θ of 44°, 51° and 76° 4 From TPR 5From H2 Chemisorption 6From Pyridine titration of material prior to Ni impregnation monitored by FTIR

1
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Reduction behavior and structural changes of the Ni-impregnated USY zeolites were
further elucidated by TPR, shown in Figure 7-3. The TPR profile of Ni-USY exhibits a lowtemperature reduction peak, at 305 °C, and a larger higher-temperature peak at 360 °C. The profile
of Ni-SA-USY also exhibited a bi-modal distribution, but both peaks were shifted to slightly lower
temperatures, and the higher temperature peak was much more pronounced relative to the lower
temperature peak. The Ni-DS(50)-USY exhibited a broad reduction region, with a high
temperature shoulder at 515 °C. Finally, the Ni-DS-PDA(50)-USY reduction profile displayed a
broad peak centered at 350 °C.

Figure 7-3. Temperature programmed reduction (TPR) profiles for Ni supported on parent and
mesoporous USY zeolites created by SA, DS and DS-PDA methods. Profiles are offset by 0.005
%/min.
TPR provides information about metal location, the strength of support-metal
interaction and the reducibility of a metal within the zeolite.262 Stronger interaction between
the metal and support results in metal that is harder to reduce, and thus requires a higher
reduction temperature.263 Larger NiO crystallites also require a higher reduction
temperature. Reduction temperatures below 400 °C indicate that most of the initial NiO is
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on the exterior of the zeolite micropores, minor ion-exchange has occurred and the NiO
does not interact strongly with the support.232 The two peaks of the Ni-USY and Ni-SAUSY imply a bimodal distribution of Ni particle size. The broader peak of the Ni-DS(50)USY and Ni-DS-PDA(50)-USY suggests a broader crystal size distribution of the NiO
precursor. Moreover, the Ni-DS(50)-USY material contains mesopores that are larger in
size than the NiO crystallite size, so some interaction between external acid sites and Ni
may be reflected in the more pronounced shoulder at 515 °C.264
As shown in Table 7-2, the reducibility of each mesoporous Ni-USY material was
high, evidence that the majority of NiO was accessible to hydrogen and not trapped within
zeolite micropores. Reducibility was slightly lower for the parent Ni-USY than the
mesoporous Ni-USY catalysts, indicating that some of the bulk NiO may be inaccessible
or highly coordinated with the zeolite. To summarize, the majority of NiO prior to reduction
was most likely on the exterior surface and did not strongly interact with the support.
Further qualitative understanding of the zeolite topology and Ni speciation was gained by
electron microscopy. Figure 7-4 shows TEM micrographs of the Ni-USY, Ni-SA-USY and NiDS-PDA(50)-USY after reduction. The dark particles are Ni crystals, and the lighter areas are
zeolite. The zeolite area of the Ni-USY shown in Figure 7-4(A) is uniform and dark. A few
interstitial mesopores exist, a result of the dealumination treatment. The bulk Ni particles appear
to be between 20 and 50 nm in diameter. The Ni-SA-USY zeolite in Figure 7-4(B) is far more
opaque than the parent USY, with small pinpoint mesopores, consistent with the pore diameter of
30 Å measured by N2 sorption. Few of the pores appear to originate at the edges of the zeolite
crystal. Finally, the Ni-DS-PDA(50)-USY material shown in Figure 7-4(C) contains visibly larger,
random mesopores. It appears that several mesopores originate at the edge of the material.
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Figure 7-4. TEM micrographs of (A) Ni-USY, (B) Ni-SA-USY and (C) Ni-DS-PDA(50)-USY.
Dark-field STEM was used to further investigate the nature of Ni supported on
parent and mesoporous USY, shown in Figure 7-5(A-D). The bright areas of each
micrograph indicate Ni particles, and the grey areas are zeolite. This was confirmed by
elemental mapping. Bulk Ni is clearly visible on the surface of each material. The Ni-USY
displayed in Figure 7-5(A) contains many smaller Ni crystals and threads within the zeolite.
These smaller Ni species are distributed throughout the pore network. The Ni-SA-USY in
Figure 7-5(B) also contains very small Ni particles in addition to larger more uniform
surface Ni particles. The Ni-DS(50)-USY from Figure 7-5(C) appears to have a broad Ni
particle size distribution, in agreement with the observations from TPR. As shown in Figure
7-5(D), the Ni-DS-PDA(50)-USY exhibits many bulk surface Ni particles. Small Ni
particles also appear to radiate inward from the larger surface Ni particles. The Ni-USY has
high surface area and micropore volume, which provides sufficient room for Ni migration,
resulting in the creation of external bulk Ni and small internal Ni particles. Conversely, the
Ni-DS(50)-USY has lower surface area and microporosity, so there is less dispersion. The
Ni-DS-PDA(50)-USY appears to be a blend between the two; there is some surface area
for some Ni migration.
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Figure 7-5. Dark field scanning transmission electron micrographs of (A) Ni-USY, (B) Ni-SAUSY, (C) Ni-DS(50)-USY and (D) Ni-DS-PDA(50)-USY. High resolution TEM images of (E)
large and (F) small Ni crystals on USY material.
In order to gain further insight on the reduction behavior and location of surface Ni,
XPS spectra for the Ni-USY, NiO-DS-PDA(50)-USY and Ni-DS-PDA(50)-USY materials
were collected. The surface Ni/Si ratio of the NiO-DS-PDA(50)-USY was found to be
0.131, while the Ni/Si ratio of the Ni-DS-PDA(50)-USY was calculated to be 0.042,
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indicating that significant Ni migration from the surface to the bulk of the material occurs
during reduction, consistent with the observations from STEM. The surface Ni/Si ratio of
Ni-USY was 0.037, slightly less than the Ni-DS-PDA(50)-USY, implying that more Ni
remains on the surface when it is impregnated on the DS-PDA(50)-USY, compared to the
parent.
To confirm the presence of small and large Ni particles, high resolution TEM images
of the Ni-USY were captured and are displayed in Figure 7-5(E-F). Figure 7-5(E) shows a
large Ni particle on the surface of the USY zeolite. The particle has well defined edges on
the exterior surface. Figure 7-5(F) shows the coexistence of smaller Ni particles on the
same sample. These particles are about 3-4 nm in size, 4 times the size of the zeolite crystal
lattice dimension. Given the location and particle structure, it’s possible that the Ni
complexed with the zeolite to form Ni silicate. This behavior has been shown for Ni
impregnated on SiO2,265 beta zeolite266 and silicalite 1,267 and would explain the decreased
reducibility of Ni supported on parent USY. Conversely, no peaks representative of Ni
silicate were observed in any of the XRD patterns, presented in Figure 7-2. Moreover, these
particles were not observed on the Ni-DS(50)-USY material. It is apparent that the Ni-USY
exhibits improved dispersion of metal particles, which often leads to improved catalytic
activity of a material.52
In summary, four Ni-impregnated materials were created with varying degrees of
mesoporosity. Three established post-secondary methods were used to produce a USY material
with mild (SA) and severe (DS) mesopores of varying pore diameter. The characterization shows
that the type of porosity and the surface area of the support have a profound effect on the nature
of impregnated Ni. High surface area and microporosity result in high dispersion of Ni particles
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after reduction and migration into the pore network. The introduction of mesoporosity by DS and
DS-PDA methods result in lower microporosity and BET surface area. This translates to larger Ni
crystallite sizes, mostly present on the external surface of the zeolite, and lower Ni dispersion.
Section 7.3.2 discusses how the aforementioned properties of these materials affect catalytic
activity for the HDO of anisole.
7.3.2 Hydrodeoxygenation of Anisole
Pyrolysis oil from lignocellulosic biomass contains many different oxygenated
compounds. HDO is a reaction that removes this atomic oxygen, improving bio-oil heating
value and stability.139 Due to the complex nature of bio-oil, model compounds are
employed to study catalyst effectiveness and reaction pathway. 2,34 Anisole is a model
compound, formed by the decomposition of lignin.184 At moderate temperature and high
H2 pressure, anisole HDO proceeds in two broad steps: Ni-catalyzed saturation of the
aromatic ring, followed by Brønsted acid-catalyzed dehydration to eliminate the oxygen
atom. As a result, this reaction is ideally suited to evaluate the behavior of both the Ni and
zeolite active sites discussed in Section 7.3.1.
Catalytic HDO of anisole was performed at 200 °C and a pressure of 750 psi. Reactor
contents were sampled every 20 min as the reaction proceeded to determine the initial rate of
reaction and product evolution. Figure 7-6(A) shows the initial rates of reaction and final
conversion calculated after 140 min of reaction time for anisole HDO over each catalyst. Initial
reaction rate was calculated by multiplying a first order rate constant, kapp, by the initial
concentration. The rate constant was determined from a linear fit of the first-order disappearance
of reactant anisole, presented in Figure 7-6(B). The small dispersion bars from the Ni-USY and
Ni-SA-USY experiments in Figure 7-6(B) indicate that the experiment was highly reproducible
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Figure 7-6. (A) Initial reaction rate (bars, left-axis) and final conversion (line, right axis) for
anisole HDO over Ni impregnated on parent and mesoporous USY zeolites. (B) First order
kinetic fit for rate of anisole HDO over each catalyst. Reaction Conditions: temperature: 200 °C,
pressure: 750 psi, reaction time: 140 min.
From Figure 7-6(A), the final conversion of anisole mirrored the reaction rate. The most
active catalyst for anisole conversion was Ni-DS-PDA(50)-USY, and the Ni-SA-USY catalyst was
the least active. Initial reaction rate over Ni-USY was approximately 100 mmol/(gcat-hr), and was
outperformed by the Ni-DS(50)-USY and the Ni-DS-PDA(50)-USY catalysts.
The final product selectivity after 140 min of reaction for anisole HDO with each catalyst
is available in Table 7-3. Ni-USY was the most selective catalyst, producing the highest product
selectivity to cyclohexane and low selectivity to oxygenated intermediates. Several larger carboncarbon (C-C) coupling products were also observed. Of the C-C coupling products, 1-1’
bicyclohexyl was the most abundant. HDO with Ni-SA-USY also produced high selectivity to
cyclohexane, and even higher selectivity to C-C coupling products, compared to Ni-USY.
Moreover, few oxygenated intermediates were observed in the products from HDO with Ni-SAUSY. Anisole HDO over Ni-DS(50)-USY resulted in far more oxygenated intermediates, less
cyclohexane and far fewer C-C coupling products. Finally, HDO of anisole with Ni-DS-PDA(50)USY catalyst produced about 72 mol% cyclohexane selectivity, with a balance of mostly 1166

methoxycyclohexane. While selectivity to cyclohexane was greater for anisole HDO with Ni-USY
(82.6 mol%) compared to Ni-DS-PDA(50)-USY (71.9 mol%), molar yield to cyclohexane was
greater for the Ni-DS-PDA(50)-USY (65 mol%) compared to the Ni-USY (61 mol%). This is
because overall anisole conversion was greater when the Ni-DS-PDA(50)-USY catalyst was used.
Table 7-3. Final product molar selectivity for anisole HDO over Ni impregnated on parent and
mesoporous USY zeolites.
Compound

Selectivity (mol%)
Ni-USY

Ni-SA-USY

Ni-DS(50)-USY

Ni-DS-PDA(50)USY

Hydrocarbons:
Cyclohexane
Cyclohexene

82.6
0.7

77.7
-

21.4
-

71.9
0.1

Oxygenates:
1-methoxycyclohexane
Cyclohexanol
Cyclohexanone

0.3
0.6

0.4

74.7
2.3
-

21.7
2.7
-

C-C Coupling:
1,1' Bicyclohexyl
Cyclohexene, 1-Cyclohexyl
1,1' bicyclohexanone
Phenol, 2-cyclohexyl-4-methyl
Benzene, 1-Cyclohexyl-4-methyl

5.2
0.6
0.8
2.6
6.6

9.7
1.0
2.9
3.2
5.1

0.5
1.3
-

1.5
1.2
0.8

C-C coupling product selectivity was much greater over the catalysts with higher
microporosity and acidity. This was not expected considering that previous studies have
shown that application of a mesoporous zeolite results in a loss of shape selectivity and
formation of larger products.83,85 Shape selective product formation primarily arises when
pore size restricts intermediate formation and stabilizes final products. 87 However, the
micropore opening diameter of USY is relatively large, and can accommodate bulky
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molecules, such as glucose and 1,5-dimethylnaphthalene.64 Here, the micropores most
likely stabilize the bulky C-C coupling products. This is a potentially desirable reaction
pathway, useful for promoting diesel range hydrocarbons over gasoline range
hydrocarbons.
There are many mechanisms for anisole HDO published in the literature, in addition
to the mechanism described in Chapter 6.182,184,193,198 Every mechanism shows cyclohexane
as the final product, formed from hydrogenated single-ring oxygenate intermediates. Zhao
et al.159 have demonstrated that phenol HDO catalyzed by Ni-zeolite proceeds in a cascade
fashion: Ni catalyzed hydrogenation of the aromatic ring, followed by Brønsted acid
catalyzed dehydration to remove the oxygen atom as water.

Scheme 7-1. Simplified lumped reaction mechanism for anisole HDO.
Here, a simple lumped model for anisole HDO is proposed, presented in Scheme 7-1.
Anisole undergoes Ni catalyzed hydrogenation to produce oxygenated intermediates. The model
does not distinguish between the oxygen functional group. It is worth noting that cyclohexanone
was primarily observed over the more acidic materials and 1-methoxycyclohexane was observed
over the less acidic materials. The oxygenated lump further undergoes Brønsted acid catalyzed
dehydration to form the final cyclohexane product. This mechanism and kinetic analysis relies on
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several assumptions. First, no direct deoxygenation from anisole to cyclohexane via benzene
occurs. To address this, the reaction conditions (200 °C, 750 psi) were specifically chosen to make
benzene formation thermodynamically unfavourable.177 Second, hydrogenation of the first
aromatic ring double bond occurs slowly compared to hydrogenation of the second and third
aromatic double bond. This is reasonable, because no partially hydrogenated oxygenates were
observed in any of the products at any point. Third, isomerization and demethoxylation within the
oxygenate (O) lump occur rapidly compared to acid-catalyzed dehydration. A similar assumption
regarding HDO of these compounds has been made in the literature.198
Equations 3 – 5 are the governing differential equations for the mechanism proposed
in Scheme 7-1, for the changes in anisole (A), oxygenate (O) and cyclohexane (C)
concentration with respect to time.

𝑑𝐶𝐴
= −𝑘1 𝐶𝐴
𝑑𝑡

(3)

𝑑𝐶𝑂
= 𝑘1 𝐶𝐴 − 𝑘2 𝐶𝑂
𝑑𝑡

(4)

𝑑𝐶𝐶
= 𝑘2 𝐶𝑂
𝑑𝑡

(5)

These equations were solved analytically,230 and the parameters k1, k2 and CA0 were
determined from a least squares fit to the time evolution of the concentrations of anisole,
intermediate oxygenates and cyclohexane over each catalyst. Although the initial
concentration of the starting reaction solution was known, it may have slightly changed
during reactor purging and heating, so CA0 was included as a model parameter. Figure 7-7
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shows the reaction data and model fit for anisole HDO over each catalyst. The model fits
the data well, further justifying our assumptions.

Figure 7-7. Reactant, intermediate and product concentration evolution with time (points) and
kinetic model fit (lines) for anisole HDO over (A) Ni-USY, (B) Ni-SA-USY, (C) Ni-DS(50)USY, (D) Ni-DS-PDA(50)-USY.
In order to make a level comparison between each catalyst, parameters k1 and k2 are
presented in Table 7-4, normalized to the number of Ni and Brønsted acid sites,
respectively. The number of surface Ni sites was determined from the dispersion of Ni on
each material calculated from H2 chemisorption, and the number of Brønsted acid sites was
determined from Py-IR. Fitted rate constants were normalized to catalyst active sites as a
concentration-dependent turnover frequency, so the effectiveness of each catalyst on a Ni
and acid site basis can be compared.
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Table 7-4. Kinetic parameters from model fits for HDO of anisole over each catalyst, normalized
to the number of Ni (k1) and Brønsted acid (k2) active catalytic sites.
Ni Sites1

Catalyst

B.A.S.2

μmol/gcat μmol/gcat
Ni-USY
Ni-SA-USY
Ni-DS(50)-USY
Ni-DS-PDA(50)-USY

88
32
46
43

528
369
46
145

k1
(1/s)/mol
Ni

k2
(1/s)/mol
B.A.S.

14.5
10.1
37.5
46.6

127.1
83.9
12.2
22.7

1

H2 Chemisorption, 2Pyridine FTIR

As shown in Table 7-4, HDO of anisole with Ni-USY proceeded at a moderate rate
for hydrogenation and high rate for dehydration. HDO with Ni-SA-USY progressed at a
high rate constant for dehydration, but not hydrogenation. Conversely, HDO with NiDS(50)-USY progressed at high rates of hydrogenation, but not dehydration. Finally, the
HDO with Ni-DS-PDA(50)-USY resulted in moderate rate constants of both hydrogenation
and dehydration. Rate constants for hydrogenation were greater over the DS- and DS-PDA
catalysts, whereas the dehydration rate constant was greater over the Ni-USY and Ni-SAUSY catalysts.
The overall rate of reaction was greater for the Ni-DS(50)-USY and Ni-DSPDA(50)-USY materials. As revealed in Table 7-4, the rate constants of hydrogenation
were higher for these two materials. This was unexpected because Ni dispersion was lower
on these materials compared to the Ni-USY, as determined from H2 chemisorption. The
smaller Ni crystallites present in Ni-USY may not be easily accessible, resulting in fewer
turnovers per Ni atom. This is consistent with Mortensen et al.200 who have shown that
Ni/SiO2 catalyzed hydrogenation of phenol occurs more rapidly over larger Ni particles
(>10 nm). They attributed this to the presence of larger Ni facets, resulting in greater
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reactant coordination. The hydrogenation rate constant was particularly low for anisole
HDO with the Ni-SA-USY material. We hypothesize that the small uniform internal
mesopores of the SA material trapped the Ni particles. This resulted in enclosed Ni crystals
with limited access to the surface and less exposed metal surface area.
The rate of the acid-catalyzed dehydration reaction was an order of magnitude
greater than the rate of hydrogenation for HDO with the Ni-USY. The catalysts with a
greater number of acid sites had much higher rates of dehydration per acid site. This is most
likely a result of the proximity between Ni sites and acid sites. Efficient HDO requires
metal and acid sites in close proximity, such that both hydrogenation and C-O bond
activation can occur in quick succession.213 The Ni-DS(50)-USY material contains
relatively few acid sites, so efficient dehydration of intermediates could not occur, which
resulted in high selectivity to intermediate oxygenates (Table 7-3). In contrast, HDO with
the Ni-DS-PDA(50)-USY catalyst proceeded at a moderate dehydration rate per acid site
and high hydrogenation rate per Ni site. This balance made the Ni-DS-PDA(50)-USY the
most effective catalyst, which outperformed the Ni-USY in terms of total cyclohexane
yield 65 mol% vs. 61 mol%.
Summarizing, anisole HDO proceeded faster over the Ni-DS-PDA(50)-USY
catalyst. Greater support mesoporosity benefited the rates of the Ni-catalyzed
hydrogenation reactions, while the inclusion of PDA protected some of the acidity, leading
to acceptable rates of acid-catalyzed dehydration. Smaller Ni crystallites on the Ni-USY
did not benefit hydrogenation reaction rates, whereas the Ni-DS-USY suffered from lack
of acidity. The characterization and reaction data suggest that large mesopores are
beneficial for metal impregnation and reaction, as long as substantial acidity is not
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sacrificed during synthesis. In the following section, we discuss the reduction of DS-PDA
alkaline treatment strength as a means to further improve the effectiveness of hierarchical
USY supported Ni catalysts.
7.3.2 Improving Performance of Ni-DS-PDA Catalyst
The previous section highlights the benefits of a mesoporous USY support with
preserved acidity. To further improve catalyst efficacy, we focused on improving catalyst
surface area and acidity without sacrificing mesopore volume. Verboekend et al.258 have
shown that increasing PDA concentration during alkaline treatment is one way to retain
acidity and crystallinity. It is also well known that reducing desilication (DS) alkaline
treatment strength improves acidity of the final material at the expense of mesopore
formation.85,268 Here, alkaline treatment strength of the DS-PDA method was reduced from
50 mM to 25 mM and 10 mM of NaOH, denoted PDA(50), PDA(25) and PDA(10),
respectively.

Figure 7-8. (A) Effects of NaOH concentration on micropore volume (left axis), XRD
crystallinity and Brønsted acidity (right axes). (B) BJH mesopore size distribution for materials
created with DS-PDA method with different alkaline treatment strength.
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Figure 7-8(A) shows the effects of alkaline treatment strength on catalyst Brønsted
acidity, micropore volume and XRD crystallinity. As expected, micropore volume,
crystallinity and Brønsted acidity all increase as alkaline treatment concentration decreases.
The mesopore size distribution for each material created with the DS-PDA method
is available in Figure 7-8(B). There are two mesopore size regimes, a narrower pore
diameter centred at 75 Å, and a broad mesoporosity between 100 and 500 Å. Stronger
alkaline treatment favors the production of smaller, more well-defined mesopores, and
weaker alkaline treatment favors large broader mesopores. This is likely a result of the base
concentration gradient within the zeolite micropores. At low alkaline strength, significant
Si leaching occurs from the external surface of the zeolite crystal, whereas at higher alkaline
treatment strength more of the internal Si is removed. To confirm this, surface Si/Al ratio
was determined using XPS. The surface Si/Al ratio of the USY, DS-PDA(50)-USY and
DS-PDA(10)-USY materials was found to be 88, 81 and 60, respectively. The lower surface
Si/Al ratio of the material created with lower alkaline treatment strength indicates that more
Si has been removed from the surface, resulting in the broader pore size distribution
observed in Figure 7-8(B). Binding energy and shape of the Si 2p peak for each material
was similar.
Approximately 5 wt.% Ni was impregnated on each material. The bulk Ni loading
measured from ICP-OES was 4.78 wt.% and 4.65 wt.% for the Ni-DS-PDA(25)-USY and Ni-DSPDA(10)-USY, respectively. The TPR profiles of both new materials were very similar to the NiDS-PDA(50)-USY material presented in Figure 7-4. Interestingly, the TPR of the Ni-DSPDA(10)-USY exhibited a shoulder at low reduction temperature (305 °C). This is the same
location as a prominent peak exhibited by the parent Ni-USY, indicating that the smaller Ni
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crystallite precursors may be present during reduction. This is correlated with greater micropore
volume present in the DS-PDA(10)-USY support. The reducibility of each material remained high,
greater than 90%, in all cases. The NiO average crystallite size, measured by XRD line broadening,
was comparable to that of all the other materials, between 27 and 35 nm. After reduction, the Ni
crystallite size was 21.9 nm and 17.1 nm for the Ni-DS-PDA(25)-USY and Ni-DS-PDA(10)-USY,
respectively. The effects of the increased microporosity by reduction of alkaline treatment strength
on the Ni morphology follows a trend. As micropore volume increased, Ni migrated into the
micropore network during reduction producing smaller Ni crystallites, similar to those observed
on the Ni-USY material in Figure 7-6(F). From the conclusions reached in the previous section, it
is expected that the presence of smaller Ni crystals in the Ni-DS-PDA(10)-USY catalyst may
reduce the relative rate of Ni-catalyzed hydrogenation, reducing the overall rate of anisole HDO.

Figure 7-9. (A) Initial reaction rate (bars, left-axis), final conversion and overall mass balance
(lines, right axis) for anisole HDO over Ni impregnated on parent and USY zeolites prepared
with DS-PDA method. (B) First order kinetic fit for apparent rate of anisole HDO over each
catalyst. Reaction Conditions: Temperature: 200 °C, pressure: 750 psi, reaction time: 140 min.
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The mesoporous Ni materials were tested for the same anisole HDO reaction. Figure
7-9(A) shows the initial rates of reaction and final conversion, calculated after 140 min of
reaction time. As expected, improving microporosity and acidity by reducing alkaline
treatment strength improved the initial reaction rate. Improved reaction rate resulted in
greater anisole conversion. From Figures 7-9(A) and 7-9(B), initial reaction rate was higher
over the Ni-DS-PDA(25)-USY catalyst, and fell slightly when the Ni-DS-PDA(10)-USY
catalyst was used.
Table 7-5. Final product molar selectivity for anisole HDO over Ni impregnated on parent and
mesoporous USY zeolites created using DS-PDA method with different NaOH concentrations.
Selectivity is defined as moles of specific product formed over total moles of product formed.
Compound
Ni-DS-PDA(50)-USY

Selectivity (mol%)
Ni-DS-PDA(25)-USY

Ni-DS-PDA(10)-USY

Hydrocarbons:
Cyclohexane
Cyclohexene

71.9
0.1

89.0
-

87.3
-

Oxygenates:
1-methoxycyclohexane
Cyclohexanol
Cyclohexanone

21.7
2.7
-

6.0
0.1
0.1

7.3
0.2
0.2

1.5
1.2

2.6
1.4

2.6
1.4

0.8

0.8

0.9

C-C Coupling:
1,1' Bicyclohexyl
Cyclohexene, 1-Cyclohexyl
1,1' bicyclohexanone
Phenol, 2-cyclohexyl-4-methyl
Benzene, 1-Cyclohexyl-4methyl

The rate constants of Ni-catalyzed hydrogenation (k1) and Brønsted acid-catalyzed
dehydration (k2), based on the model in Scheme 7-1, are displayed in Table 7-6. As presented in
Table 7-6, the rate constant for hydrogenation is highly dependent on catalyst support.
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Hydrogenation was fastest with the Ni-DS-PDA(25)-USY material, correlating with the greater
overall initial rate of reaction from Figure 7-9(A). Hydrogenation was significantly slower when
the Ni-DS-PDA(10)-USY was used, compared to the Ni-DS-PDA(25)-USY. This reduced Ni
hydrogenation activity is related to the decreased Ni crystallite size observed from XRD line
broadening, which suggests that some of the Ni has migrated into the pore network, becoming
inaccessible for reaction (vide supra). The rate constants of acid-catalyzed dehydration per active
site were similar for the three catalysts, indicating that while alkaline treatment strength affects
acidity, the differences in acid site location were not great enough to affect the rates of acidcatalyzed reaction.
Table 7-6. Kinetic parameters from model fits for HDO of anisole over catalysts created using
DS-PDA method with different NaOH concentrations, normalized to the number of Ni (k1) and
Brønsted acid (k2) active catalytic sites.
Ni Sites1

Catalyst

B.A.S.2

umol/gcat umol/gcat
Ni-DS-PDA(50)-USY
Ni-DS-PDA(25)-USY
Ni-DS-PDA(10)-USY

145
268
334

43
37
38

k1
(1/s)/mol
Ni

k2
(1/s)/mol
B.A.S.

46.6
80.1
60.9

22.7
26.3
24.5

1

H2 Chemisorption, 2Pyridine FTIR

Anisole HDO proceeded most rapidly using the Ni-DS(250)-PDA-USY material. The
pseudo-first order rate constant was calculated to be 0.99 L/(gcat*hr). This is an order of magnitude
lower than the reaction rate constant measured for anisole HDO over Pt/Al2O3 measured by
Runnebaum et al.193 (19 L/(gcat*hr)), and over CoMo/Al2O3 measured by Hurff et al.269 (2.2 – 10
L/(gcat*hr)). A direct comparison between these materials is not possible due to discrepancies in
reactor setup, reaction temperature and operating pressure.
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In summary, reducing DS-PDA alkaline treatment concentration increases the Brønsted
acidity, crystallinity and micropore volume of the material. This increased micropore volume
results in lower Ni crystallite size upon impregnation and reduction. Anisole HDO reaction rate
was higher using the Ni-impregnated DS-PDA materials compared to the parent Ni-USY. HDO of
anisole proceeded faster over the material prepared with moderate alkaline treatment. Lower Ni
crystallite size led to reduced rates of the Ni-catalyzed hydrogenation reactions. The results suggest
that there must be a balance between surface-accessible Ni and sufficient acid sites present in the
catalyst for efficient hydrogenation and subsequent dehydration to take place.
7.4 Conclusions
Mesoporous USY-supported Ni catalysts were synthesized, characterized and studied for
the HDO of anisole. Mild SA and stronger DS and DS-PDA methods were used to produce varying
mesopore structures. Impregnation resulted in uniformly sized NiO particles. After reduction, Ni
migrated from the surface of the USY supports with greater micropore volume to produce smaller
internal Ni particles, which were not completely reduced. Ni impregnated on mesoporous USY
supports produced larger Ni particles.
Mesoporous USY with bulk Ni particles on the surface were more active for anisole
conversion under HDO conditions. Kinetic modeling revealed that this increase in catalytic activity
was attributed to the higher rates of hydrogenation reactions per Ni atom. Acid-catalyzed
dehydration reaction constants were significantly lower for anisole HDO over the Ni impregnated
mesoporous materials, compared to the parent, most likely due to limited zeolite acid site
proximity.
The most efficient HDO catalyst support was created using the DS-PDA method. Mild
alkaline treatment strength resulted in retained acidity, crystallinity and microporosity. Increasing
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the microporosity resulted in smaller Ni crystallites, leading to an eventual reduction in the rate of
Ni-catalyzed hydrogenation. Ni supported on mesoporous USY zeolite with proper mesopore
structure and acidity was shown to increase the rates of Ni-catalyzed hydrogenation reactions while
promoting sufficient rates of acid-catalyzed dehydration.
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Chapter 8. Future Work – Biochar from Food Waste as a Soil Amendment
8.1 Introduction
The focus of the vast majority of this thesis has been the application of biomass fast
pyrolysis with the intention of producing liquid biofuels. At the time of this work, this process is
not economically viable due to a new abundance of inexpensive North American natural gas,270
and the availability of shale oil,271 resulting in lower crude oil prices which maintain a competitive
balance. While the previous chapters of this thesis have provided an excess of fundamental
research on catalysis and reaction pathways of biomass conversion, the future work proposed
herein is the application of biomass pyrolysis for the production of biochar as a soil remediation
agent.
Soil contamination poses a world-wide health and environmental risk, especially in urban
environments.272 Two primary classes of soil contaminants are potentially toxic elements (PTEs)
and polycyclic aromatic hydrocarbons (PAHs). PTEs are heavy metal elements such as Cu, Ni,
Pb, Cr, Mo and As, which have all been found in excess of environmental standards in cities such
as New York272 and Hong Kong.273 PTEs are adsorbed by plant roots and are translocated to the
foliage, which is then consumed by humans, posing a significant health risk.274 PTEs have been
associated with organ dysfunction and damage, cancers, blood disorders and several other
metabolic issues.275 PAHs are a class of more than 100 compounds formed from incomplete
combustion of any carbon-based substance, from coal to tobacco. PAHs are also common
constituents of crude oil, tar and coal. PAHs have been found in pavement runoff in a number of
United States cities, including Minneapolis and New Haven.276 Runoff is absorbed by soil beds,
and PAHs become immobilized and subject to plant absorption. PAHs have been identified as
carcinogens and teratogens, with marked effects on human genetic material.277 It is essential that
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new and sustainable soil additives are developed to adsorb and remove these harmful contaminants
from the agricultural cycle.
Activated carbon has been shown to be an effective soil remediation amendment,278,279
removing both PAHs and PTEs, due to high surface area and high affinity for soil contaminants.280
However, activated carbon is typically manufactured from the incomplete combustion of coal, or
other fossil-derived carbon sources, followed by steam treatment. Here, biochar is proposed as a
sustainable and ‘green’ replacement for activated carbon. Like activated carbons, biochar is
produced from pyrolysis, but using bio-renewable resources such as lignocellulosic biomass or
crop wastes.281 Large-scale application of biochar as a soil amendment even has the potential to
mitigate atmospheric greenhouse gas due to the concomitant reduction of biomass decay emissions
and increased crop production, resulting in more CO2 sequestration.282
Many research groups have applied biochars as soil amendments, with very mixed results.
Van Zwieten et al.283 studied the application of paper mill waste biochar as a soil amendment, and
found that biochar has benefits on soil fertility. However, they concluded that careful evaluation
of biochar type and soil properties are required prior to large-scale application. Laird et al.284
demonstrated that the application of biochar to soil, even in small quantities, improved water
retention, removed cations and added N to the soil, outperforming manure, which was used as a
control. Rajkovich et al.285 studied corn growth enhanced by biochar formed by a number of natural
resources. They found that biochar derived from manure promoted corn growth the best, while
biochar derived from food waste hampered growth, most likely due to the presence of inorganics
in the food waste.
Biochar is formed from slow pyrolysis, the thermal deconstruction of biomass at
intermediate temperature (400 - 800 °C), slow heating rate (1 – 50 °C/min) and under inert
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atmosphere.24 Slow pyrolysis process parameters, such as temperature, pressure, particle size,
residence time, and heating rate, have a marked effect on the biochar properties.286 For example,
increasing biomass particle size increases biochar yield due to heat conduction limitations through
the biomass particle.287 Biochar properties which affect adsorption capacity and surface chemistry
include surface area, porosity, elemental composition, degree of aromaticity and the presence of
surface functional groups.288,289
Food waste is an interesting feedstock for the production of biochar. In the United States,
up to 40 wt.% of food is wasted, with the majority of it ending up in landfills.290 New laws and
regulations requiring the separation and recycling of food have been created. For example, a recent
law in the state of Connecticut requires that food waste must be separated from trash. 291 The
primary goal of this proposed research is to develop a process in which food waste is successfully
transformed into a biochar soil amendment capable of removing PAHs and PTEs. The use of food
waste for biochar has several natural advantages, such as the relative abundance and
inexpensiveness of the feedstock. Moreover, food waste is intrinsically high in N content, which
may further benefit soil beyond adsorbing toxic contaminants. A major potential drawback of food
waste biochar is the presence of inorganics, as mentioned by Rajokovich et al.,285 but a washing
procedure may be easily implemented to remove salts. The overall objective of the future work is
to understand how pyrolysis process parameters affect biochar formation and properties, and how
this translates to a successful PTE and PAH adsorbent. A graphical representation of the
envisioned soil remediation process is shown in Figure 8-1.
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Figure 8-1. A graphical representation of the applicability of food waste biochar as a soil
amendment.
Initial work has been conducted to determine the feasibility of the food waste biochar as a
soil amendment. Food waste was gathered from the University of Connecticut Dining Services,
referred to here as UConn dining commons waste (DCW). After washing, drying and grinding, the
food waste was pyrolyzed at various temperatures and residence times, to determine the effects of
each parameter on the biochar properties. Each biochar was characterized to determine elemental
composition, surface area, porosity, chemical functionality and morphology. Selected biochars
were chosen for adsorption of Cu2+ and 1-methylnaphthalene, two model soil contaminants, to
determine the uptake of each compared to a commercial adsorbent. After proof of concept, the
future experimental plan is laid out, which includes critical variables and soil testing protocols.
The potential for scale-up and kinetic modelling of the DCW to biochar process is also discussed.

183

The expected outcome of this work is an optimized biochar soil amendment, produced from
sustainable food waste, capable of enriching soil and absorbing large quantities of PTEs and PAHs.
8.2 Methods
8.2.1 UConn Dining Commons Waste (DCW)
DCW was gathered from the Dining Services Department at the University of Connecticut.
The raw DCW was ground and sieved to a particle size between 355 and 180 μm. Scanning
electron microscopy (SEM) with elemental analysis was performed on the DCW to determine
homogeneity and the presence of any inorganics. SEM was performed using an FEI Quanta FEG
250 scanning electron microscope operating at a potential of 20 kV. Samples were coated with
gold to reduce charging at high magnification. Figures 8-2(A) and (B) show SEM micrographs of
the raw DCW. The samples were clearly non-homogeneous, and were composed of particles and
fibers, as shown in Figure 8-2(B). An Energy dispersive X-ray (EDS) spectrum, found in Figure
8-2(C), shows that the DCW consists primarily of carbon and oxygen, but Na, Cl and K are present
in significant amounts. This is reasonable, owing to the high salt content of UConn dining
commons food. The DCW ash content, measured by oxidation in a thermogravimetric analyzer
(TGA, see below for methodology) at 700 °C was approximately 9.1 wt.%.

Figure 8-2. (A) Low magnification and (B) high magnification SEM images of DCW. EDS
analysis of DCW shows high Na, Cl and K content.
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As shown by Rajokovich et al.,285 the presence of salt has a detrimental effect on vegetation
enrich with Na containing biochar. In order to remove these inorganics, a thorough washing
procedure was implemented. Approximately 1.2 g of DCW was thoroughly shaken with deionized
(DI) water using a vortex mixer. The mixture was centrifuged at 6000 rpm for five minutes and
the supernatant was discarded. The DCW was then rinsed, agitated again and the cycle was
repeated five more times. The supernatant solution turned from yellow, after the first wash cycle,
to clear after the final cycle. The DCW was then dried in an oven at 60 °C for 12 hr. The ash
content, measured by TGA, decreased significantly, to approximately 1 wt.%, but inductively
coupled plasma (ICP) analysis is still required to confirm Na reduction. Ground, washed and dried
DCW was used for the remainder of the experiments in this chapter. Further information about the
DCW surface area, elemental composition and oxidation behavior can be found in Section 8.3.2.
8.2.2 Slow Pyrolysis of DCW
Slow pyrolysis experiments were performed in a 1 in quartz reactor mounted in a tube
furnace, shown in the inset of Figure 8-3(A). Exactly 1.0 g of biomass was weighed out and
sandwiched between two slugs of quartz wool. The reactor was mounted in the furnace, held in
place by a Swagelok fitting, and covered with quartz wool insulation. Two glass impingers were
placed in series directly below the reactor, connected by a ball joint. Each impinger contained
approximately 30 mL of methanol, maintained at 0 °C for the duration of the experiment.
Permanent gas traveled through the impingers to an online mass spectrometer (MS, Agilent 5975)
with a specialized gas sampling attachment (Diablo Analytical).
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Figure 8-3. (A) Experimental design and photograph of reactor setup (inset). Pyrolysis products
include (B) liquid bio-oil, (C) biochar and (D) sludge.
Prior to each experiment, the reactor system was purged with Ar, until no N2 was observed
on the MS. The flow rate of the system was then set to 50 sccm, controlled by a mass flow
controller placed upstream of the pyrolysis reactor. The furnace was then heated to the desired
reaction temperature at a heating rate of 10 °C/min. Reactor temperature was measured by a
thermocouple placed in the middle of the reactor bed. The pyrolysis reaction proceeded for the
desired residence time, defined as the amount of time at the desired reaction temperature, excluding
the heating and cooling time. After that residence time, the insulation was removed from the
reactor, which was allowed to cool under ambient conditions. The impingers were removed from
the setup, and the liquid products were collected.
The liquid bio-oil was yellow in color, as shown in Figure 8-3(B). The biochar, presented
in Figure 8-3(C), was removed from the reactor and weighed to determine mass yield. Sludge was
defined as the remaining residue on the reactor wall, as shown in Figure 8-3(D). Biochar, sludge
and permanent gas yields were measureable, but liquid yield could not be determined due to the
evaporation of methanol during the experiment. Thus, liquid yield was assumed to be the
difference in the mass balance after biochar, sludge and permanent gas was deducted. In the future,
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liquid hydrocarbon yield will be determined by GC-MS, and water yield will be determined by
Karl-Fischer titration. Reproducibility was determined by repeating two experimental points, and
measuring the standard error. The design of experiments is shown in Figure 8-3(A). Pyrolysis
temperature was varied between 275 and 525 °C at a residence time of 30 min. Additionally,
residence time was varied between 30 and 120 min at a reactor temperature of 525 °C.
8.2.3 Characterization of DCW Biochar
Biochar surface area and porosity were determined by N2 physisorption performed on a
Micromeritics ASAP 2020C Sorption Analyzer. Prior to analysis, approximately 0.1 g of biochar
was degassed for 12 hrs at 100 °C under high vacuum. N2 sorption isotherms were then gathered
at 77 K. Sample surface area was calculated using the Brunauer-Emmett-Teller (BET) method,
and pore volume was calculated using the single point method below P/P0 = 0.99.
Information about the chemical composition and structure was gathered using elemental
analysis (CHONS), Raman spectroscopy and 13C NMR. Elemental analysis was performed using
an Elementar Vario Microcube analyzer. Sample was combusted at 1150 °C, and the evolving
gasses were measured using a micro-gas chromatograph equipped with a thermal conductivity
detector (TCD). The analyzer was calibrated with sulfanilamide, and each sample was run in
triplicate to ensure precision. Raman spectra were obtained with a Renishaw 2000 Ramanscope,
operated with a 514 nm laser. Laser focus was set to 50% to prevent sample damage, and spectra
were collected at 3 different sample locations for verification. Solid state magic angle spinning
(MAS) 13C NMR spectra were acquired using a Bruker Advance III spectrometer. Samples were
packed in a zirconia rotor with vespel cap, and spun at a frequency of 35 kHz at room temperature.
Biochar oxidation and pyrolysis behavior were determined by TGA, performed with a Q500 Thermogravimetric Analyzer from TA instruments. Platinum crucibles were loaded with
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about 10 mg of sample, and placed in an autosampler. Temperature programmed oxidation (TPO)
was performed in air, while slow pyrolysis was performed in N2. Prior to either treatment, sample
was heated to 120 °C for 30 min to dry the sample, followed by heating at 10 °C/min to 700 °C.
Fourier transform infrared spectroscopy (FTIR) was used extensively to determine the
chemical transformations that occur during the pyrolysis process. Three types of FTIR were used:
attenuated total reflectance (ATR) was used to probe the surface of the biochar particles, diffuse
reflectance FTIR (DRIFTS) was applied to gather information about the temperature evolution of
DCW functional groups and transmission FTIR was employed to gather FTIR spectra of the bulk
biochar particles. Every spectrum was gathered at a resolution of 4 cm-1 for 32 scans. FTIR-ATR
was performed on a Thermo Nicolet iS5 FTIR fitted with a Ge ATR crystal, while transmission
FTIR spectra were gathered with a Nicolet MAGNA-IR equipped with a DTGS detector.
Transmission IR samples were diluted 1 wt.% in KBr and pressed into pellets before analysis.
DRIFTS spectra were collected on a Thermo Nicolet 6700 FTIR with MCT detector and a
temperature controlled Harrick Praying Mantis DRIFTS assembly. DRIFTS samples were diluted
to 10 wt.% in KBr. In-situ DRIFTS was performed during pyrolysis. The sample was heated to
725 °C at a heating rate of 10 °C/min, using N2 as the purge gas.
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Figure 8-4. FTIR spectra of DCW gathered using ATR, DRIFTS and transmission techniques.
FTIR spectra of DCW were gathered using each technique, each of which is presented in
Figure 8-4. The peak locations agree well between the three sampling techniques. A broad band
above 3000 cm-1 is indicative of water adsorbed on the DCW. Even after drying, DCW adsorbs
substantial water from the atmosphere. Several -CHx groups are present, indicated by the intense
peaks just below 3000 cm-1. At lower wavenumber, there is an amalgam of oxygen functional
groups including: esters, aldehydes, alcohols and anhydrides. It is particularly difficult to
distinguish the peaks below 1500 cm-1. Measurement of the FTIR spectra during slow pyrolysis
will allow for tracking of these functional groups as a function of temperature, while transmission
FTIR spectra of the post-pyrolysis biochar will provide details of the final biochar structure.
8.2.4 Evaluation of DCW Biochar as a PTE and PAH Adsorbent
Batch liquid-phase sorption experiments were performed on selected biochars using Cu2+
and 1-methylnapthalene as a model PTE and PAH, respectively. A solution of 4.75 mg/mL (1000
ppm) Cu2+ solution was formulated using Cu(NO3)2●xH2O in DI water. The solution was mixed
189

with the biochar in a beaker (20 mL solution, 0.05 g biochar) and vigorously stirred for 15 hr. The
solution was then separated by filtration, and the Cu concentration was measured by UV-visible
spectroscopy (UV-Vis). The UV-Vis was calibrated using Cu2+ standards prepared by series
dilution, and the wavelength was set to 813 nm. Solutions of 1-methylnapthalene in isopropyl
alcohol were prepared and batch experiments were performed in the same manner as for Cu2+.
Isopropyl alcohol was used in lieu of water to better match polarity of the PAH, and a lower
concentration of 1 mg/mL was applied. Quantification of 1-methylnaphthalene removal was
performed by GC-MS, calibrated using an external 1-methylnaphthalene standard prepared by
serial dilution. Each biochar was compared to a non-porous SiO2 as a blank measurement, and
calcined Y zeolite (Zeolyst International, SiO2/Al2O3 = 5.1), a commercial ion-exchange material.
8.3 Initial Results
8.3.1 Analytical Slow Pyrolysis of DCW
To first understand the pyrolysis behavior of washed and dried DCW, controlled
experiments were performed separately in a TGA and in a DRIFTS-FTIR. Figure 8-5(A) shows
the weight loss (TG) and differential weight loss (dTG) curves gathered from pyrolysis of DCW
as a function of pyrolysis temperature. The initial weight loss at 120 °C is due to the evaporation
of water during the drying step. The pyrolysis occurs primarily between 200 and 450 °C, evidenced
by the significant weight loss between those temperatures in the TG profile. From the dTG profile,
the pyrolysis reaction occurs most rapidly around a temperature of 300 °C, and as temperature
increases the evolution of volatiles tails off. By 600 °C, the majority of the DCW has volatilized,
and a final char yield of 28 wt.% was observed.
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Figure 8-5. (A) Weight loss and derivative weight loss curves from pyrolysis of DCW in a TGA.
(B) 3-D FTIR trace of DCW pyrolysis in a reaction chamber. The heating rate for both
techniques was 10 °C/min in pure N2.
Figure 8-5(B) shows a 3D DRIFTS spectrum of the DCW during the pyrolysis time
evolution, collected under similar conditions to the TGA results presented in Figure 8-5(A). There
was no drying step included in the DRIFTS analysis, so that this experiment could better simulate
the bench-scale conditions. The assignments of specific peaks can be found in Figure 8-4. The
intensities of all peaks decrease as the pyrolysis proceeds. This decrease is well correlated with the
weight reduction of the sample observed from the TGA results. The FTIR spectrum evens out at
approximately 425 °C, in good agreement with the results from TGA. The broad band above 3000
cm-1, which arises from the presence of water, disappears at the same rate as the other volatiles,
indicating that evaporation of water and pyrolysis occur simultaneously at a heating rate of 10
°C/min. The C-H stretching, region just below 3000 cm-1, is mostly affected by the increase in
temperature, signifying that these bonds are likely to break from the thermal treatment at low
temperature. Finally, peaks at the region between 900 and 2000 cm-1, which represent the majority
of the C and O functionality, are persistent to 700 °C. This indicates that these bonds are stronger
and may require longer residence times in order to be removed.
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8.3.2 Laboratory-Scale Slow Pyrolysis of DCW
Slow pyrolysis of DCW was performed in a fixed-bed reactor, under Ar flow and a heating
rate of 10 °C/min. Pyrolysis was performed at 4 final temperatures, corresponding to different
extents of pyrolysis observed in Figure 8-5: 275, 350, 425 and 525 °C. The residence time was
kept at a constant 30 min for each experiment, and then the reactor was allowed to cool. The
residence time, defined as the time at temperature, was also varied from 30 min to 120 min to
determine the effects of time on product yields and char properties.
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Figure 8-6. Slow pyrolysis product yield as a function of pyrolysis temperature. *Liquid yield
calculated by difference.
Figure 8-6(A) shows the effects of temperature on pyrolysis liquid, char, gas and sludge
yield. Char yield decreased as temperature increased, to a final char yield of 28 wt.%, similar to
the final yield observed from TGA. Gas and liquid yields increased, and sludge yield fell from 15
wt.% to 7 wt.%. As previously mentioned, the liquid yield was calculated by difference to create
a mass balance of 100 wt.%. A GC-MS analysis performed at the University of Connecticut Center
for Environmental Sciences and Engineering determined that the liquid bio-oil was primarily
nitrogenated hydrocarbons, sugars and a minor amount of toluene, in addition to water. Due to the
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complicated nature of the liquid products, and because the biochar is the focus of this work,
individual bio-oil compounds were not quantified.

Figure 8-7. (A) Slow pyrolysis product yield as a function of pyrolysis temperature. (B) DCW
pyrolysis permanent gas evolution. *Liquid yield calculated by difference.
Figure 8-7(A) presents the liquid, biochar, permanent gas and sludge yields as a function
of residence time. Biochar yield decreases when residence time was increased from 30 min to 60
min, but remained flat as residence time was further increased to 120 min. Gas yield was about the
same as residence time increased, while sludge and liquid yields increased slightly. Relatively
small dispersion bars on the 60 min and 120 min indicate that the pyrolysis experiment was very
reproducible.
The evolution of permanent gas products over time can be found in Figure 8-7(B). The
primary gasses formed were H2, CO2, CO and CH4. The first dashed line on the chart indicates
where gas evolution was first observed, after 24 minutes of heating or at a reactor temperature of
about 192 °C. Evolution of CO2 and CO occurred simultaneously, while CH4 and H2 evolved at a
higher pyrolysis temperature. CO2 was the most abundant gas in all pyrolysis experiments, and H2
was formed in the lowest yield, despite the greater molar concentration in the gaseous products,
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due to the low molecular weight of H2. Interestingly, the three primary gasses CO2, CO and CH4
finished evolving after about 30 min at 525 °C. After that, H2 continued to flow out of the pyrolysis
reactor, indicating a shift in pyrolysis mechanism from decarbonylation and decarboxylation to
carbonization and aromatization reactions.
8.3.3 Characterization of DCW Biochar
The biochar was completely characterized to determine morphology, surface area, porosity,
elemental composition, oxidation behavior and C-C bonding structure. Figure 8-8 shows SEM
images of biochar produced at (A) 275, (B) 350 and (C) 425 °C. All three biochars maintained the
morphology of the original DCW, mostly a mixture of fibers and particles. The biochar produced
at 275 °C showed no visible signs of pore development, however fissures began to form once a
temperature of 350 °C was reached. At 450 °C, there are visible cavities within the biochar particle,
with a pore diameter of approximately 10 µm, which would qualify as macropores.261

Figure 8-8. SEM micrographs of DCW biochar formed at (A) 275, (B) 350 and (C) 425 °C.
Further N2 sorption experiments were performed to determine the surface area and porosity
of a biochar produced at each temperature and residence time. Table 8-1 contains the BET surface
area and the single point pore volume of washed DCW and each biochar. DCW itself did not have
any porosity, and as a result had very low surface area, below 1 m2/g. As pyrolysis temperature
increased, biochar porosity and surface area increased. The most noticeable change occurred
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between the temperatures of 425 °C and 525 °C, where a seven-fold increase in surface area and
pore volume was observed. Interestingly, the pore volume and surface area decreased once
residence time was increased from 30 min to 60 min at a temperature of 525 °C. The most pore
volume and surface area was finally realized at a temperature of 525 °C and 120 min of residence
time. That biochar had a surface area of 32.5 m2/g and pore volume of 0.0198 cm3/g, an order of
magnitude greater than that of all other biochars. It is important to note that the decrease and
subsequent increase in surface area and pore volume with residence time was reproduced at each
point. One potential explanation for this trend could be the deconstruction followed by
recrystallization of DCW carbon as time proceeded. The initial pores, caused by volatilization of
light precursors, could collapse, followed by the formation of secondary and more ordered biochar
pores. The formation of secondary char by pyrolysis intermediates has been proposed in previous
works.35,82
Table 8-1. Surface area, porosity and elemental composition of DCW and biochars produced at
various pyrolysis temperatures and residence times.
Temperature
°C

Residence Time
min

Washed DCW

BET Surface
Area
m²/g

Pore
volume
cm³/g

0.96

0.0004

42.0

6.4

4.6

0.5

46.4

Elemental Composition (wt.%)
C
H
N
S
O*

275
350
425

30
30
30

1.4
1.3
1.7

0.0014
0.0011
0.0017

49.2
45.0
54.1

3.4
2.1
1.8

5.6
4.8
5.6

0.3
0.2
0.2

41.4
48.0
38.3

525
525
525

30
60
120

7.1
0.9
32.5

0.0071
0.0008
0.0198

52.0
71.9
71.9

1.6
1.7
1.6

5.2
6.3
6.5

0.1
0.1
0.1

41.0
19.9
19.7

*Calculation of O content by difference
A greater understanding of the char formation mechanism can be gained from analysis of
the final elemental composition of each biochar, which is also given in Table 8-1. The initial DCW
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feedstock had a C composition of 42 wt.%. This material also contained significant levels of H, N,
S and was about 46 wt.% O. Slow pyrolysis increased carbon content under all conditions tested.
Greater reaction temperature resulted in a biochar with slightly greater C content, but residence
time was the primary driver of C composition. The C weight fraction increased substantially, from
52 wt.% to 72 wt.%, as pyrolysis residence time was increased from 30 min to 60 min at 525 °C.
This was accompanied with a concomitant decrease in O content, indicating that higher residence
time was required to break C-O bonds, as indicated by the DRIFTS results presented in Figure 85(B). Interestingly, the N weight fraction of the biochar increased as both pyrolysis temperature
and residence time are increased. High N content could be potentially beneficial for biochar as a
soil amendment, as many fertilizers provide N to enrich soil.
While knowledge of the overall elemental composition is beneficial for determining
heating value and C content of the biochar, more in-depth characterization is required to
understand the biochar chemical structure. Transmission FTIR provides information about the
biochar functionality. Raman spectroscopy is a complementary technique for determination of the
C-C bonding structure. 13C NMR provides details about the carbon-specific functional groups in
the biochar. Figure 8-9 provides a structural picture of the biochar using the three aforementioned
spectroscopy techniques.
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Figure 8-9. (A) Transmission FTIR and (B) Raman spectra of the biochar samples. (C) 13C
NMR spectrum of biochar produced at 525 °C after 120 min of residence time.
Figure 8-9(A) shows the evolution of the biochar FTIR spectrum as a function of slow
pyrolysis temperature. The DCW spectrum is the same as presented in Figure 8-4, and all peak
assignments remain true. As temperature was increased, the amount of water observed on the
biochar samples exposed to ambient conditions decreased, indicating that the biochars produced
at higher temperatures adsorbed less atmospheric water (hydrophobic). Moreover, the –CH
stretching peaks almost completely disappear by a pyrolysis temperature of 425 °C, consistent
with the decrease in biochar H content observed in Table 8-1. The evolution of C=C double bonds
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and formation of C-O-C bonds is also apparent as temperature increased. It is unclear whether
these C=C bonds are in the form of ordered aromatic carbon or randomly distributed through the
biochar.
To gain further insight on carbon bonding, Raman spectroscopy was performed on each
sample. The graphitic carbon portion of each spectrum is presented in Figure 8-9(B). There is a
clear shift in the peak maximum location from 1579 cm-1 to 1592 cm-1. A shift of Raman peak
location to a higher wavenumber is indicative of a shorter bond length. Thus, analysis of these
spectra confirms that as pyrolysis temperature increased, the biochar carbon became more
condensed in structure. This is consistent with Figure 8-9(C), which shows the 13C NMR spectrum
of the biochar produced at 525 °C after 120 min of residence time. There is a single broad peak in
the spectrum, which can be assigned to aromatic carbon. Other alkyl and aliphatic groups were
observed using a different 13C NMR technique, and all biochar Raman spectra contained a distinct
disordered (D) carbon region as well. Therefore, it can be concluded that the biochar carbon existed
as a mixture of aromatic and aliphatic carbon chains, which became more condensed as pyrolysis
temperature increased.
One final area of interest is the combustion behavior of the biochar, measured by TPO. A
higher combustion temperature is indicative of a char with greater heating value and carbon
content. Figure 8-10 shows the TPO profiles of the DCW and each biochar. Figure 8-10(A) shows
the effects of pyrolysis temperature on biochar oxidation behavior. Washed DCW exhibited two
oxidation peaks, a low temperature peak centered at 296 °C and a high temperature peak at 519
°C. The lower temperature peak is a result of the oxidation of nitrogen and oxygen groups in the
char, which combust at lower temperature. The higher temperature peak is from the oxidation of
C-C bonds. As pyrolysis temperature increased, the lower temperature peak shifts to 438 °C, and
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eventually disappears, consistent with the removal of easily accessible -OH and -NH functional
groups and increased carbon content observed in Table 8-1. An increase in the high temperature
oxidation peak location to about 560 °C indicates condensation of the C-C bonds and formation of
C=C double bonds, in concert with the observations made from Figure 8-9. There were no major
differences in the TPO peak location of the chars produced at 525 °C with different residence
times, as shown in Figure 8-10(B), possibly an indication of similar carbon bonding structure as
pyrolysis residence time increased. The dTG profiles were not normalized to the char content,
therefore the increase in dTG peak height at 560 °C in Figure 8-10 (B) is insignificant. Overall,
the greater oxidation temperatures observed indicate that the biochars have a greater heat of
combustion compared to the DCW.

Figure 8-10. TPO profiles of biochars produced at different (A) temperature and (B) residence
time.
In summary, the biochars produced at different pyrolysis temperature and residence time
were characterized to determine morphology, pore volume, elemental content, the presence of
functional groups, C-C bonding and oxidation profile. SEM images revealed that the biochar
maintained the original DCW particle morphology up to a pyrolysis temperature of 425 °C, with
visible macropores formed after pyrolysis at high temperature. In general, surface area and porosity
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increased with increasing pyrolysis temperature and residence time, although overall surface area
remained very low. Elemental C and N content increased as pyrolysis temperature and residence
time increased, while H, S and O weight fractions decreased. The biochar had very limited
functionality, although there was evidence of C-O-C bonding. The carbon existed as a mixture of
aromatic carbon and Sp3 hybridized carbon, and there is evidence that the C-C bonds became more
condensed as pyrolysis temperature increased. Due to the greater surface area, pore volume and
degree of aromatization, biochars produced at a temperature of 525 °C, at residence times of 30
and 120 min, were selected for evaluation of PTE and PAH sorption. The results of these
experiments are presented in Section 8.3.4.
8.3.4 Sorption of PTE and PAH Model Compounds
Batch adsorption tests were conducted by mixing the biochar with Cu2+ and 1methylnapthalene, two model soil contaminants. Figure 8-11 contains the uptake of Cu2+ and 1methylnaphthalene by: 1) SiO2, 2) biochar produced at 525 °C and residence time of 30 min, 3)
biochar produced at 525 °C and residence time of 120 min and 4) commercial Y zeolite. From
Figure 8-11(A), Y zeolite adsorbs about 400 mg of Cu2+ per gram of material, which was expected
given the high material ion exchange capacity correlated with low SiO2/Al2O3 ratio.260
Interestingly, the biochar produced at 525 °C and 120 min does have some capacity for Cu
removal, about 70 mg of Cu2+ per gram of material.
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Figure 8-11. Uptake of (A) Cu2+ and (B) 1-methylnapthalene by SiO2 (blank), Y zeolite
(control) and two selected biochars.
Figure 8-11(B) shows the uptake of 1-methylnaphthalene, a model PAH, using each
material. Again, Y zeolite removed the most 1-methylnaphthalene, with a sorption capacity of 67
mg/gadsorbent. However, both biochars were capable of removing this PAH, with a maximum
removal of approximately 50 mg/gadsorbent, an excellent mark compared to the commercial sorbent.
Improved adsorption of both PTE and PAH were observed on the biochar with greater surface
area, porosity and C content, consistent with adsorption theory. The most promising biochar for
soil remediation was produced at 525 °C and 120 min. It is important to note that while the results
demonstrated in Figure 8-11 are promising, they are solely meant as a proof of concept, and more
detailed studies will be necessary to determine the efficacy of biochar derived from DCW as a soil
remediation agent. The results presented in this section suggest that further optimization of biochar
C content and surface area could lead to a very suitable PTE and PAH sorbent.
8.4 Discussion on Future Work
While the results presented in Section 8.3 are promising, the section offers limited
information on the potential design space associated with biochar. One imperative study should be
on ICP analysis to determine the effectiveness of the washing treatment, as discussed in Section
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8.2.1. Studies should be undertaken to further understand the effects of temperature, residence
time, gas flow rate, particle size, reactor loading, inclusion of a catalyst and post-synthetic
modification or activation on biochar surface area, porosity, elemental composition, carbon
functionality and PTE and PAH sorption. The outline below discusses the proposed process
parameters and provides a hypothesis for how each parameter affects the final biochar. A logical
order for parameter testing has been laid out in this section, however it is not necessarily true that
experiments must be performed in this sequence. Moreover, variation of one pyrolysis parameter
may affect the outcomes of other parameters; for example one temperature may be optimal for one
particle size, but not for another. Therefore, some optimized variables may need to be updated
once the effects of each parameter are understood. After a final biochar with optimized properties
has been achieved, a model for scale-up and field studies should be discussed. The overall
objective of the future work is to understand the effects of pyrolysis process conditions on biochar
properties, and use that knowledge to design a scaled-up process for recycling of food waste as a
soil amendment.
Temperature: Four temperatures were studied in Section 8.3: 275, 350, 425 and 525 °C. While
these temperatures represent a large range of typical biomass pyrolysis temperature, they are on
the low end of typical carbonization processes,292 which are closer to the range of 700 – 1000 °C.
As shown above, temperature controls surface area and porosity, two of the most important
variables. Thus, systematic optimization of temperature is a logical first-step. The proposed future
work includes variation of temperature between 625 °C and 1025 °C in 100 °C increments, at a
residence time of 120 min. It is hypothesized that surface area and porosity will increase
significantly as pyrolysis temperature increases. It is also hypothesized that biochar yield will
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decrease to a minimum value, as shown by the TGA results in Figure 8-5, after which biochar
yield will be unaffected by increased temperature.
Residence time: Unlike temperature, a large portion of the pyrolysis residence time design space
has been covered in this work. Typical pyrolysis residence times range from 30 to 120 min
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From the results presented in Section 8.3, increased residence time results in increased carbon
content and porosity, which subsequently results in a greater sorption capacity. The most desirable
biochar was formed at a pyrolysis residence time of 120 min, so after temperature has been
optimized, a systematic study on the effects of residence time should be conducted. The proposed
research calls for four residence time points at the optimal temperature: 30, 60, 120 and 240 min.
It is hypothesized that there will be significantly lower biochar surface area and carbon content at
lower residence times, but anything formed after 60 min will be similar in chemical structure. It is
also expected the biochar yield will decrease between 30 and 60 min, but after that point no further
decrease will be observed.
Gas flow rate: The flow rate is a corollary parameter to residence time; the greater the flow rate,
the lower the vapor residence time in the pyrolysis reactor. The current flow rate of 50 sccm was
found to be great enough to conduct pyrolysis vapors out of the reactor, but much of the sludge
was deposited on the side of the reactor. Increasing the flow rate by 2 or 4 times may reduce sludge
deposition, which would increase liquid product yield, producing a potentially more valuable biooil.
Particle Size: Particle size has a substantial effect on pyrolysis yields, biochar quality and process
economics. Small initial biomass particles produce lower biochar yield, high reactor pressure drop
and are expensive to grind,293 while large particles may not produce desirable biochar properties.
The DCW in this study was ground and sieved to a particle size between 180 and 355 µm, which
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is on the low end for biochar production,292 and may be difficult to implement on a larger scale.
After temperature, residence time and flow rate optimization, a study of increasing particle size to
average values of 600 µm and 1000 µm would be beneficial. It is hypothesized that increased
particle size will lead to greater biochar yield and lower biochar carbon content, as it takes longer
for the pyrolysis front (and heat) to move through the DCW particle. Larger particles may be better
for creating greater surface area by post-synthetic modifications, as there is more particle mass to
be removed. Moreover, pyrolysis vapors diffusing out of the center of the particle may generate
some additional porosity. Finally, larger particles may more closely match soil particle size
distribution enhancing mass transfer in addition to reducing overall pre-treatment costs.
Reactor loading: With an eye towards scale-up, one important factor is the effect of increasing
the amount of DCW in the reactor. Like sweep gas flow rate, reactor loading primarily affects the
residence time of pyrolysis reactants and the pressure drop across the reactor bed. The experiments
performed in this work maintained a constant loading of 1 g of DCW. The proposed work includes
scaling up the loading to 2 and 3 g of DCW per experiment. Pressure drop across the pyrolysis bed
should be monitored to avoid a potentially hazardous situation. Due to the near isothermal nature
of a tube furnace, it is hypothesized that initial DCW loading will not have a great effect on biochar
yields and properties, but this is an important parameter to control for, especially when process
scale-up is considered.
Inclusion of a catalyst: All experiments to this point have been without catalyst, but inclusion of
a zeolite catalyst has been shown to improve biochar yield.294 Additionally, a lower molecular
weight bio-oil with reduced oxygenate content may be feasible if the biochar is pre-mixed with a
zeolite catalyst.85 Excellent potential catalysts for this process would be the mesoporous ZSM-5
and USY catalysts from Chapters 3 and 7 of this thesis, respectively. The mesopore structure would
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facilitate access of bulky sludge and bio-oil compounds, allowing them to crack and decarbonylate
or decarboxylate to form hydrocarbons. Moreover, zeolites have been shown to be promising soil
amendments,295 so there may be no need to separate the coked zeolite from the biochar prior to
application.
Post-synthetic modification or activation: One striking observation from the data presented in
Table 8-1 is lack of significant surface area of all initial biochars produced. Moreover, from the
transmission FTIR results presented in Figure 8-9(A), the biochar does not have significant surface
functionality. These two features are crucial for the production of a workable soil amendment, so
post-synthetic modification or activation may be necessary. There are many activation procedures
in the literature,292 but one promising technique is the use of steam in the pyrolysis reactor.296 This
can be easily accomplished by way of a temperature-controlled bubbler upstream of the pyrolysis
reactor. After pyrolysis, humid Ar can be introduced to the reactor at a temperature set-point of
700 °C. This has been shown to significantly increase biochar surface area and pore volume, while
maintaining a comparable biochar yield.296 Other potential post-secondary treatments include acidleaching (e.g. with H3PO4) or base-leaching (e.g. with KOH).297 Finding and perfecting a workable
activation or post-synthetic treatment that does not greatly sacrifice biochar yield and improves
surface area and porosity will be critical to producing a successful soil remediation agent.
In-situ Soil Testing: After biochar pyrolysis parameters have been optimized, and a complete
activation procedure has been perfected, several promising biochars will be selected for
greenhouse experiments. Biochars will be selected based on their performance as PTE and PAH
sorbents, as demonstrated in Section 8.3.4. Biochar will be mixed with a poor urban soil at a
concentration of 5 wt.%. Seeds of a leafy-green vegetable, such as lettuce or spinach, will be sewn
into the soil, and will be grown according to a typical greenhouse protocol. 298 Growing rate and
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CO2 sequestration will be measured to determine the effects of biochar on each parameter, and
compared to a control sample without biochar. Tissue samples of each plant and soil samples from
each pot will be tested for the presence of PTEs and PAHs using established methods. 299 Should
these efforts prove successful, and the biochar effective, larger-scale implementation of DCW
biochar as a soil amendment can be attempted at a local farm.
Kinetic Modelling and Aspen Simulation: One final chemical engineering objective of the
proposed future work is the economic evaluation of the feasibility of this process on the industrialscale. Can this process turn food waste into a value-added product in an economically reasonable
fashion? To answer this question, an Aspen Plus simulation of the entire process is required. This
simulation would focus around the pyrolysis reactor, which would ideally be modelled with an
RStoic reactor. Kinetic parameters can be obtained from the proposed experiments, using the
lumped Broido-Shafizadeh model.300 This is a simple kinetic model in which biomass feedstock
is converted either to volatiles or char. This model can be further updated to include two types of
char: porous and non-porous char, which evolve based on the process conditions determined by
the laboratory experiments. Should this calculation become too cumbersome, a simper RYield
reactor unit could be used, with identical product yields to the laboratory reactor trials. Once the
pyrolysis reactor has been adequately modeled, the Aspen Plus simulation will be built to
incorporate feed grinding, washing and drying, post-pyrolysis activation, separation of products,
biochar finishing and transportation to and from the biochar plant. The resulting volatiles may be
sold or combusted for process heat. Additional economic factors to consider are plant location,
feedstock cost (if any), local tax incentives, soil amendment demand and capital cost. An analysis
of return on investment will be performed, and additional clarifying laboratory experiments will
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be proposed. A successful scale-up of this promising technology could result in a ‘biochar
revolution,’ and change the paradigm for how we deal with food waste.
8.5 Conclusions
The proposed future work focuses on the production of biochar from food waste for
application as a soil amendment. This approach solves both the problems of food waste recycling
and remediation of contaminated soil beds. Initial work on the subject has been laid out, and an
experimental plan for optimizing biochar production, soil amendment evaluation and scale-up has
been proposed. Initial laboratory trials suggest that optimized biochar could be used as a PTE and
PAH sorption agent.
Preliminary results showed that volatilization of DCW occurs between temperatures of 200
and 450 °C under inert conditions. Water was a major component of the DCW, which evaporated
as the biochar was heated. DCW contained many different C-, O- and N- functional groups, which
were slowly deconstructed as pyrolysis temperature increased. Laboratory-scale experiments
demonstrated that biochar yield decreased as pyrolysis temperature increased from 275 °C to 525
°C and residence time increased from 30 min to 60 min. Carbon content of the biochar increased
from near 50 wt.% to 72 wt.% when residence time was increased from 30 to 60 min, however
carbon content was relatively unaffected by increased pyrolysis temperature. Biochar surface area
and porosity increased by an order of magnitude as pyrolysis temperature increased. The biochar
with the greatest surface area was produced at a pyrolysis temperature of 525 °C and a residence
time of 120 min. This material exhibited a mixed aromatic and aliphatic carbon character, and CC bond length decreased as pyrolysis temperature increased. Two biochars were tested for sorption
of a model PTE and PAH. The biochar with the greatest surface area and carbon content
demonstrated excellent adsorption capacity for the PAH and some capacity for the PTE, although
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it did not outperform the commercial sorbent. Results of the initial experiments laid the path for
the proposed future research.
The crucial experimental parameters for understanding the dynamics of the DCW to
biochar system were identified. A design space for testing each condition, and hypothesized
outcomes were laid out. Pyrolysis variables including temperature, residence time, gas flow rate,
DCW particle size and reactor loading will be varied. Such a systematic study of the system will
inform researchers of the optimal conditions for biochar production from DCW and will aid in
process design and scale-up. Additionally, the presence of a zeolite catalyst may enhance liquid
product quality while simultaneously improving biochar yield and quality. Moreover, a postsynthesis or activation step will be required to increase biochar surface area and therefore sorption
capacity. Optimized biochars will be screened for initial PTE and PAH sorption, and select
biochars will be used in a greenhouse trial. Finally, an Aspen Plus simulation will be used to model
process scale-up and determine the economic viability of DCW as a feedstock. The conversion of
DCW to biochar for soil remediation is an excellent future direction with a lasting real-world
impact.
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Chapter 9. Conclusions
The overall objective of this thesis was to determine the reaction pathways and catalysts
for conversion of biomass to fuels from fast pyrolysis. Chapter 2 of this work focused on
comparison of in-situ and ex-situ catalytic fast pyrolysis (CFP), and comparison to a continuous
laboratory-scale reactor. In-situ CFP produced greater aromatic yield, but ex-situ CFP resulted in
greater selectivity to aromatics. This is most likely due to heat transfer effects through the pyrolysis
microreactor. Decarbonylation of oxygenates to form CO and aromatics was confirmed to be the
primary deoxygenation mechanism, and increasing the amount of ZSM-5 catalyst in the pyrolysis
reactor was shown to reduce the amount char relative to coke.
The results from Chapter 2 established an effective protocol for realistic pyrolysis at the
microscale. In Chapter 3, this protocol was used to test a variety of mesoporous ZSM-5 catalysts
to determine the effects of mesopore volume on the catalytic fast pyrolysis product distribution.
Optimal mesoporosity was found to enhance access of bulky oxygenates to catalyst active sites,
and promoted transport of final products away from catalyst active sites. However, excessive
mesoporosity results in reduction of zeolite acidity and elimination of shape selectivity. This has
the negative consequence of loss of monoaromatic hydrocarbon selectivity and uncontrolled coke
formation. Nonetheless, CFP with the optimal mesoporous catalyst resulted in approximately
double the aromatics yield in the bio-fuel compared to a catalyst with no mesoporosity.
The primary mechanism of deoxygenation in Chapters 2 and 3 was zeolite-catalyzed
decarbonylation to form aromatics and CO. This reaction pathway is inefficient because carbon is
removed from the bio-oil as permanent gas, reducing overall bio-oil yield. In Chapter 4
incorporation of H2 into the pyrolysis reactor was investigated, in order to remove the oxygen as
H2O instead of CO. Ni was impregnated on the ZSM-5 catalyst in order to facilitate hydrogenation
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reactions. No improvements in the pyrolysis product distribution were observed at low pressure,
but methanation and a minor amount of hydrogenation were observed using the Ni-ZSM-5 catalyst
at high pressure in H2 atmosphere. Operating the pyrolysis reactor under these conditions is known
as catalytic fast hydropyrolysis.
Further study of the catalytic fast hydropyrolysis product distribution was the focus in
Chapter 5. Catalyst screening was performed to determine the best catalyst to promote methanation
and hydrogenation reactions. Ni supported on SiO2 was found to slightly enhance hydrogenation,
but the presence of ZSM-5 in the hydropyrolysis reactor was necessary to reduce char formation
and promote deoxygenation and aromatization to form liquid products. Hydrogenation was limited
with every catalyst tested. Catalytic fast hydropyrolysis with anisole and calculation of the
thermodynamic equilibrium coefficients of hydrogenation and aromatization products showed that
hydrogenation is only favorable at low temperatures and high pressures. Catalytic fast
hydropyrolysis of biomass with a secondary low-temperature reactor was shown to produce a biofuel with aromaticity and heating value similar to that of gasoline.
The results of Chapter 5 indicated that a secondary hydrotreating reactor is necessary to
hydrogenate aromatics and remove oxygen in the form of H2O. However, on an industrial level,
the hydrotreating reaction would most-likely take place in the liquid-phase. In Chapter 6, a batch
autoclave reactor was used to determine the kinetics of hydrodeoxygenation of three bio-oil
constituents: anisole, 4-ethylphenol and benzofuran. The kinetics of hydrodeoxygenation of each
model compound catalyzed by Ni, Ru and Pd supported on USY zeolite were determined. Pd-USY
was the most effective catalyst for HDO of all three compounds. A mechanism was proposed for
HDO of each compound, and fitting of kinetic parameters showed that Pd-USY catalyzed high
rates of hydrogenation, dehydration and C-C coupling.
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While Pd was found to be the most effective HDO metal species of those tested, the focus
of Chapter 7 was on modification of the USY zeolite catalyst support. Drawing from the lessons
of Chapter 3, the objective of Chapter 7 was to determine the effects of a mesoporous USY support.
Ni was chosen as the active metal due to price and practicality, and anisole was used as the bio-oil
model compound. Hydrodeoxygenation was performed in the same manner as for Chapter 6, and
it was found that controlled mesoporosity was beneficial for access of reactants to Ni sites
impregnated within the zeolite. Sufficient acidity was still required to catalyze dehydration and
promote C-C coupling. The mesoporous support was further optimized by tuning initial alkaline
treatment strength. HDO proceeded 3.5 times faster over the optimal mesoporous Ni-USY
compared to the Ni impregnated on the parent. Figure 9-1 is a pictorial representation showing the
objectives, expected outcome and the key takeaways from each major section of this thesis.

Figure 9-1. Pictorial summary of the most important takeaways from each chapter of this thesis.
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Fast pyrolysis of biomass to produce liquid bio-fuels is a promising technology, but it is
still in its infancy. The future work proposed in this thesis focused on pyrolysis of biomass for
another application; Slow pyrolysis of food waste to produce a soil remediation agent was
proposed as a sustainable method for recycling waste products. Initial experiments showed that
slow pyrolysis temperature and residence time affect the properties of the final biochar produced.
Increased pyrolysis temperature resulted in a biochar with greater porosity and surface area.
Pyrolysis of food waste at greater residence time produced a biochar with greater carbon content.
The two biochars with greatest surface area and carbon content showed some potential for
adsorption of two model soil contaminants. Critical pyrolysis parameters were identified for future
optimization, and a protocol for evaluating the biochars was laid out.
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